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1. Short description of project objective and results

This project investigates a polygeneration concept that can either produce or consume power,
and store electricity as biofuels. Specifically, the project analyzed the coupling of the TwoStage
Viking gasifier with solid oxide cells and the upscaling potential of the gasifier. It is found that
the gasifier can be integrated with a SOFC and utilize oxygen (instead of air) without any major
modifications and that the performance is state-of-the-art. A thermoeconomic analysis of the
polygeneration concept highlights the benefits of polygeneration. Several >10MW,, TwoStage
gasifier designs have been generated and a significant potential is found.

Dette projekt undersgger et polygeneration koncept, der enten kan producerer eller forbruge
el og samtidig lagre el i biobrandstoffer. Specifikt analyserer projektet koblingen mellem To-
trins Viking forgasseren og fast-oxid celler, samt forgasserens opskaleringspotentiale. Det er
pavist at forgasseren kan integreres med bade SOFC og anvende iltbleesning (fremfor luft)
uden nogen stgrre modifikationer og at systemets performance er state-of-the-art. En termo-
gkonomisk analyse af konceptet fremhaevede fordelene ved polygeneration. Adskillige
>10MWy4, To-trins forgasningsdesign blev genereret og der ses et markant potentiale.

2. Executive summary

This study investigates a proposed polygeneration concept that can either produce or consume
power, and store electricity as biofuels. The concept consist of a joint platform of thermal bi-
omass gasification and solid oxide cell technologies that form a very efficient and flexible sys-
tem. This system has two operational states: 1) The gasifier operates with air and the resulting
product gas is fed to the solid oxide fuel cell (SOFC) for power production; 2) The cells are now
operated as electrolysis cells (SOEC), converting power and steam into H, and O,, which is then
fed to the gasifier that produces a N,-free gas suited for biofuel synthesis. The polygeneration
study is centered around the state-of-the-art TwoStage gasification concept. This project seeks
to provide the foundation for future polygeneration plants by performing experimental proof-
of-concepts and analysis for the two operational states, and provide theoretical investigations
of large-scale configurations of the gasification system. The project is divided into four main
parts.

The first part of the project studies the coupling of the 80kW:, TwoStage Viking pilot gasifier
plant and an 800W. SOFC stack from Topsoe Fuel Cell for power production. The coupling has
been suggested as highly efficient and competitive, and the aim of this study is therefore to
assess the performance characteristics of this coupling. This was done during two experi-
mental campaigns respectively. Initially, the SOFC was operated with product gas at part-load
performance down to 55% flow rate and is found to maintain its electric efficiency. The peak
electric efficiency is found to 46% gas-to-power, which is the highest reported value in the
literature for product gas operation. The performance correlates to =40% biomass-to-power
efficiency for the entire system, which is in line with previous investigations. In the second
campaign the impact of applying minimal or no gas cleaning between the gasifier and SOFC is
studied along with operational characteristics. Initially, tests were performed with an air-blown
product gas at SOFC operating temperatures of 700°C and 800°C. A power and efficiency in-
crease of 8-11% and 4%-points respectively is found at 800°C. Afterwards, the gas cleaning
were bypassed, no short-term changes in operational voltage was seen with 1.5-2.8ppm sul-
phur in the feed gas.



The second part of the project performs a comparative study of the Viking pilot plant, where
air-blown operation were changed to 0,-CO,-blown. The purpose is to achieve an N,-free gas
and analyze the gasifier operation, performance and gas quality. Thermodynamic modeling
was initially applied, where it is seen that the operational characteristics are within range of air
if 21v% 0,-in-CO; is applied and nearly identical parameters at 30v% O,. The pilot plant was
then modified and prepared and an experimental campaign was carried out with air, 21v% O—
in-CO; and 25v% 0O,—in-CO,. The results validated the tendencies of the modeling studies, as
operation temperatures were seen to slightly decrease at 21v% 0,-in-CO,: the partial oxidation
temperature by 52-69°C and grate temperature by 31-36°C. As expected, 25v% O, showed
characteristics between these value and air-operation. Detailed gas analysis showed that the
tar and sulphur concentrations of a few mg/Nm? and <3ppm respectively, are similarly low
across the gasification media and that the N;-content is reduced to a few percentages.

The third part consists of a thermoeconomic analysis of the proposed polygeneration concept
described above. Thermodynamic modeling and simulation of the polygeneration plant is per-
formed to calculate the energy efficiency of each operating mode, and to size the different
components in terms of energy output. The analysis showed that the electricity production
mode achieves a biomass to electricity efficiency of 46% and when including heat production,
the total efficiency is 90%. The electricity storage mode or biofuel production mode achieves a
biomass + electricity to biofuel efficiency of 69% and a total efficiency of 85%.

The economic analysis indicated that polygeneration systems are more attractive than single
mode systems because higher capacity factors are achieved and the investment in the pol-
ygeneration system is lower than the combined investment of two single mode systems. Fur-
thermore, the operation of the polygeneration system depends greatly on the future electrici-
ty prices: in some scenarios, the system operates most in electricity production mode while in
others most in electricity storage mode. The advantage with polygeneration is found to be
greatest when electricity prices are volatile.

The fourth part of the project analyzed the possibility of developing large-scale plant designs of
>10MW;4, based on the TwoStage gasification concept and to investigate whether they could
be integrated in a polygeneration context respectively. In the initial study, the project analyses
the potential for wood-based fixed bed and fluid bed systems. Amongst several, two notewor-
thy new design features was implemented in the concepts: 1) applying a pyrolysis reactor with
recirculation of gas for utilizing available heat sources indirectly and avoid dilution; 2) applying
subsequent cooling of the hot partial oxidation gases with drying steam. These two features
led to three main design concepts, which were shown to achieve very high cold gas efficiencies
and are expected to require minimal tar removal downstream. The three concepts achieved
cold gas efficiencies of 88-93%. The concept with two updraft reactors proved to be especially
interesting. While still in the developmental phase, the cold gas efficiencies were found to be
6-22%-points higher than current state-of-the-art gasifiers, whilst applying minimal or very
simple gas cleaning in comparison. In the second study, the aim was to design systems capable
of polygeneration with air and 50v% O,-H,0. Three different plant configurations are present-
ed: all apply fluid bed gasification reactors, but with either an updraft, slow fluid bed or fast
fluid bed pyrolysis coupling. In order to expand the analysis, the use of wood and straw fuels
are investigated. The results show relatively stable plant operation and cold gas efficiencies of
83-88%. In line with the initial study, the concepts are found to have significant potential and
be — on a technical basis - competitive with current state-of-the-art gasifier with regards to
cold gas efficiency, gas cleaning equipment and fuel flexibility.



3. Project objectives

3.1 Overall aim
This project investigates the technical feasibility and potential of a biomass based poly-
generation plant incorporating storage of electricity from fluctuating sources — see Figure 1.
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Figure 1 — Simplified diagram of the proposed polygeneration plant

The proposed polygeneration plant produces heat, power and synthetic natural gas (bioSNG)
with very high overall efficiency. In addition to high efficiency conversion of biomass, the pol-
ygeneration plant is also able to store large amounts of energy in the form of bioSNG by up-
grading the synthesis gas (syngas) from the biomass gasifier with electrolytic hydrogen. With
these characteristics, the proposed polygeneration plant will be very well suited for a future
Danish energy system with a high penetration of fluctuating electricity production from wind
and solar. The plant will produce power and heat when the electricity price and demand is high
and it will store electricity, in the form of bioSNG sent to the gas grid, when the electricity price
and demand is low. The grid thus provides a buffer capacity and the bioSNG can be stored until
the demand for electricity is high, or it can be used in the transportation sector in Gas Driven
Vehicles (GDVs) or simply replace natural gas in existing infrastructure.The gasification unit of
the proposed polygeneration plant is based on the principles of the TwoStage Gasification
process developed at DTU.

In addition to the gasifier, the plant also includes a synthesis reactor for the conversion of gasi-
fication syngas to bioSNG, and solid oxide cells (SOC) for the conversion of electricity to fuel
(Solid Oxide Fuel Cells - SOFC), or vice versa (Solid Oxide Electrolysis Cells - SOEC).

3.2 Milestones
The projects work packages and there relations are shown in Figure 2.

PROJECT STRUCTURE:

WP 1: Modifying the ’ WP 2: Operation of the ’ WP 3: Mathematical modelling of
Viking Gasifier modified Viking Gasifier the polygeneration plant

WP 4: Upscaling the T
Two-Stage Gasifier

TIME

Figure 2 — Project structure showing how the work packages are connected to each other.

The original specific work packages and their milestones and status are:



WP 1: Modifying the Viking Gasifier

The Viking Gasifier will be modified in two ways:
e By changing from air-blown operation to oxygen-steam-blown operation
e By integration of a steam dryer up-stream of the gasifier

Milestone 1: End of modifications to experimental setups.

Status: Completed, but slightly altered as CO; and not steam were applied with the oxygen.
See Section 3.3.

WP 2: Oxygen Blown Operation of the modified Viking Gasifier

Related to WP 1, the modifications done to the gasifier will be tested and investigated. Specifi-
cally, the changes in operating characteristics between air- and oxygen-steam-blown operation
regarding:
e Temperatures
e Pressures and gas flows
e Gas analysis: composition, tars, inorganics
Gasifier performance
Difference in SOFC performance when gases are applied as fuel
Milestone 2: Successful oxygen-blown operation of the modified Viking Gasifier.
Status: Completed.

WP 3: Mathematical modelling of the polygeneration plant
The complete polygeneration plant is analysed and optimized mathematically. The analysis will
consider:

e Energy and exergy

e Economic cost

e Sustainability indicators e.g. greenhouse gas emissions
The results from this WP will include; optimum configurations for the proposed polygeneration
plant given specific boundaries of the energy system, and hour-by-hour optimization of the
operation of the polygeneration plant.

Milestone 3: Evaluation of the optimized design of the polygeneration plant complete.
Status: Completed.

WP 4: Development of large-scale TwoStage Gasifier concepts
In WP 4, concepts for a medium- to large-scale version of the TwoStage Gasifier will be gener-
ated and evaluated. The aim of is to develop concepts that can:
e Scale to at least 10-50 MW
e Produce a very clean gas suitable for fuel synthesis
e Utilize fuels other than wood
Milestone 4: Concepts for a medium- to large-scale version of the TwoStage Gasifier generat-
ed.
Status: Completed.
Milestone 5: Evaluation of large-scale concepts complete.
Status: Completed.

3.3 Development of project
The overall project has developed organically and according to plan. There were however
three mentionable developments in the project:



There were some delay in WP 1. This was related to finding the right equipment and
seller. While the original plan was to initially operate the gasifier with an 0,-CO; mix-
ture and then an O,-H,0 mixture, the reduced time available forced us to only apply
0,-CO; during tests.

As the analytical work progressed in WP 4, the interest amongst the participants in-
creased due to promising initial results. This caused the WP’s share to increase and
hence included additional studies related to the overall polygeneration concept. Be-
sides two scientific publications, this WP also resulted in a patent application.

While tests with an SOFC were planned in WP 2, additional SOFC tests were included
with air-blown product gas. These tests included load variations, peak performance
and longer operating results (up to 62 hours). These tests supports the analysis of the
polygeneration concepts operating conditions and laid a foundation for the tests in WP
2.



4. Dissemination of results

4.1 Scientific peer-reviewed publications — all 6 publications are attached in the Annex.

1.

Solid oxide fuel cells powered by biomass gasification for high-efficiency power
generation; Rasmus @. Gadsbgll, Jesper Thomsen, Christian Bang-Mgller, Jesper
Ahrenfeldt, Ulrik B. Henriksen. Published in Energy (2017) vol. 131, p. 198-206.

Solution for the future smart energy system: a polygeneration plant based on
reversible solid oxide cells and biomass gasification producing either electrofuel
or power; Hafthor £. Sigurjonsson, Lasse R. Clausen. Published in Applied Energy
(2018) vol. 216, p. 323-337.

Solid oxide fuel cell stack coupled with an oxygen-blown TwoStage gasifier us-
ing minimal gas cleaning; Rasmus @. Gadsbgll, Adrian Vivar Garcia, Jesper Ahren-
feldt, Ulrik B. Henriksen. In review: Energy.

Oxygen-blown operation of the TwoStage gasifier; Rasmus @. Gadsbgll, Zsuzsa
Sarossy, Lars Jgrgensen, Jesper Ahrenfeldt, Ulrik B. Henriksen. Publiashed in En-
ergy (2018) vol. 158, p. 495-503.

Thermodynamic analysis of upscaled TwoStage gasifier concepts; Rasmus @.
Gadsbgll, Lasse R. Clausen, Jesper Ahrenfeldt, Ulrik B. Henriksen. In review: Fuel
processing

Flexible TwoStage biomass gasifier designs for polygeneration operation; Ras-
mus @. Gadsbgll, Lasse R. Clausen, Tobias Pape Thomsen, Jesper Ahrenfeldt, Ulrik
B. Henriksen. In review: Fuel.

4.2 Other publications

1.

Polygeneration — hvad er nu det for noget?; Biopress nr. 52, 2015.
http://www.biopress.dk/PDF/polygeneration-2013-hvad-er-nu-det-for-noget

Special courses for students:

1.

5 ECTS-point special course: SOFC operation on biomass producer gas, Technical
University of Denmark, 2015

5 ECTS-point special course: Two-stage gasification of sewage sludge, Technical
University of Denmark, 2016

5 ECTS-point special course: Fluidization of char for tar conversion, Technical
University of Denmark, 2016

5 ECTS-point special course: SOFC operation with oxygen-blown TwoStage Vi-
king gasifier, Technical University of Denmark, 2018



4.3 Conference and workshop presentations
Oral presentations
1. Experimental analysis of a solid oxide fuel cell stack coupled with biomass gas-
ification; Rasmus @. Gadsbgll, Jesper Thomsen, Christian Bang-Mgller, Jesper
Ahrenfeldt, Ulrik B. Henriksen. European Biomass Conference & Exhibition, Vi-
enna, Austria, 2015

2. Experimental analysis of a solid oxide fuel cell stack coupled with biomass gas-
ification; Rasmus @. Gadsbgll, Jesper Thomsen, Christian Bang-Mgller, Jesper
Ahrenfeldt, Ulrik B. Henriksen. DTU Sustain conference, Lyngby, Denmark, 2015

3. Design and analysis of upscaled TwoStage biomass gasifiers; Rasmus @.
Gadsbgll, Lasse R. Clausen, Jesper Ahrenfeldt, Ulrik B. Henriksen. European Bi-
omass Conference & Exhibition, Copenhagen, Denmark, 2018

4. 5 presentations at internal DTU seminars; Rasmus @. Gadsbgll et al. Technical
University of Denmark, 2015-2018

Posters
1. Biomass Gasification Polygeneration; Rasmus @. Gadsbgll, Jesper Thomsen,
Christian Bang-Mgller, Jesper Ahrenfeldt, Ulrik B. Henriksen. CHEC research day,
Technical University of Denmark, 2016

2. Design and analysis of a large-scale TwoStage updraft biomass gasifier; Rasmus
@. Gadsbgll, Lasse R. Clausen, Jesper Ahrenfeldt, Ulrik B. Henriksen. CHEC annual
day, Technical University of Denmark, 2017

4.4 Thesis
1. Biomass Gasification Polygeneration; Rasmus @. Gadsbgll. PhD thesis, Technical
University of Denmark. PhD defence pending.

4.5 Patents
1. A gasification unit, a method for producing a product gas and use of such a
method. Danish patent application no. PA2017 70775. Filed October 2017. Ras-
mus @. Gadsbgll, Jesper Ahrenfeldt, Ulrik B. Henriksen.



5. Project results

All of the project results are included in the six publications listed in Section 4.1. The results
are summarized here, but more details can be found in the publications.

The main body of work has been performed by DTU. Danish Gas Technology Center has partic-
ipated by performing detailed gas analysis on several occasions on site and in the lab, been
active in gas data interpretation and provided an external stay for a PhD during the project.
Dall Energy has been involved in the process of upscaling the TwoStage gasifier (WP4) and has
also provided feedback on other occasions. All project partners has been active participants in
project meetings.

5.1 Coupling the TwoStage gasifier with a solid oxide fuel cell stack (Addi-
tional SOFC tests [see Section 3.3] and WP 2)

5.1.1 Coupling the TwoStage gasifier with a SOFC for power generation

The aim of this study is to examine the commercial operation system potential of the joint

gasification and SOFC technology platform. Investigations are done by combining the commer-

cial TwoStage Viking gasifier developed at the Technical University of Denmark and a state-of-

the-art SOFC stack from Topsoe Fuel Cell for high efficiency power generation.

Methods and materials
The experimental work was carried out over 3 campaigns for a total operating time of 145
hours with product gas as described in [1]. An overview of reported tests is shown in Table 1.

Test # Gas flow* Duration Range of current values for tests
[1/min] [hours] [A]

1 159 1.5 0-151

2 22.5 35 0-23.1

3 23.0 7 0-24.1

4 28.8 2 10.0-25.1

5 22.4 62%* 20.1

A flow diagram of the Viking gasifier is shown in Figure 3. The gasifier is operated at atmos-
pheric pressure levels. Pine wood chips of =40% humidity are fed into an externally heated
screw conveyor that dries and pyrolyzes the fuel up to 6002C. The screw conveyor is heated
using superheated engine exhaust. The pyrolysis products are led to the second reactor and
are partially oxidized by air, raising the temperature above 11002C. Hereby, the tar content is
reduced by 99%. The gas and char then pass through a hot fixed char bed, where the char is
gasified and the temperature is subsequently lowered to 8002C at the bed outlet. The hot char
bed acts as a tar cleaning unit, removing 99% of the remaining tars [2][3], yielding a near tar-
free gas. The obtained product gas then flows through a series of heat exchangers and a bag
house filter that removes small amounts of particles, tars and water. Afterwards, the gas en-
ters a mixing tank, where a slipstream of about 2 kWi, was directed to the fuel cell setup.
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Figure 3 - Flow diagram of TwoStage gasification with an engine.

The product gas initially flowed through two active carbon filters to remove inorganic com-
pounds and tars. Afterwards, the gas passed through an electrically heated water spray tower.
The humidification temperature was 602C, which correspond to a water molar fraction of
about 19.5% in the humidified product gas. The humid product gas was electrically heated to
2459C and led through a fixed guard bed with ZnO pellets that removed remaining sulphur
compounds. An overview of the gas conditioning is shown in Figure 4.

Bag Carbon Desulphu-
filter filters Humidifier riser SOFC

Exhaust

18EE 670°C
Product gas l:'> | i [—> —— @ —> gas

90°C 20°C 60°C 245°C ﬂ 700°C D

Air Air
670°C 725°C

Figure 4 - Overview of fuel cell gas conditioning with operating temperatures.

The SOFC stack is produced by Topsoe Fuel Cell. The stack is made of 50 planar, anode sup-
ported cells and the anode is made of yttrium-stabilized zirconia (YSZ), nickel catalysts and a
mechanical support structure. The electrolyte is made of YSZ and the cathode of lanthanum
strontium manganite. The stack is an ‘S 1-02’ type, with a footprint of 12x12 cm and a nominal
capacity of 800 W.. The SOFC stack was placed in an electrically heated oven at 7002C, as the
stack was not insulated. A picture of the mounted SOFC stack is shown in Figure 5.
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Figure 5 - SOFC stack mounted in oven

Results
The performance of the SOFC stack is evaluated based on power output, voltage and electric
efficiency (power to fuel input [LHV]). The FU is an appropriate dimensionless base of compari-
son value across fuel flows and gas compositions. The FU is defined in Equation 1. N is the
number of cells in the stack and F is Faradays constant.

o,

FU=2F —
Ny 2—-eq

Equation 1

During the campaigns, only small fluctuations in the product gas composition from the
TwoStage gasifier were seen. Average gas compositions during the tests are shown in Table 2.

Test# | CHy co CO; H, N; (rest) Sum Gas energy flow
[vol%] [vol%] [vol%] [vol%] [vol%] [vol%] (LHV)*
(W]
1 0.6 15.2 15.4 27.2 41.6 100.0 1245
2 0.7 14.1 15.1 26.3 43.8 100.0 1723
3 0.7 15.6 14.1 26.7 42.8 99.9 1826
4 0.5 14.9 15.3 26.0 43.3 100.0 2200
5 0.6 13.3 16.0 24.8 45.3 100.0 1588

Table 2 - Overview of average dry product gas compositions during the different tests. Compositions are calculated

as average values over 3-10 minutes. Nitrogen content is calculated by difference.

The SOFC performance was tested in a large operating area in order to simulate part- and full-
load conditions. Voltage, power density and voltage standard deviation as a function of current
density for Test 2 is shown in Figure 6 and the power outputs of the SOFC stack for Test 1-4 are
shown in Figure 7. The corresponding electric efficiencies for Test 1-4 are shown in Figure 8.

12




w
o
=}

=

o

o ——i— 9
% 40,0 N e 8 _
2 35,0 e ey 7§
T i —— o
E300 o s 6 2
2 - —=\oltage -
£ 250 g 5%
= c

=20,0 e Yol a3
% - % 5
g 15,0 ”'.',.-- = Power densily 3 g
g100 T g
- -
u =
2 50 - 1
u ="

00 0

0 50 100 150 200 250

Current density [mA/cm2]

Figure 6 - SOFC stack voltage with standard deviation and power density as a function of current density for Test 2.
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Figure 8 - SOFC stack electric efficiencies shown as a function of fuel utilisation for Test 1-4.

Even though the FU was up to 90.2%, there was no significant decline in power in following
tests due to internal losses in the stack (see Figure 7) and tests at different flows yielded nearly
equal electrical efficiencies across FU. This means that part-load operation down to 55% flow
(Test 1 compared to Test 4) does not reduce the efficiency of the stack, which is an important
factor in an energy system with large fluctuations from e.g. wind and solar power.

The peak values for Test 1-4 are shown in Table 2, showing the data for the measurements at
max FU. The maximum efficiency value (46.4%), power (875W) and FU (90.2%) achieved are, to
the authors knowledge, the highest values found in literature for product gas operation at the
time. These efficiencies are markedly higher than previous tests in which 38% was reached
[4][5]. Previous tests with the TwoStage gasifier and a single-cell SOFC showed electric effi-
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ciency of 24% at a fuel utilization of 30% [6], which is higher than the roughly 18% obtained
here at the same FU. Even though the gas was similar it should be noted that the previous test
operated at 850°C and a current density of 260mA/cm? — compared to 700°C and ~50-100
mA/cm? (depending on test and gas flow).

Test | Flow compared to Test 4 Power [W] | Electric efficiency FU [%]
# (%] (%]

1 55.2 537 42.6 78.5

2 78.1 780 46.4 90.2

3 79.9 771 41.0 84.0

4 100 875 41.4 78.3

Considering the gasifier-SOFC system, a plant efficiency npint can be estimated based on the
present results. Using Equation 2, the combinations of SOFC efficiency at maximum FU and
gasification efficiency gives TwoStage-SOFC electrical efficiencies of 38-43%. TwoStage cold gas
efficiency is denoted with ne; and the SOFC stack efficiency with nsorc. The range of this approx-
imation is confirmed through mathematical modeling of the system [7].

Tlplant = Tlcg “1SOFC

The TwoStage-SOFC system is thought as a decentralised constellation in the <10MWy, range.
The efficiencies of this system are significantly higher than typical competing decentralised
biomass power plants at 18-33% [8]. The obtained efficiencies are comparable with those of
biomass power plants with capacities >100MW4, [8]. Gasification systems typically have elec-
trical efficiencies of 18-33% [9], similar to those of decentralised power plants, with the typi-
cally engine operated TwoStage gasifier of 29% (gross) [2]. Two of the most efficient demon-
strated biomass gasification systems, not using fuel cells, are the Varnamo combined cycle and
Skive engine plants. These plants reach electrical efficiencies of 33% and 30% respectively
[10][11] and are significantly outperformed in comparison to these tests.

In order to investigate any decline in the performance of the SOFC stack when continuously
using product gas, a 62 hour-test (Test 5) have been performed. No significant drop-off in per-
formance due to product gas use was seen.

Conclusion

The 4 tests displayed the SOFC stacks excellent part-load performance down to 55% flow,
without loss of efficiency. The tests achieved the highest reported values of such a system
globally, with a SOFC stack electric efficiency of 46.4% at 90% fuel utilisation. A gasifier-SOFC
system electric efficiency was estimated to be around 40%, which is considerably higher than
those from traditional decentralised biomass power plants and showcases the systems intri-
guing potential. A total of 145 hours of operation was achieved without significant losses in
SOFC performance.

5.1.2 Coupling an oxygen-blown TwoStage gasifier with a SOFC using minimal
gas cleaning

The coupling of biomass gasification and solid oxide cell technologies is very intriguing due to

its high efficiency and flexibility potential. One of the key challenges in order to realize a

gasifier-SOFC system design is a clean quality gas that can meet the strict requirements of the

SOFC. This study presents the result of an experimental campaign with the TwoStage Viking

biomass gasifier and a Topsoe Fuel Cell SOFC stack connected via a carbon filter and a
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desulphurizer. The stack is operated with both air- and 0,-CO-blown product gas, at 700°C
and 800°C, and tests without any gas cleaning was conducted.

Methods and materials

Tests was carried out over 3 days in which the SOFC stack was coupled to the TwoStage Viking
gasifier plant. The first day featured air-blown operation of the gasifier and the last to featured
21v% 0, in CO; as gasification medium — gasification tests are described in detail in Section 5.2.
On Day 1 and 2, the operation conditions were changed by varying the SOFC operation tem-
perature and gas composition, whilst using an active carbon filter and a desulphurizer at the
SOFC setup. On Day 3, the gas cleaning equipment at the SOFC setup was removed and prod-
uct gas was fed directly to the stack. An overview of the tests is shown in Table 3.

Test # Time Gasification SOFC operating SOFC cur- Gas cleaning
media temperature [°C] rent range
[Al

1 Day 1 Air =700 0-20 Yes
12:25-
15:53

2 Day 1 Air =800 0-20 Yes
16:42-
18:54

3 Day 2 21v% Oz in =700 0-20 Yes
12:22- CO:2
15:20

4 Day 3 21v% Oz in =700 0-20 No
13:33- CO:2
17:02

The experimental setup was very similar to the study described in Section 5.1.1. The gasifier
and SOFC were the same. The key difference was: 1) the gasifier was modified to operate in
both an air- and oxygen-blown configuration (see Section 5.2) and; 2) a change in the gas
cleaning train, which now only consisted of a carbon filter and a desulphurizer — see Figure 9.

Underground

Gasifier plant . SOFC setup
pipe
Bag : : Carbon Desulphu-
filter | filters riser SOFC
I I Exhaust
I | Pump 670°C as
Product gas —> [ : : — @ — B8
I 700°C
I I f> ‘ﬁ
b 245°C 700°C
| | Air Air
| | 670°C 725°C
I I

By-pass

Operating temperatures and gas flows during the tests are given in Table 5.
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Test Product Exhaust Air in Air out Gas flow?

# gas [°C] gas [°C] [°C] [°C] [1/min]

1 650-674 669-694 653- 677-735 25.0
671

2 756-778 765-788 732- 787-823 25.0
754

3 650-673 672-692 653- 686-734 24.8
667

4 648-673 668-696 654- 673-736 24.0
670

Results

The average gas compositions for Test 1-3 are shown in Table 6. It was not possible to take a
sample for gas composition during Test 4, but operating conditions were almost identical to
Test 3 at the reactor outlet (714-692°C in Test 3 and 708°C in Test 4) and the moisture content
were within 1% on 4 occasions, hence the gas composition is therefore expected to very simi-

lar.
Day - time Test H» CO, Cco CH4 \P) SUM
# [v9%] [v9%] [v%] [v9%] [v%]
Air 1-12:45-15:53 1 27.8 14.9 15.1 0.2 41.3 99.3
1-16:42-18:45 2 26.1 14.5 15.6 0.2 42.9 99.3
21v% 2-13:20 3 21.2 43.2 24.9 0.2 4.7 94.2
02-CO; 2-13:22 3 20.6 44.3 25.8 0.2 4.6 95.5

Four SPA samples from the air-blown operation only showed 0-3mg/nm?3 of pyrene before and
after the bag filter, while three SPA samples during 0,-CO; operation showed only 0-1mg/nm?3
of pyrene. No other tar components were found. Sulphur results sampled at the gasifier are
shown in Table 12. The low levels of up to 3ppm is very similar to previous tests with the sys-
tem [12][6][13]. See Section 5.2 for more details.

Air-blown product gas operation: 700°C vs 800°C

SOFC data for the air-blown Tests 1 and 2 are given in Figure 10. Stack voltage and power den-
sity were increased up to +11% and are at +8% at 20A when comparing 800°C to 700°C. Only
minimal changes in gas composition is seen between the tests (Table 6). The results for 700°C
are in line with previous tests (Section 5.1.1) [12].
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product gas.

0,-CO; product gas operation: with and without gas cleaning

SOFC data for the 700°C Tests 1 and 3 are given in Figure 11. Differences in stack voltage and
power density were fluctuating between -2.0% and +2.5%. Small differences in operation be-
tween the tests are seen, the key being the difference in gas composition as the CO content is
significantly higher in Test 3 (25.4v% vs 15.1v% in Test 1). While the molar hydrogen equiva-
lent (Equation 1) is 7.5% higher in Test 3, CO causes a higher overpotential/loss during conver-

sion due to its lower diffusion rate [14][15][16], which lowers the voltage.
60
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Figure 11 — Stack voltage and power density vs. current at 700°C using air- and O,-CO,-blown product gas.

In Test 4, the ZnO pellets were removed from the desulphurizer and the reactor was vacuum
cleaned thoroughly — see Figure 12. The setup was then started up as usual (see Section 2.5)
with Formier10gas. While no gas composition measurements were taken during Test 4, the
operating temperatures of the gasifier were very stable — see Figure 14. Product gas was add-
ed through the carbon filters to the setup at OCV, and after 30min of stable operation the car-
bon filters were by-passed. Following 30min of operation without gas cleaning, it can be seen
on Figure 13 that the impact was negligible. The sulphur content into the system was 1.5-
2.8ppm sulphur (Table 12). Therefore it was decided to ramp up the current to investigate any
possible effects at higher current densities.
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Figure 13 — Operating temperatures of the gasifier during Test 4

SOFC data for the 0,-CO,-blown Tests 3 and 4 (with and without gas cleaning respectively) are
given in Figure 15. Differences in stack voltage and power density are down to -5.2% and are at
-2.5% at 20 A. One difference in operation between the tests were that the pump flow was
3.2% lower in Test 4, which indicates the change in performance with and without gas cleaning
is negligible.

Following Test 4, the current was ramped down to OA and the system was stabilized for 5min.
The average voltage over the following 15min was 50.3V. For comparison, the average voltage
in Figure 13 was 49.7V, which indicates no significant damage to the stack. This is however
somewhat inconclusive as no hard data for situational gas composition and only a short evalu-
ation period were given.
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The FU is defined in Equation 1. The average gas compositions from Table 6 are used for the
calculation — Test 3 as an average of the latter two compositions. The gas temperature at the
gas pump is assumed to be 15°C. The values at peak performance for Test 1-3 are given in Ta-
ble 7 along with the corresponding electric (gas-to-power) efficiencies.

Test 1 Test 2 Test 3
FU [90] 67.3 69.2 63.0
Nsorc? [%6] 35.8 39.6 32.6

Conclusions

The study presented successful operation of a relatively simple TwoStage gasifier-SOFC sys-
tem. Only minimal gas cleaning was applied with a 90°C bag filter, room-temperature carbon
filter and a desulphurizer separating the gasifier and the SOFC. Gas-to-power efficiencies
reached up to 39.6% at fuel utilizations up to 69.2%. An 8-11% increase in power and 3.8%
increase in efficiency was seen when increasing the SOFC operating temperature from 700°C
to 800°C. Changing air- to 0,-CO,-blown product gas was seen to effect the performance, as
the SOFC efficiency was seen to decrease due to the lower performance of CO compared to H,.
As the carbon filter and desulphurizer were bypassed, no short-term changes in operational
voltage was seen with 1.5-2.8ppm sulphur in the feed gas. This indicates that the gasifier de-
sign can be a key feature when constructing gas cleaning trains for gasifier-SOFC systems, as
in-situ gas cleaning can reduce the downstream cleaning significantly.

5.2 Oxygen-blown operation of the TwoStage gasifier (WP 1 and 2)
In order to optimize the TwoStage gasification process, it is suggested to apply an 0,-CO; gas

mixture as gasification medium, instead of air, to limit N,-dilution of the product gas.

Modeling

A smaller modeling study of the oxygen-blown Viking was carried out. As seen in

Table 8 the direct substitution of CO; for N> with 21v% O, will cause a decline in gasifier per-
formance with lower temperatures and subsequent carbon conversion and efficiency. Namely
the higher heat capacity is responsible for this decline, as the gasifier exhaust will have a high-
er content of sensible heat. In order to keep the efficiency and POX temperature at similar

levels, a =12% larger volume flow is required. Generally it is seen that the efficiency and POX
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temperature are in the same range as for the air-blown mode.

In line with the literature review, it is seen that an O,-concentration of 30v% obtain very simi-
lar parameters to those of the air-blown mode. As an extreme case, pure oxygen might be
added to the process, which is seen to obtain higher performance across parameters, as the
otherwise large amounts of N,/CO, does not need to be heated and carried through the sys-
tem. Increasing the O, concentration for higher cold gas efficiency is in line with experimental
studies e.g. [17][18]. The use of pure oxygen on the plant might however be challenging with
regards to the present plant design (temperatures, materials, gas flows etc.) and highly de-
pendent on the fuel moisture levels in order to avoid hot spots. Therefore it is seen as reason-
able to blend the oxygen with a carrier gas in order to make the system more robust and allow
dryer fuels and potential other fuels with a lower volatile fraction that both will increase the

POX temperature.

Unit Air 0,-CO,  0,-CO, 0,-CO, (o]}
Oxygen fraction [v%] 21 21 21 30 100
Gas/fuel flow [m3?/kg(dry)] | 1.13 1.13 1.26 0.80 0.22
Gas preheat to (kW] 2.6 3.6 4.0 2.6 0.5
450°C
POX temperature [°c] 1191 1085 1144 1197 1307
Carbon conversion [%] 99.0 90.2 99.0 99.0 99.0
Cold gas efficiency [%](dry,LHV) 89.1 80.9 87.8 89.2 91.0
H, [v%(dry)] 36 30 28 36 52
co [v%(dry)] 17 25 26 27 25
Co, [v%(dry)] 17 46 46 37 23
CH,4 [v%(dry)] 0 0 0 0 0
N, [v%(dry)] 30 0 0 0 0
LHVmass [MJ/kg] 6.4 5.1 5.1 6.6 10.8
LHVyol [MJ/Nm?3] 5.8 6.1 6.1 7.0 8.5

Based on the literature and modeling studies presented, the TwoStage Viking gasifier plant
was modified and experimental campaigns were carried out over 3 days. The campaign details
are presented in the following sections.

Methods and materials

The TwoStage Viking gasifier (Figure 3) was modified for the tests. A steam dryer has been
installed on the Viking plant. This will enable the use of fuel with high moisture contents up to
=60-70% and also enable separation of the high-temperature pyrolysis heat exchanger area as
shown in scaled up designs [19]. The steam dryer utilizes a steam loop, where it is moved and
heated by a blower and an electrical heater. As seen on Figure 16, the steam is then passed
through a screw conveyer where the fuel moisture evaporates. The main fraction of the steam
is then recirculated via a blower and reheated, while the produced moisture-steam is carried
with the dry fuel to the pyrolyzer. The inlet steam temperature to the steam dryer was 173°C.
The plant is described in Section 5.1.1.
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Figure 15 — Schematic overview of the Viking gasifier with an installed steam dryer and O,-CO, mixing setup.

The standard gasification medium is atmospheric air that is delivered to the system via a blow-
er. Replacing the air injection with an 0,-CO, mixture is done via the following setup. The O,
and CO; are supplied via gas bottles, reduced to 10 bar via reduction valves and led to a gas
mixer (Dansensor MAP Mix Provectus.) The gas mixer is based on two mass flow controllers,
which secure the correct composition within 1%. The mixer feeds a 100L buffer tank with a
reduction valve, that secures a stable outlet pressure at 3 bar. The system feeds a thermal
mass flow controller (Aalborg Model GFC ) that uses the original air blower signal from the PLC
(Siemens Step7) to dose the mixture near atmospheric pressure levels. The flow controller has
an accuracy of £1%. The mixture composition is manually set at the mixer and has been thor-
oughly tested beforehand. The equipment is shown in Figure 17.
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Figure 16 — Experimental setup for converting the air-blown gasifier to O,-CO,-blown. Left: Gas bottles. Upper right:

gas mixer. Lower right: mass flow controller.

The 25v% oxygen-mix volume flow is set to match the absolute oxygen flow, meaning a smaller

total gas flow is applied.

Results

The reported tests were carried out over 3 following days: Day 1 - air-blown, Day 2 — 21 and

25v% 0,-CO,-blown, Day 3 - 21v% 0,-COz-blown. Time dependent temperature data for air

and 0,-CO; operation is shown in Figure 18 and Figure 19. Temperature measurements were

taken after the air preheater, at the POX zone, just above the gasifier grate and at the reactor

outlet and all parameters showed satisfying process stability.
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Figure 17 — Operating temperatures for air-blown operation during Day 1.
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The operating temperatures and gas compositions are summarized as averages in Table 9 and
gas pipette gas compositions are given in Table 6. As discussed in the modeling study, it is seen
that the general trend is that the temperatures are decreasing in the gasifier as the process is
switched from air to 21v% 0,-CO,: a POX temperature reduction of 52-69°C with grate tem-

peratures decreasing with 31-36°C. The preheating temperature is generally somewhat lower,

which is expected as the heat capacity is significantly higher compared to air. At 25v% oxygen,

both preheat, POX and grate temperatures are increased and are more similar to air-blown

data.

Test Day | Tpreheat Trox Terate Toutlet
Time period [°c] [°C] [°C] [°cl
Air 1 686 1177 792 736
12:45-18:45

Air #2° 2 680 1188 766 719
0:00-6:13

21v% 0,-CO; 2 683 1137 730 714
6:44-9:20

21v% 0,-CO; 2 604 1136 735 692
13:05-15:24

25v% 0,-CO, 2 616 1149 745 689
15:24-16:24

Air #3° 3 640 1183 766 695
0:00-6:23

21v% 0,-CO, 3 595 1114 731 708
10:42-17:00

Table 9 — Day-by-day Averaged temperature and online gas data for the test campaigns. °Test data for overnight

operation without gas analysis.
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Day - time Hz CO2 CcO CHa N2 SUM
[voo] [voo] [voo] [voo] [voo]
Air 1-— 27.0 14.7 15.3 0.4 42.1 99.5
12:45-
18:45
2-11:15 24.0 42.6 26.9 0.05 4.6 98.2
21v%
2 -13:20 21.2 43.2 24.9 0.16 4.7 94.2
02-CO2
2 -13:22 20.6 44.3 25.8 0.22 4.6 95.5
25v% 2 —15:50 21.2 39.3 18.6 0.04 3.8 82.9
02-CO2 2 —16:50 22.8 39.4 20.6 0.09 4.6 87.5

Tar measurements are shown in Table 11. For air-blown operation, the results show expected
low results in the low mg/m3-range with only PAH compounds present. The particle filter is
seen to not cause any significant reduction in tar concentration, however on day 1 no tars
could be measured after the filter. While the relative difference between tar concentrations in
the air and 0,-CO; samples is high, the absolute difference is seen to be very small. Hence no
significant difference is seen between the two states.

Time Location Gasifier Pyrene Naphthalene Sum Sum
medium [mg/Nm3] [ppm]

Pre-liminary Before filter Air 49 +0.2 0 4.9 N/A

Pre-liminary After filter Air 4.2 +0.5 0 4.2 N/A

10:29 Before filter Air 2.8 0 2.8 0.003

Day 1

11:00 Before filter Air 3 0 3 0.003

Day 1

10:05 After filter Air 0 0 0 0

Day 1

10:17 After filter Air 0 0 0 0

Day 1

Preliminary Before filter 21v% 5.7 0.8 3.5+2.5 9.2 N/A
0,-CO;

Preliminary After filter 21v% 3.810.2 6.5 0.4 10.3 N/A
0,-CO;

13:53 Before filter 21v% 0 0 0 0

Day 2 0,-CO;

13:42 After filter 21v% 1 0 1 0.001

Day 2 0,-CO;

13:47 After filter 21v% 0 0 0 0

Day 2 0,-CO;

Gas samples were taken during Day 1 and 3 to assess the sulphur load and results are shown in
Table 12. The range of 0.6-2.8 ppm total sulphur is within previous measurements of the gasi-
fier of 3.7 ppm of COS (no H,S) [12], 0.17-0.28 ppm of COS (no H,S) [6] and <2ppm H,S + COS
[13], which is also in line with the sulphur content of the applied wood fuels and is similar to
previous analysis of wood fuel for the Viking [2]. It was expected that the bag filter might cap-
ture some of the sulphur species, as it will be partially coated with char from the gasifier and
hence act as a carbon filter. It is however seen that this is not the case, as the filters’ capture, if
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any, is negligible. The sampling and analysis were carried out by Danish Gas Technology Center
and the relative uncertainty was estimated based on experiences to 40% for the first three
samples in Table 12 and 25% for the remaining samples.

Between the media, the difference in sulphur species is negligible, with an additional 1ppm
extra on average for the 0,-CO; blend. This is due to additional COS, that could be slightly
promoted with the given gas composition. As mentioned, previous tests have shown higher
COS levels when air was applied, and hence the difference might also be due to small varia-
tions in operation from Day 1 to 3.

Samplingtime | Location Gasification H,S COS Total S
media [ppm] [ppm] [ppm]

Day 1 Before filter Air 0.1 0.6 0.7

12:20

Day 1 After filter Air 0.1 0.5 0.6

12:23

Day 1 Before filter Air 0.1 1.0 1.1

12:27

Day 1 Before filter Air 0.4 1.1 1.5

12:32

Day 1 After filter Air 0.4 1.0 14

12:36

Day 3 Before filter | 21v% 0,-CO, 0.3 1.8 2.1

10:52

Day 3 After filter 21v% 0,-CO; 0.4 2.4 2.8

10:57

Day 3 Before filter | 21v% 0,-CO; 0.2 1.6 1.8

11:36

Day 3 After filter 21v% 0,-CO, 0.2 13 1.5

11:41

Day 3 Before filter | 21v% 0,-CO; 0.2 1.8 2.0

12:07

Day 3 After filter 21v% 0,-CO, 0.2 13 1.5

12:12

Conclusions

The Viking gasifier has been successfully converted from its original air-blown configuration to
using 0,-CO; as gasification medium. Literature, modeling and experimental studies showed
that operating conditions were expected to be in the range of air-blown values at 21-30v% O»-
in-CO,, with partial oxidation and grate temperatures reduced by 52-69°C and 31-36°C respec-
tively at 21v% O,. Detailed gas analysis for tar and sulphur species showed that the gas quali-
ties during 0,-CO, operation were comparable to the very high standards of the typical air-
blown mode at <11mg/Nm? and <3ppm respectively — without any downstream gas cleaning
equipment.

Hence the system can be successfully converted to operate with an 0,-CO; blend without ma-

25



jor additions to existing design. Compared to the more typically applied O,-H,0 medium in the
literature, applying CO, might be better suited for some applications, as the media can be: 1)
conveniently recirculated back to the oxygen source without need for high evaporation heat;
2) be completely converted into biofuels by addition of electrolytic hydrogen downstream of
the system.

5.3 Mathematical modeling of the polygeneration plant (WP 3)

Analytical framework

The analytical framework is constructed based on thermodynamic modeling using DNA soft-
ware, which is a component-based thermodynamic modeling and simulation tool [20]. The
techno-economic analysis was modeled in Python using process data from DNA, and the analy-
sis was used to determine the total revenues required and net present value, given a range of
bio-SNG and electricity prices.

The marginal cost of operation for both production modes is calculated by fuel and other run-
ning costs, along with the electricity market spot price, which determines the yearly running
time of the system (capacity factor). To determine the yearly running time, three reference
years were used to describe the electricity system development in Denmark. Figure 19 displays
the current (2016) and projected (2025 and 2035) power price (€/MWh) cumulative curves in
the Nordpool electricity market, based on analysis work by the Danish transmission system
operator (TSO) Energinet.dk [21] using the energy system model SIFRE [22], as reported by
Lythcke-Jgrgensen et al. [23]. An alternative scenario is provided (“vol”), representing the in-
creased volatility of power prices over the years. This scenario is constructed based on the
2016 curve, but has 2000 h of higher prices.
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Results

The electricity production mode modeling and simulation shows that the electrical efficiency is
~46%, while the district heat production efficiency is ~44%, resulting in an overall efficiency of
90% on a dry biomass basis. This can be compared with electricity production from biomass
gasification cogeneration. In a review article by Ahrenfeldt et al. [24] regarding state-of-the-art
and future perspectives, the overall efficiencies ranged from 80-97%, with electrical efficiency
ranging from 6-50%. Part of the reason for the high efficiency of the system is the utilization of
unconverted fuel from the SOFC by the gas engine, which increases the electrical efficiency

26



from 36—46%. Gas with a similar chemical composition to that of the unconverted fuel was

tested in a gas engine for proof of concept, and the engine was run successfully.

The electricity storage mode modeling and simulation shows that the conversion efficiency
from biomass and electricity to bio-SNG is 69%, while the heat production efficiency is 16%,
resulting in an overall efficiency of 85%. Furthermore, it can be seen that bio-SNG methane
content is 98.5%, which is more than required to supply it to the grid. Table 13 provides a
summary of the production efficiencies in both the operation modes.

Electricity mode

Electrical efficiency [MW electricity / MW biomass] 46%
District heat efficiency [MW heat / MW biomass] 44%
Total efficiency [(MW electricity + MW heat) / MW in- 90%
put]

Bio-SNG mode

Bio-SNG efficiency [MW bio-SNG / MW input] 69%
District heat efficiency [MW heat / MW input] 16%

Total efficiency [(MW bio-SNG + MW heat) / MW input] 85%
Electricity input fraction [MW electricity / MW input] 59%
Biomass input fraction [MW biomass / MW input] 41%

Table 13 - System production efficiencies and energy ratios in both electricity and bio-SNG operation modes. LHV on

a dry basis is used.

Figure 21 illustrates Total Revenues Required (TRR) in €/MWh by the system as a function of
the primary production capacity factor, where the revenues from district heating sales using
the pricing scenarios introduced above are included. The bio-SNG mode results are provided
for three electricity prices in order to highlight the importance of this parameter. Through
comparison with the electricity price scenarios in Figure 19, it can be seen that the assumed
electricity prices are relevant. DH zero, DH lower, DH upper and DH max, represent different
price prediction of sold heat to the district heating system by the system based on prices
payed in Denmark today, see Figure 20.
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Figure 20 - Price of district heating produced by polygeneration system based on energy content allocation between
produced products and true district heating production cost in Denmark by statistical distribution [25].
*Price is determined based on average electricity price in 2016, 2025, and 2035, i.e., 23.6 €/MWh, 42.5
€/MWh, and 63.0 €/MWh.
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Figure 21 - TRR by system for both electricity and bio-SNG production modes as a function of capacity factor. District

heat pricing scenarios are defined in Figure 20.

It can be seen from the figures that there is a significant decrease in TRR when including the
district heating sales and an increased capacity factor. To put TRR into perspective, it is worth
noting that, according to the Danish Promotion of Renewable Energy Act §44 par. 2 VE-Lov, the
premium feed-in tariff for electricity produced from biomass by gasification is ~110 €/MWh,
and support for biogas sold for transportation purposes is 36 €/MWh, according to § 43 b par.
2-3 VE-Lov. However, according to a report on energy system integration and economy, the
future price of bio-SNG is assumed to be between 44 and 76 €/MWh (12.2 to 21.1 €/GJ) [26],
where the lower value is based on the future natural gas price, including saving CO,, and the
upper value is based on the future upgraded biogas price.

Marginal cost and operation mode at provided electricity and bio-SNG prices.

Figure 22 displays the operation mode of the polygeneration system depending on electricity
and bio-SNG prices. The modes are 1) shut down (when the fuel and variable O&M costs are
greater than the revenues of product sales), 2) bio-SNG mode, and 3) electricity production
mode. When operating in bio-SNG mode, the electricity prices are low compared to the bio-
SNG prices. When the electricity prices are high, it is more economical to operate in electricity
production mode. The figures also display the areas of positive and negative NPV for each op-
eration mode. On the line separating each operation mode, the NPV is the same for each
mode.
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Figure 22 - Graphical display of operation modes at a range of electricity and bio-SNG prices for the four district heat
pricing scenarios defined in Figure 20.

If the system could only produce electricity or bio-SNG and not both, depending on the elec-
tricity and bio-SNG market prices, the figure above would appear different. If the system could
only produce electricity, the bio-SNG area would be removed and the shut-down area would
be larger. It would not be possible to operate the system at low electricity prices. If the system
could only operate in bio-SNG mode, the blue area would be removed and the shut-down area
would be larger. It would then not be possible to operate the system at high electricity prices.

However, constructing this system to be flexible and able to change between different opera-
tion modes based on the marginal cost and revenues will increase its capacity factor. The de-
gree to which it will increase depends on the electricity and bio-SNG market prices and the
revenues from district heat sales. Figure 23 illustrates how the polygeneration system would
operate given the current and predicted electricity and bio-SNG prices.
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Figure 23 - Annual operation of polygeneration system in electricity, bio-SNG, and shut-down modes for low (44
€/MWAh) to high (76 €/MWh) bio-SNG prices. Power price scenarios are defined in Figure 19 and district
heat pricing scenarios are defined in Figure 20.

It can be seen from the figure that the time spent in each operating mode differs significantly
depending on the assumed power and SNG prices. In the current energy system (2016), the
power prices are low, resulting in full bio-SNG mode operation, regardless of the bio-SNG
price. The power prices are expected to increase in 2035, and this changes the plant operation.
If low bio-SNG prices are assumed together with a low district heating price (DH = DK lower),
the plant will operate 92% of the time in electricity mode, 7% in bio-SNG mode, and will be in
shut down for the remaining 1.5%. However, if high bio-SNG prices are assumed instead, the
plant will operate 52% of the time in electricity mode and 48% in bio-SNG mode. It is worth
noting that the system will never shut down if high bio-SNG prices are assumed and at least
moderate district heating revenues are achieved.

In Figure 24, the capacity factors for the polygeneration system from Figure 23 are compared

with those for the electricity production system and the bio-SNG production system. The figure
guantifies the polygeneration effect with respect to the capacity factor.
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Figure 24 - Capacity factor for the system if running only for bio-SNG or electricity production, compared to com-
bined production of the polygeneration system. Power price scenarios are defined in Figure 19 and dis-

trict heat pricing scenarios are defined in Figure 20.

As this comparison shows, the capacity factor may increase considerably for the system, but
the extent of this increase depends on the pricing scenarios. At low electricity prices (2016),
the capacity factor of the polygeneration system will be the same as that of the bio-SNG only
system, while the electricity-only system will have a very low capacity factor. At high electricity
prices (2035), an opposite trend is observed, namely the capacity factor of the bio-SNG-only
system is lower than that of the electricity-only system. However, the capacity factor of the
polygeneration system is now higher than that of the electricity-only system, which demon-
strates the advantage of polygeneration. This advantage becomes clearer if volatile electricity
prices are assumed. A good example is the situation at a moderate district heat price (DH = DK
lower) and a bio-SNG price of 70€/MWh: the capacity factor is 100% for the polygeneration
system but 50% for the electricity production system and 92% for the bio-SNG production sys-
tem. A high capacity factor will improve the system economics, as revenue streams can be
continued all year. Furthermore, constant, year-round, full-load operation of the biomass gasi-
fier could prove to be important—also from a risk perspective—as gasifier load changes may
be challenging.
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Figure 25 - NPV for system if running only for bio-SNG or electricity production, compared to combined production of

polygeneration system. Power price scenarios are defined in Figure 19 and district heat pricing scenarios

are defined in Figure 20.

For comparison, the investment cost is recalled to be 216 M€. Figure 25 is similar to Figure 24,

but the effect of polygeneration is quantified in terms of NPV instead of capacity factor. When

comparing the figures, similar trends can be identified, particularly at low power prices (2016),

where the NPV is identical for the polygeneration and bio-SNG-only systems. It should be not-

ed that the investment cost remains constant for all three systems, although, for example, the

gas engine could have been removed from the bio-SNG-only system. For all low bio-SNG pric-

ing scenarios, the systems show negative NPVs, but at high bio-SNG prices, the polygeneration

and bio-SNG-only systems exhibit a positive NPV, except when operating at high electricity

prices (2035). Furthermore, it can be seen that the advantage of polygeneration is greatest

when electricity prices are volatile, and the district heating price is high (the sub-figure in the

bottom right corner of Figure 25). The reason the district heating price is so important for the

polygeneration system is that the income is greatly increased at high district heating prices

when operating in electricity mode.

As noted above, in the Danish Promotion of Renewable Energy Act §44 par. 2 VE-Lov, the pre-

mium feed-in tariff for electricity produced from biomass by gasification is ~110 €/MWh, while

support for biogas sold for transportation purposes is 36 €/MWh, according to § 43 b par. 2-3

VE-Lov. If these subsidies were to be used for the proposed polygeneration system (biogas

subsidies added on top of natural gas prices), the optimum operation mode in 2025 would be
to run 70% of the time in bio-SNG mode (30% in electricity mode), and in 2035 ~10% of the
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time in bio-SNG mode (90% in electricity mode). The vol scenario would result in over 75%
operation in bio-SNG mode and 25% in electricity mode. Moreover, all scenarios will result in a
positive NPV (using 70€/MWh for bio-SNG). However, these subsides are specific to Denmark
and are not guaranteed to exist or remain the same in the future.

Conclusion

This article presented a study on the thermodynamic modeling and simulation of a novel pol-
ygeneration plant, along with a techno-economic analysis. The results demonstrated that the
hypothesis stands as this system can operate with a high capacity factor in the future Danish
electricity market. Furthermore, the results indicated that economic feasibility is greater com-
pared to using stand-alone gasifier and electrolyser plants for electrofuel production.

Based on the results of the study, further conclusions are as follows.

1. The electric efficiency of the plant in electricity production mode is 46%; the total effi-
ciency including heat production is 90%. The fuel efficiency of the plant in bio-SNG
mode is 69%; the total efficiency is 85% including heat production.

2. The techno-economic analysis revealed that the investment cost is high, owing to the
gasifier and SOC cost. The analysis also indicated that district heating sales are im-
portant for economic feasibility of the polygeneration system.

3. Analysis of the marginal cost and mode of operation demonstrated that the opera-
tional time in each mode varies significantly depending on future electricity and bio-
SNG prices.

4. The ability of a system to choose between producing or consuming electricity depend-
ing on the market price can significantly increase its capacity factor compared to a sin-
gle-mode system, but the increase is greatly dependent on future electricity and bio-
SNG prices.

5. The polygeneration system achieves positive net present value when bio-SNG prices
are high except when operating at high electricity prices.

6. The polygeneration system achieves a higher NPV than single-mode systems, particu-
larly when electricity prices are volatile and the district heating price is high.

5.4 Upscaling the TwoStage gasifier (WP 4)

5.4.1 Thermodynamic analysis of upscaled TwoStage gasifier concepts

It is desired to design larger gasification plants in order to impact the transition to a green and
sustainable energy system via lower specific costs and larger capacities. Several larger gasifica-
tion plants have shown successful operation, but are associated with relatively complex gas
cleaning of tars (if the gas is to be used in a gas engine or fuel synthesis) and/or lower cold gas
efficiencies in comparison to efficient small-scale systems such as the TwoStage gasifier con-
cept [27][28][29][10].

The current TwoStage gasification design might not scale well as the currently applied reactor
technologies are severely challenged both with regards to scaling and fuel flexibility. The indi-
rect heat transfer in the pyrolysis reactor is relatively inefficient and will either require a very
large heat transfer surface in a single reactor or multiple reactors, which is likely not feasible

when approaching larger scales — it is estimated that the feasible range is <lI0MW, with in the
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current design constraints [19]. The downdraft char bed has its limitations with regards to op-
erational control and fuel flexibility, as build-up of fines can cause the pressure drop to in-
crease steeply and either cause a low carbon conversion and/or shut down of the gasifier. Thus
the downdraft configuration has strict fuel requirements and is dependent on very well-
defined fuel such as wood chips if stable and efficient operation is to be maintained.

This study seeks to address these issues and explore alternatives to the current design via im-
plementation of novel concepts and thermodynamic analysis. The framework of the designs is:
e Scalability of 210-100MWh as this is the estimated current limit
e Air-blown operation with wet wood chips (50% moisture) for comparison with the cur-
rent design
e Low tar content of the product gas of <1g/Nm? in order to limit gas cleaning
e Cold gas efficiency of 285% in order to compete with existing gasifier systems and pre-
viously upscalings of the system

System designs
A large literature study was carried out long with detailed analysis of subprocesses. The design
process is given in detail in the publications in Section 4.1. The key design figure is shown in

Figure 19.
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I
I
+ Dry ¢ ¢ |
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Heat to pyrolysis

It was chosen to analyze two fixed and two fluid bed designs to effectively investigate the up-
scaling possibilities. Initially, the basic designs and constraints are discussed. Note that a steam
dryer will be implemented, but are not shown here in the gasifier-centric design phase.

The fixed bed designs are shown in Figure 20. Both concept are based on a novel updraft py-
rolysis reactor with gas recirculation that was identified as a promising subproces [30][31]. The
countercurrent flow and recirculation of gas enables: 1) an effective heat exchange between
gas and fuel; 2) does not cuase dilution of the pyrolysis gas and; 3) enables the use of various
heat sources. The fuel is fed at the top of the reactor and is then processed through the reac-
tor to at least 500°C to secure tar release [32]. The produced char is then transported to the
gasifier, possibly with a screw conveyer. The Downdraft concept on Figure 20 (left) is primarily
generated as a link to compare the current TwoStage gasifier design with the other systems, as
it does not address the issue of increased fuel flexibility. The Updraft concept on Figure 20
(right) is interesting as it more tolerant to fines. It does however have its limitations with re-
gards to maximum inlet temperature to the char reactor at the grate. As a solution, a steam
ejector is implemented to recirculate product gas to the hot POX gases before the gasifier
grate via pressurized steam.
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Figure 27 - Fixed bed designs. Left: Downdraft concept. Right: Updraft concept.

The designs for the fluid bed concepts are shown in Figure 21. As fluid bed reactors has
significant advantages, it is desired to analyze if the proposed Updraft concept can be designed
with fluid bed reactors and still maintain high efficiency and tar conversion — see Figure 21
(left). Fluid beds do however have a much higher pressure drop than fixed beds, which will
increase blower consumption, as well as the steam consumption of the ejector. The char
transport from the pyrolysis reactor to the gasification reactor will likely be through a loop seal
or similar that will transport the top char-rich layer with a minimum of sand as discussed in e.g.
[33] —as a simplification this concept will not include bed material/heat transport between the
reactors and hence assumes that pure char is transported to the gasifier.

In a more simple fluid bed design (Figure 21, right), the pyrolysis reactor is designed as a
steam-blown fluid bed in order to avoid high-temperature blowers. Due to the increased heat
capacity/steam content of the pyrolysis gases, the POX will be carried out at 900°C and led
through a fixed dolomite bed in order to convert tars effectively and avoid cooling prior to the
gasifier. This pyrolysis configuration will however have a relatively high steam consumption
due to the smaller temperature difference from 700-500°C (heat exchange assumed limited by
a 50°C pinch point between product gas at 750°C) and thus circulation of bed material
between gasifier and pyrolyzer might very well be a more effective solution to limit the steam

flow.
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Figure 28 — Fluid bed designs. Left: Fluid bed recirculation concept. Right: Steam-blown fluid bed concept.

Modeling

The systems and all there components were modelled using zero-dimensional components in
the DNA software [34][35]. The main assumptions for the systems are listed in Table 13. The
modeled systems are evaluated on their cold gas efficiencies, ., and total effiencies, 1.5, as
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seen in Equation 4 and Equation 5 — where PG denotes product gas and 1 is the electricity

consumption of blowers.

Fuel Wood chips with 50% moisture

Steam dryer Inlet steam temp. 250°C, outlet steam temp. 120°C, 4wt% of the
moisture remains in liquid state in the fuel (corresponding to a fuel
moisture of 3.8wt%, pressureloss is 30mbar [31]

Pyrolyzer Heat loss = 1% fuel input LHV, fixed bed pressure loss = 30mbar [31],
fluid bed pressure loss = 146mbar, fixed and fluid bed volatiles are
assumed to have a H, content of 20v% and 10v% respectively
[36][37]

Gasifier Heat loss = 1% fuel input LHV. Assumes that the water-gas shift reac-
tion is in equilibrium at the outlet temperature. Carbon conversions
are 99% and 95% for fixed [38] and fluid bed [39][40] models respec-
tively. The methane content in the gas from the POX is assumed
inert through the gasifier. Similar to the pyrolyzer the pressure loss is

146mbar
Bed material recircula-  The flow is modeled as a heat flow from the gasifier to the pyrolyzer
tion assuming that the bed material is sand (c,=0.83kJ/(kg-°C)) and that

the heat flow can be estimated via the temperature difference of the
beds (outlet temperature).

Ejector Assumed efficiency of 20% and 11bar motive pressure [41] and cal-
culated via Equation 3 [42] ( States 1 and 2 are the motive and gas
fluid respectively and 3 is the resulting)

Heat exchangers 50K pinch point, 10mbar pressure loss, no heat loss
Blowers 40% isentropic efficiency, 95% combined mechanical and electrical
efficiency

Tej Vi(Py — P3)

o = mpg " LHVpg
4 mfuel ' LHVfuel
_ Thp[,‘ ' LHVPG - W
Ntotal =

mfuel ' LHVfuel

Results

The 4 systems were modeled and optimized with regards to cold gas efficiency. The resulting
flow sheets can be seen in Figure 22-Figure 25. Product gas compositions and efficiencies are
given in Table 14 and Table 15, respectively.

The highest performance is achieved by the Downdraft and Updraft concepts, which is namely
due to their expected due to their higher carbon conversion, input temperature tolerances

and effective updraft pyrolyzer heat exchange. The updraft heat exchange lowers the recircu-
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lated flow significantly, which combined with the lower pressure drop and temperature results

in 4-7 times lower blower consumption compared to the Fluid bed recirculation concept. The
POX temperatures are high for both fixed bed designs and will for the Downdraft concept re-

sult in almost complete conversion of tars prior to the gasifier.

The Updraft concept has a penalty with regards to inlet temperatures of the gasification reac-

tor and the cooling driven by the ejector is seen to be very energy intense because of a high

steam consumption. The heat required to generate the ejector steam corresponds to approxi-

mately a third of the steam dryer heat consumption. The heat needed for ejector steam gen-
eration is however assumed to be available in the downstream equipment.
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The Fluid bed recirculation concept is seen to achieve a lower cold gas efficiency than the Up-

draft concept. The system is especially limited by the pyrolysis unit as the applied tempera-

tures here stresses the blower, require a large recirculating flow of gas and causes the product

gas temperature to be higher than the 750°C that is applied in the other designs — all of which

will lead to lower efficiency. Due to the lower char yield, the POX is significantly cooler than

the fixed bed concepts.
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The Steam-blown fluid bed concept differs from the other concepts, as no gas recirculation or

high-temperature POX is applied. The high steam flow causes significant losses in the heat
exchange - especially in the evaporator. In order to minimize the steam flow, the concept is
optimized by letting a heat flow run from the gasifier to the pyrolyzer — which is achived by
bed material (sand) circulating between the two reactors — where the sand temperature is

assumed equal to the product gas temperature. The high steam requirement might be covered

entirely by the steam dryer if a fuel with sufficient moisture is used. The Steam-blown concept

achieves the lowest cold gas efficiency, but because of the lack of a high-temperature blower,

the total efficiency is in range of the Fluid bed recirculation concept.
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Figure 31 - Model of 50MW, (dry basis) Fluid bed recirculation concept with relevant state values.
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Figure 32 — Model of 50MW, (dry basis) Steam-blown fluid bed concept with relevant state values. *Mass Ratio of

sand-to-char from pyrolysis - bed material mass flow calculated based on the 1.30MW;, heat flow from

gasifier to pyrolyzer with bed temperatures of 750°C and 500°C respectively and assuming sand as bed

material.
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H-» CHg4 Cco CO; \PY H,O LHVwet LHV4ry

[vol%] | [vol%] [vol%] [vol%] [vol%] [vol%] | [MJ/kg] | [MI/kg]
Downdraft 29.2 0.0 29.0 6.5 30.0 5.0 7.27 7.61
Updraft 28.2 0.7 9.0 13.5 16.2 32.2 5.07 7.20
Fluid bed 26.9 0.9 24.6 8.8 29.5 8.9 6.63 7.16
recirculation
Steam- 25.5 1.0 8.9 13.9 20.2 30.2 4.65 6.33
blown fluid
bed

Table 15 — Gas compositions and LHV's for the 4 designs.

Meg Neoral

[%] [%]
Downdraft 93.4 92.1
Updraft 92.6* 91.1*
Fluid bed recirculation 87.9 85.2
Steam-blown fluid bed 84.7 83.4

Table 16 — Cold gas and total efficiencies of the concepts (see definitions in section 3). Exergetic efficiencies and
analysis is given in the publication 5 in Section 4.1. All concepts assume that low-temperature heat for drying is
availbale from downstream gas conversion (to electricity or fuel) *The updraft concept assumes that additional low-

temperature heat is availbale from downstream gas conversion to satisfy the steam consumption of the ejector.
Perspectives

The 4 concepts are designed for medium to large scale (10-100 MWh4s), for high cold gas effi-
ciency with limited gas cleaning requirements. The concept efficiencies, expected tar concen-
trations and complexity of gas cleaning are given in Table 16 and compared with the Viking
gasifier, LT-BIG and relevant medium- and large-scale state-of-the-art gasifiers. The designed
concepts, along with the Viking gasifier, are seen to have a cold gas efficiencies that are 6-22%-
points higher, while only applying little gas cleaning. The Steam-blown and the recirculation
fluid bed concepts outperform the other direct air-blown fluid bed gasifiers: LT-BIG and Skive —
of which the Skive gasifier utilizes extensive gas cleaning, but on the other hand only employs a
single reactor for fuel conversion. The indirect gasifiers MILENA and FICFB produces a nitro-
gen-free product gas, but with the penalty of significantly lower efficiency and more complex
gas cleaning. The Carbo-V process is build on some of the same principles as the TwoStage
gasifier by using separate pyrolysis and gasification and a POX, but lacks the heat integration
by not using the hot product gas for heating the pyrolysis. While the designs does not compare
directly to several of the state-of-the-art gasifiers, the developed designs can be technically
feasible for the medium-large-scale market.
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g Tar content Gas cleaning Reference
Downdraft 93.4% 0.1mg/Nm?3 e Particle filter This study
Updraft 92.6% 0.1mg/Nm?3 e Particle filter This study
Fluid bed recircula- 87.9% 1mg/Nm3 e Active carbon filter | This study
tion e Particle filter
Steam-blown fluid 84.7% 4-6mg/Nm? e Dolomite reactor This study
bed e Particle filter
TwoStage Viking gasi- | 87-90%° 0.1mg/Nm?3 e Particle filter [2][43]
fier (moving and fixed
bed)
LT-BIG (fluid beds) 81% 1mg/Nm3 e Active carbon filter | [44]

e Particle filter

Skive gasifier (fluid 77%" Dew point <30°C | ¢ Dolomite bed ma- | [45]
bed) terial

e Tar reformer
e Particle filter
e Scrubber

MILENA gasifier (fluid 78% 25-63mg/Nm*® | e Catalytic bed ma- [46][47]

beds) terial
e Scrubber

e Particle filter

FICFB (fluid beds) 55-75% 20mg/Nm?3 e Catalytic bed ma- [29][48]
terial

e Scrubber

e Particle filter

Carbo-V (moving bed 49-71% Below detection | e Scrubber [49]
and entrained flow) limit

Table 17 — Comparison of cold gas efficiencies and gas cleaning of the TwoStage gasifier concept to relevant medi-
um- and large-scale systems. Tar concentrations and dew points are after gas cleaning. °Experimental data (dry
basis). ®Based on 19.5MWy, and 6MW, assuming 40% gas-to-power engine efficiency [50].

While the fixed bed concepts achieve the highest performance parameters and the Updraft
concept has some fuel flexibility with regards to particle size, the fluid bed concepts will be
much more fuel flexible and are therefore of special interest for further optimization, as espe-
cially medium-scale (and possibly large-scale) systems will likely require local and low-value
biomass to be competitive [8]. Especially if the ash/char is considered a valued product.
As the gas quality with regards to tars and inorganics is expected to be relatively high when
using wood, the gas is most likely suited for processes that require such a quality, such as
chemical synthesis, fuel cell and gas turbine/combined cycle plants. In order to gain more in-
sight into the market possibilities and applications it would be ideal to investigate the concepts
further. Points of interest are:
e Providing a higher level of detail of the physical design: char transport mechanisms be-
tween reactors; dimensioning of reactors etc.
e Converting the concepts to oxygen-blown operation to avoid nitrogen dilution which
lowers the cost of liquid fuel synthesis and enables production of synthetic natural gas.
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e The technical feasibility of using alternative and cheap fuels with low ash-sintering
temperatures such as straw.

Conclusions

Designs of upscaled TwoStage gasifiers with very high tar conversion and efficiencies has been
presented, modeled and evaluated on energy and exergy basis. With relatively simple
measures and components, the 4 concepts have shown excellent efficiencies including cold gas
efficiencies of 84.7-93.4% and low expected tar levels using only limited gas cleaning. Especial-
ly interesting is the 1) favourable performance of pyrolysis applied with gas recirculation that
allow an effective heat exchange between fuel and product gas, while minimizing dilution of
the pyrolysis gas; and 2) the integration of a steam drying unit that can either function as a
fluidization medium or partial oxdation quench and allow effective heat integration and high-
temperature tar conversion, respectively. The use of partial oxidation is a very effective
meaure to reduce tars and the hot gas is effectively used for the endothermic char conversion,
which also reduces the tar content even further. Several options for integrating the hot prod-
uct gas in the pyrolysis and partial oxidation has been presented, with the use of drying steam
or recirculated gas proving to be effective. The 4 designs are still in an early development
phase, but an overview of large-scale state-of-the-art gasifiers indicates that the high-
performing systems can be technically feasible in the medium- and large-scale market.

5.4.2 Analysis of flexible, upscaled TwoStage gasifiers in a polygeneration context

This study investigates the possibilities of improving the TwoStage gasification technology in a
polygeneration framewrok in order to improve the feasibility. The study focuses on three key
challenges for the system in this context:

e Upscaling capacity: It is considered beneficial to design larger plants to decrease

specific investment costs [51]. The TwoStage gasifier has been built up to 1.5MWy,
input, but is expected to be limited to around 10MW4 [19]. This restrain is because of
the applied reactors, as the pyrolysis screw conveyer heat exchange area will be either
costly and/or inpractical at larger scales and the downdraft char bed might experience
difficulty with evenly distributing the char without causing large pressure drops. It is
suggested to scale the system to 10-100MW4y,.

e Air/oxygen flexibility and simple gas cleaning: In recent work [52], it is shown tha the

TwoStage gasifier is expected to operate effectively with both air and oxygen as
gasification media. And because the downdraft char bed is evaluated as infeasible for
this study, it is desired to simplify the tar conversion as tars and coherent complex gas
cleaning can represent major costs and complexity [53][54]. It is therefore suggested
to design a system that can reduce the tar level sufficiently (depending on application)
in a single POX reactor.

o  Fuel flexibility: Currently the TwoStage gasifier can only operate on wood chips due to
the intolerance to fines and high temperatures, but it is desired to utilize a wide
spectre of fuels such as wood and straw pellets. Fuel costs represent around 30-50%
of the total cost of the final product when traditional international feedstocks such as
wood pellets and chips are used [55][54][51][56]. There is however a significant
potential in minimizing fuel costs. Using: 1) local/regional fuels such as agricultural
residues and energy crops can reduce fuel costs to 30-60% compared to
internationally traded ones; 2) process residues like bagasse, black liquor, waste wood
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costs are 15-20%; 3) wastes can have zero or negative, costs [51][8]. This means
potential product cost reductions of up to 50% if alternative fuels can be utilized.

This study will investigate these three aspects via thermodynamic modeling and provide
preliminary designs of TwoStage gasifier concepts operating within the Polygeneration
concept.

Design details and fluid bed experiments can be found in publication 6 in Section 4.1.

Modeling

This study will investigate 3 plant configurations that will each be modeled using air/oxygen
and wood/straw — resulting in 12 models. The main difference to the 3 systems is the applied
pyrolysis conditions, as the char yield and composition has a significant effect on the POX and
gasifier and hence the total system efficiency. Three pyrolysis processes are chosen: updraft
fixed bed, slow fluid bed and fast fluid bed. The only modeled difference between the fast and
slow fluid bed is the char characteristics, which is an assumption as especially carbon conver-
sion and pressure loss might differ. The design basis for the systems are shown in Figure 26-28
respectively.

The Fixed bed system utilize a fixed bed updraft reactor. The reactor also allows some fuel
particle flexibility using chips and pellets. The volatile gas recirculation is done by a blower. It is
vital that the outlet temperature of the reactor is sufficiently high to avoid condensation of
tars: 250°C is chosen based on previous experiences with the reactor [31]. The produced char
will be transported via e.g. a screw conveyer, to a fluid bed char gasifier.

The fluid bed systems similarly utilizes a blower for recirculating volatiles, but it will experience
much higher thermal stresses as the gas temperature is projected to be the same as the bed:
500°C is chosen to ensure complete tar release [32]. The Slow fluid bed system will transport
the char via a loop seal at the top of the bed that will drain the char-rich layer, while the Fast
fluid bed system will apply a cyclone for transporting char and bed material. The systems are
initially projected to feature one slow and one fast bed each to simplify the recirculation of
bed material, but will not be investigated further here.

The modeling is carried out in the DNA (Dynamic Network Analysis) software that features
zero-dimensional components [34][35]. Key main model data are listed in Table 17.
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Fuel

50MWth input, 7% moisture (assuming pellet standard / pre-drying)

Pyrolyzer

Heat loss = 1% fuel input LHV, fixed bed pressure loss = 30mbar, fluid
bed pressure loss = 146mbar?, fixed and fluid bed volatiles are as-
sumed to have a H; content of 20v% and 10v% respectively [37][36]

Partial oxidation

Assumes thermal equilibrium (Gibbs minimization) at outlet temper-
ature — method described in [13][57].

Gasifier

Heat loss = 1% fuel input LHV. Assumes that the water-gas shift reac-
tion is in equilibrium at the outlet temperature. Carbon conversions
are 95% for all models. The methane content in the gas from the
POX is assumed inert through the gasifier. Similar to the pyrolyzer
the pressure loss is 146mbar

Bed material recircula-

The flow is modeled as a heat flow from the gasifier to the pyrolyzer

tion assuming that the bed material is sand (c,=0.83kJ/(kg*°C)) and that
the heat flow can be estimated via the temperature difference of the
beds (outlet temperature). The mass flow is determined via the re-
circulation rates in Table 3.

Ejector Assumed efficiency of 27% and 11bar motive pressure [41] and cal-

culated via Equation 3 [42]

Heat exchangers

50K pinch point, 10mbar pressure loss

Blowers

40% isentropic efficiency, 95% combined mechanical and electrical
efficiency

The cold gas efficiency and total efficiency is calculated on dry basis via Equation 4 and Equa-

tion 5.

Results
The main model results

are given in Table 18. The cold gas efficiencies are seen to be generally

high and rival competing technologies (see Table 19). The efficiencies are within 3% for each

concept (Fixed, Slow, Fast) and POX temperatures are varying <125°C for wood vs straw and
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<190°C for air vs oxygen for each system, which displays a relative convenient level of process
stability. It is also seen that the cold gas efficiencies are within 5%-points for each mode across
systems.

The POX temperatures are seen to be high and of all the concepts, only the POX temperature
of the Fast fluid bed was set to the minimum design value. The POX temperature of the other
concepts was set based on the heat required by the downstream endothermic char gasifica-
tion. The Fast fluid bed POX temperature causes the gasifier outlet temperature to be 70-90°C
above the design value for wood fuels and the ejector steam superheat becomes artificially
low (as more heat is available in the exhaust) for straw fuels, both of which in turn decreases
the cold gas efficiency. The Slow fluid and Fixed bed system POX temperatures are however
very high and are by default (by implementing the design values) 200-250°C higher than need-
ed to accommodate the required reduction of tar. Hence, these systems show some additional
flexibility that enables the use of even less gas cleaning and possibly the use of alternative
applications that requires cleaner gases e.g. combustion engines.

Using woody fuels with a high ash-sintering temperature significantly reduces the steam con-
sumption as less cooling is needed for the POX — this effect is studied in the following section.
These higher flows will lead to system losses as the steam is added at 250°C and removed from
the system (in the product gas) at =300-500°C. This effect is present in reverse when compar-
ing the oxygen-blown system, as steam is added at 700°C.

Wood Straw
Air Oxygen Air Oxygen | Average
efficiency
Fast fluid bed | Cold gas efficiency [%] 86.0 85.0 83.0 83.2 84.3
Blower consumptions [MW,] 0.80 0.64 0.78 0.61
Total efficiency [%]° 84.4 83.7 81.4 82.0 82.9
POX temperature [°C] 1050 1200 1050 1200
Steam consumption 0.60 1.00 0.84 0.92
[kg-steam/kg-fuel(dry)]
Slow fluid bed | Cold gas efficiency [%] 86.6 87.2 84.2 84.9 85.7
Blower consumption [MW] 0.81 0.70 1.21 1.10
Total efficiency [%] 85.0 85.8 81.8 82.7 83.8
POX temperature [°C] 1236 1413 1291 1454
Steam consumption 1.02 1.22 2.41 2.48
[kg-steam/kg-fuel(dry)]
Fixed bed Cold gas efficiency [%] 86.8 89.3 86.5 87.7 87.5
Blower consumption [MW] 0.20 0.10 0.20 0.10
Total efficiency [%] 86.4 89.1 86.1 87.5 87.3
POX temperature [°C] 1395 1585 1339 1462
Steam consumption 1.34 1.41 2.04 2.05
[kg-steam/kg-fuel(dry)]

Evaluation and perspectives

The choice of which of the three systems are the best will naturally depend on the specific
business case. Initially the Fixed bed system looks the most favorable due to its high efficiency
and reasonable steam consumption. The fluid bed systems do however have an advantage
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with regards to particle sizes, as they will not necessarily require chipped, pelletized or bri-
qguetted fuel. This is a distinct advantage when considering the discussed fuel flexibility and
corresponding cost reduction. However, as the current market dictates that wood is the prima-
ry fuel for gasifiers, the Fixed bed system is likely the currently best performing plant. Prefera-
bly, the gasifier residues/biochar can be considered a product, which could justify reducing the
carbon conversion and hence a lower steam consumption. While a low pressure loss is benefi-
cial, a better mixed fluid bed reactor might be more relevant, as the increased mixing could
limit agglomeration (allow a higher maximum gasifier temperature) and slightly increase car-
bon conversion. In order to streamline the equipment dimensioning and processes, the carbon
conversion could be slightly lowered for straw to match wood operation. These conditions
would cause steam consumptions in the range of 1.0-1.4 for wood? and straw? with efficien-
cies around 84-88% and 76-80% respectively. At these modified conditions the POX tempera-
ture will still be 21200°C across air/oxygen and wood/straw.

In order to assess the feasibility of the proposed systems, a comparison of the Fixed bed sys-
tem, with the modified values discussed in the publication, relevant gasification technologies
are presented in Table 19. Compared to the Viking TwoStage gasifier, the performance is simi-
lar, but the design allows higher process stability (easier pressure control in gasifier compared
to the downdraft reactor) and much higher fuel flexibility.

Other fluid bed gasifier are seen to achieve a roughly 10% lower cold gas efficiency when using
wood, while also applying much more complex and expensive gas cleaning. When the Fixed
bed system applies straw the cold gas efficiency is similar to the other fluid bed gasifiers.

The LT-CFB gasifier achieves the same efficiency when including the high chemical energy con-
tent of the tars. The LT-CFB is originally designed for co-firing in large steam power plants, but
is currently limited beyond this application because of the tar content. The designed systems in
this study will be able to process straw and utilize them in a variety of applications including
combustion engines, gas turbine, boilers and synthesis.

L Estimating 925°C, 250mbar pressure loss and 90-95% carbon conversion
2 Estimating 780°C, 250mbar pressure loss and 80-85% carbon conversion
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Process Fuels Gas cleaning® Cold gas | Reference
efficiency
(dry)
Fixed bed Two-stage fixed Wood, straw Might need Wood: This study
system with and fluid bed and more® carbon filter in 84-88%
modified de- (chips/pellets) | air-straw mode Straw:
sign values (POX =1200°C) | 76-80%
TwoStage Two-stage mov- | Wood (chips) - 87% [2]
Viking gasifier ing/fixed bed
LT-BIG Two-stage cou- Wood Carbon filter 81% [44]
pled fluid beds
Skive gasifier Turbulent fluid Wood Catalytic bed 77%°¢ [45]
bed material, cata-
lytic reformer,
scrubber
FICFB Indirect gasifica- Wood Catalytic bed 55-75% [29][48]
tion, coupled material,
fluid beds scrubber
MILENA Indirect gasifica- Wood Catalytic bed 78% [46][(47]
tion, coupled material,
fluid beds scrubber
LT-CFB Coupled fluid Wood, straw, - 80%¢ [58]
beds wastes etc.
Conclusions

This study has presented the findings of a product development study of the TwoStage gasifier.

It was desired to design a plant based on the TwoStage principles that featured upscaling po-

tential, a high level of fuel flexibility and was compatible with the grid-balancing Polygenera-

tion concept. By investigating multiple plant configurations using wood/straw fuels and

air/oxygen the following conclusions can be made:

e Relatively high level of process stability can be obtained in spite of the varying condi-

tions

e Very high partial oxidation temperatures of >1230°C for two of the concepts will en-

sure a very low level of downstream gas cleaning

e Very high cold gas efficiencies of 83-89% across wood/straw and air/oxygen for the

three different systems displays the effectiveness of the overall concept idea

A selected and modified design achieved a slightly lower cold gas efficiency (84-88%) with

wood and air compared to the TwoStage Viking gasifier, but outperformed competing gasifiers

with roughly 10%-points while having increased flexibility.
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6. Utilization of project results

The focus of this research project has been on building up new knowledge on integration of
solid oxide cells with biomass gasifier systems and develop future gasifier plants. The project
thus provides a steppingstone for further and more specific research applications, whilst also
providing commercially attractive solutions for gasification industry.

The project has been a major asset in building up the knowledgebase with regards to other
research projects. The study on implementing oxygen-blown gasification will be directly trans-
ferred to the SYNFUEL research project (Innovation Fund Denmark nr. 4106-00006B) where
another state-of-the-art gasification platform (the LT-CFB - formerly Pyroneer) will be convert-
ed into utilizing oxygen and partial oxidation experiments will be made with 0,-CO,.

As a more direct link, many of the project activities are already being continued in the recently
(2017) started EP2GAS research project (EUDP nr. 64017-0011) that is a natural extension of
the project. Here the SOFC, oxygen-blown and gasifier design knowledge is being implement-
ed. That project constructs and operates the developed gasifier design in the patent applica-
tion (Section 4.5) and will provide a proof-of-concept for the design. The solid oxide cell inte-
gration will also be done in relation to the studies presented here.

Currently a research application on methanol production via biomass gasification and solid
oxide electrolysis is being developed. The project will directly use the oxygen-blown experi-
ences made in this project.

The modeling work in WP3 (Section 5.3) is being further analysed in an upcoming publica-
tion(s). The techno economic assessment of the polygeneration plant indicated a benefit of
polygeneration compared to separate electricity and bio-SNG production. The study will be
followed by a more direct comparison of the polygeneration plant with alternative production
by separate electricity and bio-SNG producers focusing on a future fossil-free energy system. In
such a scenario, peak demand electricity is often supplied by gas turbines or gas engines oper-
ating on bio-SNG. The hypothesis is that the value of the electricity produced by the polygen-
eration system is even higher in such a scenario because it replaces a part of the in-efficient
electricity production from gas turbines operating on expensive bio-SNG. From an energy per-
spective it also makes sense that as much as possible of the peak demand electricity is provid-
ed by conversion of primary energy resources (biomass) instead of a biomass-derived product
(bio-SNG). However, a conventional biomass based CHP plant is still thought to be infeasible in
the future fossil-free energy system, as the number of operating hours will be too few. A paper
on this is currently in the writing phase.

The gasifier patent application (Section 4.5) has generated interest and been pitched to and
discussed with companies on several occasions. Following multiple meetings, the contact will
be continued during the EP2GAS project, where a prototype of the patent will be constructed
and operated. The patented concept has been pitched during open DTU research days and at
international conferences and continued promotion of the concept is expected.

The project has also delivered significant dissemination activity that will continue to spread as

all the publications are finalized, more presentations are made and time allows scientists to
discover the research.

48



7. Project conclusions and perspectives

The project has dealt with the integration of solid oxide cells with the TwoStage Viking gasifier
and the development of upscaled gasifier designs. The project has thus presented how smart
grid flexible concepts can be applied to gasification and assessed the performance, which will
provide the foundation for future research projects and developments. These analysis’ has
been coupled with the design basis for future large-scale and flexible gasifier plants that look
promising compared to current commercial gasification technologies. Thus the project pro-
vides the foundation for the design of future polygeneration plants and concepts.

The main conclusions from the project are:

e [tis technically feasible to couple the TwoStage Viking gasifier with an SOFC and
achieve high electric efficiencies without extensive additions of equipment or any
change in gasifier operation. The system provided state-of-the-art results and show-
cases the high potential of the gasifier-SOFC coupling. The cells are likely tolerant to
smaller concentrations of sulphur, but it is recommended to apply some level of de-
sulphurization (and for other species if needed) to protect the costly component. Gasi-
fier design can however greatly simplify the level of gas cleaning. For power produc-
tion the system might add a combined cycle power system downstream the stack in
order to be competitive as the gains in electrical efficiency is significant.

e The study has shown that the Viking plant has ability to apply alternating operation
with air and 0,-CO, mixtures as gasification media without major changes in operation.
Hence, a proof-of-concept for integrating TwoStage gasification in the polygeneration
context has been provided. The system was only slightly modified and provided very
high gas quality in-line with air-blown operation. Adjusting the 0,:CO; ratio can further
optimize operation and provide higher efficiencies, less diluted product gas and enable
higher POX temperatures if needed.

e Athermoeconomic analysis of the proposed polygeneration concept found the energy
efficiency of each operating mode, and showed the economic benefit of the polygen-
eration system compared to single mode systems. It was found that higher capacity
factors are achieved with polygeneration and the investment in the polygeneration
system is lower than the combined investment of two single mode systems. The pol-
ygeneration system operated in some scenarios mostly in electricity production mode
while in others most in electricity storage mode. This depended mainly on the ex-
pected electricity price. The advantage with polygeneration was found to be greatest
when electricity prices are volatile.

e From a thermodynamic point-of-view, it is possible to design very effective, large-scale
TwoStage gasifier systems within the boundaries of the current technical literature.
Designs for polygeneration were also found to be efficient and competitive. All of
these designs are technically competitive to current state-of-the-art systems on key
areas, which are central to the feasibility of the plants. As a concrete outcome, an up-
draft gasifier concept has been formulated as a patent application and is currently be-
ing constructed for the EP2GAS research project at DTU (EUDP no. 64017-0011).
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This study has provided the academic foundation for thermodynamically developing
and/or evaluating gasifier systems going forward. Results across reactor platforms as
well as fuel types and gasification media, has provided a multi-dimensional analysis of
strengths and weaknesses, as well as discussions, for a given reactor constellation in a
two-stage system. Hence, future opportunities and assessments can be engaged from
an improved starting point, as these systems will be become increasingly relevant for
the entire energy system going forward.
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ABSTRACT

Increased use of bioenergy is a very cost-effective and flexible measure to limit changes in the climate
and the infrastructure. One of the key technologies toward a higher implementation of biomass is
thermal gasification, which enables a wide span of downstream applications. In order to improve effi-
ciencies, flexibility and possibly costs of current biomass power generating systems, a power plant
concept combining solid oxide fuel cells (SOFC) and gasification is investigated experimentally. The aim
of the study is to examine the commercial operation system potential of these two technologies. In-
vestigations are done by combining the commercial TwoStage Viking gasifier developed at the Technical
University of Denmark and a state-of-the-art SOFC stack from Topsoe Fuel Cell for high efficiency power
generation. A total of 5 tests were performed including polarization tests at various gas flows to study
part-load operation; and a longer test to investigate stability. The study shows experimentally the po-
tential and feasibility of a SOFC-gasification system with a commercial gasifier and a SOFC stack by
measuring the highest reported values of such a system, with biomass-to-electricity efficiencies up to
43%. Results from related modeling studies are also presented, showcasing the intriguing potential of the
system with modeled cycle electric efficiencies up to 62%.

© 2017 Elsevier Ltd. All rights reserved.

1. Introduction

The most cost-effective path to reduce climate change is
through increasing the share of bioenergy significantly, because
biomass to a large extent can directly substitute fossil fuels in the
present infrastructure [1—3]. Currently, biomass is mainly utilized
as a substitute to fossil fuels in large (>50 MWy,), efficient, and
modern steam power plants that reach electric efficiencies up to
about 40—50% [1]. However, such plants are limited to high ca-
pacities, if high efficiencies are to be maintained. In smaller typical
biomass power plants (10—50 MWy,) electrical efficiencies drop to
18—33% and will require flexible operation on cheap, local feed-
stock to be competitive in the future [1]. So, the future energy
system will require advanced biomass conversion and power
generating technologies to ensure environmental as well as eco-
nomic sustainability.

* Corresponding author.
E-mail address: rgad@kt.dtu.dk (R.@. Gadsbell).

http://dx.doi.org/10.1016/j.energy.2017.05.044
0360-5442/© 2017 Elsevier Ltd. All rights reserved.

Solid oxide fuel cell (SOFC) technology is an interesting option for
high-efficient power generation in future energy systems. SOFC
technology is currently under extensive research as one of the most
promising near-future power technologies. Fuel cells convert
gaseous chemical energy directly into electric energy through
electrochemical reactions and are thus subject to less loss than
traditional power generation technologies. The SOFC’s are especially
interesting for smaller scale power systems, as they offer high fuel
flexibility (CO, Hy, CHy), compared to other fuel cell types and can
maintain their very high electric efficiency at smaller scales and part
load operation. The high operating temperatures of 700—900 °C in
the SOFC allows internal reforming of e.g. hydrocarbons in the stack,
which increases its fuel flexibility greatly. SOFC operation is how-
ever limited by its nickel containing anode, which requires a
reducing atmosphere to stay active and forces the fuel cell to
exhaust excess fuel. The fraction of fuel used is called the fuel uti-
lisation (FU).

In order to utilize biomass as a fuel for fuel cells, a conversion
from solid to gaseous fuel is required, this can be achieved via
gasification. At high temperatures, thermal gasification offers a very
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flexible and highly efficient platform to convert solid carbonaceous
matter into a combustible product gas. This gas typically consists of
lower hydrocarbons, CO, CO3, Ha, N», inorganic impurities and tars.
State-of-the-art gasification plants reach cold gas efficiencies of
80—93% (biomass to product gas [LHV]) [4]. The produced gas can
afterwards be processed for a variety of applications including
power, heat, chemical and fuel production applications.

As a joint technology platform, SOFC-gasification systems that
combine the fuel flexibility and conversion efficiency of gasification
and the high electric efficiency of fuel cell technology have very
high potential. Recent modeling studies from the Bio-SOFC project
have shown that SOFC-gasification systems can reach electric effi-
ciencies of 42—62% with proper design — see e.g. Refs. [5—7].
However, product gas quality and capital costs pose a challenge to
further development and commercialization [8]. Product gas
quality relates specifically to tars, inorganics, and particulates that
can terminate fuel cell operation and thus strict gas conditioning is
typically required.

SOFC-gasification systems are still on the laboratory scale and
limited tests have been performed on real product gas from a
gasifier [9—14]. In addition, most of these tests have only been on
single cells, at low loads and/or for short time periods. The focus of
these studies has mostly been on gas quality. Hofmann et al. [9—11]
and Jewulski et al. [12] discussed and tested internal reforming of
tars and lower hydrocarbons in the SOFC, and concluded that these
compounds can be utilized as a component in the fuel if sufficient
steam is added to the gas stream to avoid carbon deposition. Tests
with product gas above 10 g/nm? of tars from a circulating fluid bed
were found to be feasible at low loads [11] and tests with product
gas from an updraft gasifier showed tolerance to tars up to 85 g/
nm? at low loads [14]. While product gas with no tars, low levels of
steam and light hydrocarbon levels above 9 vol% caused carbon
deposition and mechanical fracture as a result of internal endo-
thermic reforming reactions [12]. Caution should be taken when
evaluating tar concentrations, as both composition and concen-
tration will depend on the gasifier design and applied conditions.

SOFC operating on product gas at high load (fuel utilisation of
>70%) have shown high electric efficiencies of up to 38% [10,13].
Hofmann et al. [10] operated a downdraft gasifier with low tar
levels (<0.2 g/nm?), but found that the high load caused anode
oxidation. Oudhuis et al. [13] employed a pyrolyzer with extensive
gas cleaning and thus obtained a clean gas that proved stable
operation with the SOFC.

As mentioned, studies of SOFC-gasification systems are mainly
focus on gas quality investigations and do therefore not represent a
commercially operating system. Such a system will be operated at
high loads, at various gas flow rates, and with limited gas cleaning
to lower costs. Also, the gasifier will have to be very efficient in
retaining as much of the chemical energy in the solid fuel into gas
with a high cold gas efficiency, as the chemical energy is a main
bottleneck for electrochemical combustion.

The TwoStage biomass gasifier at the Technical University of
Denmark are a proven and commercial gasification system that can
achieve a very high cold gas efficiency of 93%, while producing only
an insignificant amount of tars and around 1 vol% light hydrocar-
bons (methane) with only a bag filter for gas cleaning [15] [16] [17].
Given the challenges of the previous cited works within SOFC’s
with product gas, it is expected that the proposed system will
provide a clean gas that will minimize risk of carbon deposition and
be technically feasible on commercial terms, including a relatively
low level of complexity. Therefore it is expected that the coupling of
the TwoStage gasifier and a state-of-the-art fuel cell stack will
provide a system that will move the joint technology platform
closer to commercialization and feature: 1) very high electric effi-
ciency; 2) low levels of gas cleaning; 3) stable operation.

In 2007, the TwoStage gasifier was operated with a single-cell
SOFC continuously for 150 h at low load and showed potential for
stable operation [9]. This project continues the investigations pre-
viously started in Ref. [9] and will investigate commercial terms of
operation. The current study operates an 800 W, state-of-the-art
SOFC stack at high load on real product gas from the TwoStage
gasifier. Specifically, this study examines the full- and part-load
performance of the stack when varying flow rates and load and
performs long-term tests of the stack at high load. The study shows
experimentally the potential and feasibility of a SOFC-gasification
system with a commercial gasifier and a SOFC stack, coupled us-
ing only a bag filter, activated carbon filter, a humidifier, and a
desulphuriser.

2. Materials and methods

The study was carried out at the facilities at the Technical Uni-
versity of Denmark (DTU), Rise Campus. The experimental equip-
ment included the TwoStage ‘Viking’ gasifier, necessary fuel cell gas
conditioning and the SOFC stack.

2.1. TwoStage gasifier

The TwoStage gasification concept has been developed at DTU
over several decades and it has been upscaled several times and
commercially up to 1.5MWy, [15]. The gasifier is a staged downdraft
concept, where the pyrolysis and gasification are carried out in
separate reactors with a partial combustion zone in between. The
gasifier is unique in its ability to produce gas with virtually no tars
(<1 mg/nm>), using only a simple bag house filter and while still
obtaining a high cold gas efficiency of 93% [16]. The applied Two-
Stage gasifier plant is a 80 kW, Viking plant, which is fully auto-
mated, have been operated for more than 3000 h and have shown
very stable operating characteristics with regards to continuous
operation, gas composition and engine operation [17].

A flow diagram of the Viking gasifier is shown in Fig. 1. The
gasifier is operated at atmospheric pressure levels. Pine wood chips
of =40% humidity are fed into an externally heated screw conveyor
that dries and pyrolyzes the fuel up to 600 °C. No fuel analysis was
made, but the fuel is very similar to the fuel used in previous tests,
which is shown is Table 1. The screw conveyor is heated using su-
perheated engine exhaust. The pyrolysis products are led to the
second reactor and are partially oxidized by air, raising the tem-
perature above 1100 °C. Hereby, the tar content is reduced by 99%.
The gas and char then pass through a hot fixed char bed, where the

electricity  exhaust gas
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pyrolysis

slip
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Fig. 1. Flow diagram of TwoStage gasification with an engine.
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Table 1
Fuel measurements of wood chips from previous tests with the Viking gasifier [17].
Component Method Measure 1 Measure 2
Ash [wt%, dry] 550 °C, app. 20 h — -
HHV [MJ/kg, dry] 1SO 1928 19.60 -
LHV [M]/kg, dry] ISO 1928 18.28 -
C (wt%, dry) ASTM 5373 48.90 49.00
H (wt%, dry) ASTM 5373 6.20 6.00
N (wt%, dry) ASTM 5373 0.17 0.40
S (wt%, dry) ASTM 4239C 0.022 0.07
Cl (wt%, dry) ASTM 4208, IC 0.063 —
O (wt%, dry) — — 44,00
Moisture (wt%) - — 32.20

char is gasified and the temperature is subsequently lowered to
800 °C at the bed outlet. The hot char bed acts as a tar cleaning unit,
removing 99% of the remaining tars [17,18], yielding a near tar-free
gas. The obtained product gas then flows through a series of heat
exchangers and a bag house filter that removes small amounts of
particles, tars and water. Afterwards, the gas enters a mixing tank,
where a slipstream of about 2 kW, was directed to the fuel cell
setup.

2.2. Fuel cell gas conditioning

Gas conditioning is essential when using fuel cells, as this
technology is highly sensitive to several gas components. Levels of
hydrocarbons have to be monitored, as they will be reformed
internally in the anode and cause thermal stresses by cooling and
can cause carbon deposition. The reforming of hydrocarbons needs
a sufficient water vapor pressure in order to avoid carbon deposi-
tion and thus the gas needs to be humidified. Inorganic compounds,
including sulphur, need to be completely removed to avoid anode
deactivation.

The product gas initially flowed through two active carbon fil-
ters at room temperature with a retention time of 53 s. These filters
act as guard beds, removing inorganic compounds and tars.

Afterwards, the gas passed through an electrically heated water
spray tower, where it was humidified to reach an oxygen-carbon
molar ratio of 2. The humidification temperature was 60 °C,
which correspond to a water molar fraction of about 19.5% in the
humidified product gas.

The humid product gas was electrically heated to 245 °C and led
through a fixed guard bed with ZnO pellets that removed remaining
sulphur compounds up to 10 ppm. Afterwards the gas was heated
electrically to 670 °C before being fed to the SOFC. An overview of
the gas conditioning is shown in Fig. 2.

The gas composition was measured at dry and tar-free condi-
tions with an Advance Optima 2020 Modular continuous process
gas analyzer system, with an Caldos 15 cell for Hy analysis and an
Uras 14 cell for CO, CO, and CH4 (ABB, Switzerland). The O, content
was measured with an PMA 10 O-analyzer. The uncertainty of the
gas analyzer is +1% of the measured value. The continuous gas flow
for the analyzer system was taken via a twist filter following the
carbon filters.

Tars and sulphur compounds were measured at the inlet and
outlet of the carbon filters. For tar analysis, solid phase adsorption
(SPA) samples were taken during the experimental work with tubes
from Supelco with an aminopropyl adsorbent. Three samples were
taken before and after the carbon filter. The samples were analysed
by gas chromatography/mass spectrometry (GC/MS) with acetone
as the solvent with the modification of using stable isotopes of
polycyclic aromatic hydrocarbon standards as the internal stan-
dards — see further details in Ref. [ 17]. Sulphur was measured using
250 mL gas probes and GC/MS with three measurements before
and after the carbon filter.

2.3. SOFC stack

The SOFC stack is produced by Topsoe Fuel Cell. The stack is
made of 50 planar, anode supported cells. The anode is made of
yttrium-stabilized zirconia (YSZ), nickel catalysts and a mechanical
support structure. The electrolyte is made of YSZ and the cathode of
lanthanum strontium manganite. The stack is an ‘S 1-02’ type, with
a footprint of 12 x 12 cm and a nominal capacity of 800 We. It was
operated at near atmospheric pressure and the operation was
designed for 700 °C fuel exhaust. The stack was fed with air as
oxidizer at 670 °C. The SOFC stack was placed in an electrically
heated oven at 700 °C, as the stack was not insulated. The SOFC was
heated at 200 K/h to minimize thermal stresses. The start-up was
carried out at open-circuit conditions with Formier10 gas (10v% Ho,
90v¥% N3) and as 700 °C was reached, the stack was stabilized for
30min before switching to product gas. After switching to product
gas the SOFC was similarly left for 30min before drawing power
from the stack. A picture of the mounted SOFC stack is shown in
Fig. 3.

2.4. Experimental procedure

The experimental work was carried out over 3 campaigns for a
total operating time of 145 h with real product gas as described in
Ref. [19]. An overview of reported tests is shown in Table 2. Tests
started when the SOFC voltage was stabilized after the warm-up
(usually after 6 h). Measurements of voltage, power and gas
composition were taken as averages over 3—10 min, except values
at maximum current that were taken as an average over 60 min of
operation. National Instruments’ LabView 2015 software via a
Siemens Step 7 PLC system was used for the data acquisition.

Flow rates were measured using manual measurements with a
flow meter during the tests and are therefore a calculated average
value. The SOFC stack load was controlled by increasing the current
to specified values on an electric load box. The current was held to a
maximum of 25 A, as specified by Topsoe Fuell Cell. During all tests,
air was fed non-pressurised at 90 I/min (measured at 20 °C).

3. Results and discussion
3.1. Product gas and SOFC stack temperature

The product gas was examined three times for tars and sulphur.

Bag Carbon Desulphu-
filter filters Humidifier riser SOFC
Exhaust
" 670°C as
Product gas —> | E— — > @ > g
700°C
90°C 20°C 60°C 245°C ﬂ 700°C D
Air Air
670°C 725°C

Fig. 2. Overview of fuel cell gas conditioning with approximate operating temperatures. Electric heaters are not shown.
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Fig. 3. SOFC stack mounted in oven.

No tars could be detected using the SPA tar analysis, which is ex-
pected as shown in previous campaigns with the gasifier [17]. The
SOFC’s tolerance towards tars are discussed several places and as
mentioned, several tests has been made e.g. Refs. [9—11]. As rough
estimate, Aravind and de Jong [19] gave a threshold value of 2 g/Nm>
tars in order to avoid carbon deposition, but states that it naturally
depends on the tar species, temperature and gas composition. These
findings indicate that the TwoStage gasifier design could be altered
to reduce the tar conversion, in order to obtain other benefits (e.g.
using a smaller char bed/reactor or increasing fuel flexibility by
using a fluid bed for char conversion) as a slightly higher tar con-
centration will not affect the SOFC performance.

Sulphur was analysed for the COS and H,S compounds, but only
COS could be detected with an average value before the carbon
filter of 3.7 ppm and <0.1 ppm after the carbon filters [20], dis-
playing the relatively simple carbon filters effectiveness. The SOFC’s
tolerance towards sulphur species is extremely depending on gas
composition and temperature, but Rostrup-Nielsen et al. [21] found

Table 2
Overview of tests performed. *Flow measured at 20 °C and atmospheric pressure.
**Test 5 were stopped for 2.5 h due to a 1-h gasfier failure during the test.

Test # Gas flow* [1/min] Duration [h] Range of current
values for tests [A]

1 15.9 1.5 0-15.1

2 225 35 0-23.1

3 23.0 7 0—-24.1

4 288 2 10.0-25.1

5 224 62** 20.1

that a SOFC stack at 800°C using partially oxidized jet fuel (gas
composition similar to TwoStage product gas) was not affected by
10 ppm H,S, and while 50 ppm decreased performance 10%, the
SOFC could easily be regenerated to original performance levels.
These findings indicate that the already simple gas condition
applied in Fig. 2 might be further reduced, so that only the inte-
grated gasifier bag filter (and possibly humidifier depending on the
hydrocarbon/tar level) remains upstream of the SOFC, while also
allowing the gasifier to increase its tar production if needed.

During the campaigns, only small fluctuations in the product gas
composition from the TwoStage gasifier were seen. Average gas
compositions during the tests are shown in Table 3. Fig. 4 shows as
reference, the gas composition fluctuations during Test 5.

Some gas fluctuations were observed during the tests: the bag
filter was cleansed and back flushed with nitrogen to reduce
pressure drop; and pressure spikes occurred regularly. The pressure
spikes occured probably because of water droplet evaporation from
the humidifier. Voltages were affected by the pressure increases,
resulting in negative spikes until the pressure was reset shortly
after — see Fig. 8.

The temperature of the stack increased as the current increased,
due to generated waste heat. During Test 5, temperatures were
constant as the current was not varied. Results from the measure-
ments of product gas, exhaust gas and air temperatures are shown
in Table 4.

3.2. Performance of SOFC stack

The performance of the SOFC stack is evaluated based on power
output, voltage and electric efficiency (power to fuel input [LHV]).
The FU is an appropriate dimensionless base of comparison value
across fuel flows and gas compositions. As the FU increases, so does
the internal losses in the SOFC, due to mass transfer and concen-
tration losses as the load increases. The FU can be defined using the
current, I, as the ampere value is a measure of conducted electrons
(and thus proportional to the number of conducted oxygen-ions).
As the steam reforming and water-gas-shift (WGS) reactions by
the nickel catalysts at the anode of CO and CH4 are faster than the
electrochemical reactions [22,23], a molar hydrogen equivalent,
NH2-eq, is calculated based on complete steam reforming and WGS
of CO and CHy, shown in Equation (1). The FU is defined in Equation
(2) on a molar basis. N¢ is the number of cells in the stack and F is
Faradays constant.

NH2—eq = NH2 + Nco + 4 NcHy (1)
LN

FU =2E° (2)
N _eq

The SOFC performance was tested in a large operating area in
order to simulate part- and full-load conditions. Voltage, power
density and voltage standard deviation as a function of current
density for Test 2 is shown in Fig. 5 and the power outputs of the
SOFC stack for Test 1—4 are shown in Fig. 6. The corresponding
electric efficiencies for Test 1—4 are shown in Fig. 7. During testing,
it was seen that one of the 50 SOFC’s in the stack was not producing
any power.

Even though the FU was up to 90.2%, there was no significant
decline in power in following tests due to internal losses in the
stack (see Fig. 7) and tests at different flows yielded nearly equal
electrical efficiencies across FU. This means that part-load opera-
tion down to 55% flow (Test 1 compared to Test 4) does not reduce
the efficiency of the stack, which is an important factor in an energy
system with large fluctuations from e.g. wind and solar power.
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Table 3

Overview of average dry product gas compositions during the different tests. Compositions are calculated as average values over 3—10 min. Nitrogen content is calculated by
difference. *Gas energy calculated based on average LHV of gas and flow during the experiment.

Test # CHy4 [vol%] CO [vol%] CO; [vol%] H, [vol%] N (rest) [vol%] Sum [vol%] Gas energy flow (LHV)*[W]
1 0.6 15.2 154 27.2 41.6 100.0 1245
2 0.7 14.1 15.1 26.3 43.8 100.0 1723
3 0.7 15.6 141 26.7 42.8 99.9 1826
4 0.5 14.9 153 26.0 433 100.0 2200
5 0.6 133 16.0 248 453 100.0 1588
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Fig. 4. Gas composition during Test 5 for 62 h. Incidents marked ‘1" are during flushing of the bag filter and 2’ are measurements of SOFC exhaust.
Table 4

Gas temperature measurement ranges during tests in and out of the SOFC stack
caused by changes in load and gas compositions.

Test # Product gas [°C] Exhaust gas [°C]

676—688
672—698
675—700
687—-706
691-705

Air in [°C]
657—668
654—671
655—675
663—675
663—-677

Air out [°C]

684-711
680—-732
680—-730
700-733
719-731

658—666
649—-670
650—670
651-682
661-683

v W N =

and a current density of 260 mA/cm? — compared to 700°C and
~50—100 mA/cm? (depending on test and gas flow). An evaluation
of the increased temperature with higher efficiency versus shorter
SOFC lifetime should be made when designing such a system.
Considering the gasifier-SOFC system, a plant efficiency npiane
can be estimated based on the present results. Using Equation (3),
the combinations of SOFC efficiency at maximum FU and gasifica-
tion efficiency gives TwoStage-SOFC electrical efficiencies of

Current density [mA/cm2]

[
S)

—e-Voltage

--Voltage
std.dev.

——Power density |

O B N W bH U1 O N © O
Power density [W/cm2]

150 200 250

Fig. 5. SOFC stack voltage with standard deviation and power density shown as a function of current density for Test 2.

The peak values for Test 1—4 are shown in Table 5, showing the
data for the measurements at max FU. The maximum efficiency
value (46.4%), power (875 W) and FU (90.2%) achieved are, to the
authors knowledge, the highest values found in literature for
product gas operation. These efficiencies are markedly higher than
previous tests in which 38% was reached [10,13]. Previous tests with
the TwoStage gasifier and a single-cell SOFC showed electric effi-
ciency of 24% at a fuel utilisation of 30% [9], which is higher than the
roughly 18% obtained here at the same FU. Even though the gas was
similar it should be noted that the previous test operated at 850°C

38-43%. TwoStage cold gas efficiency is denoted with 7¢; and the
SOFC stack efficiency with nsorc. The range of this approximation is
confirmed through mathematical modeling of system [24].

Nplant = Mcg " MsoFc (3)

The TwoStage-SOFC system is thought as a decentralised
constellation in the <20MWy, range, as downdraft gasifiers have
limitations with regards to scaling [25,26]. The efficiencies of this
system are significantly higher than typical competing
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Fig. 6. SOFC stack power output shown as a function of fuel utilisation for Test 1—4.
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Fig. 7. SOFC stack electric efficiencies shown as a function of fuel utilisation for Test 1—4.
Table 5
Data for max fuel utilisation (FU) measurements. Data are taken as averages over 60 min.
Test # Flow compared to Test 4 [%] Power [W] Electric efficiency [%] FU [%]
1 55.2 537 42.6 78.5
2 78.1 780 46.4 90.2
3 79.9 771 41.0 84.0
4 100 875 414 783

decentralised biomass power plants at 18—33% [1]. The obtained
efficiencies are comparable with those of biomass power plants
with capacities above 100 MWy, [1]. Gasification systems typically
have electrical efficiencies of 18—33% [26], similar to those of
decentralised power plants, with the typically engine operated
TwoStage gasifier of 29% (gross) [17]. Two of the most efficient
demonstrated biomass gasification systems, not using fuel cells, are
the Varnamo combined cycle and Skive engine plants. These plants
reach electrical efficiencies of 33% and 30% respectively [27,28] and
are significantly outperformed in comparison to these tests.

3.3. Long-term performance of SOFC stack

In order to investigate any decline in the performance of the
SOFC stack when continuously using product gas, the results of the
62 h-test (Test 5) have been used. During the test, the gasifier
stopped for 1 h due to a fuel feeding fault and the SOFC stack was
consequently stopped. The SOFC stack did however assume full-
load operation at 20.1 A again after 2.5 h after the stop. The per-
formance of the stack is shown as stack voltage on Fig. 8 and key
data are presented in Table 6.

The SOFC operation during the 62 h was generally stable
throughout the test, with power fluctuating within +10 W, which is

to be expected with slightly varying gas flow and composition (see
Fig. 4). As seen in Fig. 8 and as mentioned earlier, the voltage did
however experience some spikes during operation, which is likely
caused by droplets that are carried over from the humidifier and in
turn evaporates when reaching the heat exchangers. The sudden
evaporation will cause the local steam concentration to increase
and lower the heating value of the gas locally, which decreases the
stack voltage. The drop in voltage was very short and voltage was
stabilized quickly after.

In order to assess the SOFC performance, the voltage is calcu-
lated independently of product gas fluctuations as these will affect
the voltage. By evaluating the stacks overpotential using the Nernst
equation, the internal losses can be assessed. The data for Test 5 is
divided into sections of 30 min that are averaged. The overpotential
Vop can then be calculated as in Equation (4) from the measured
voltage, Vexp, using the Nernst equation [22], assuming complete
steam reforming of CO and CHa4. E° is the electrode potential at
standard conditions for hydrogen and P is the average partial
pressure of the product gas in the stack. Ppp_eq is the accumulated
partial pressures of Hy, CO and four times CHy4 as in Equation (1).

It can be challenging to model a precise SOFC performance using
a zero-dimensional model as chosen here. Multiple factors as
varying temperature, gas composition, and pressure across the
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Fig. 8. SOFC stack voltage during Test 5 for 62 h. Spikes are caused by sudden pressure increases upstream of the SOFC. A stop of 2.5 h is marked, but not shown.

Table 6

Key data for Test 5 taken as an average over 62 h with standard deviation for power
as primary measurement. *Gas flows are measured at 20 °C and atmospheric
pressure.

Gas flow* [I/min]  Current [A] Power [W] FU [%]

704 +£9.8 443 83.0

Electric efficiency [%]

224 20.1

electrode structure causes relatively simple models to rely on es-
timates. This is discussed by Bang-Magaller [24], where the approach
taken here with Equation (4) is evaluated against a more precise
form, which caused the Nernst and cell voltage to be 4% and 19%
lower respectively at similar conditions. However, as the calcula-
tions of this project focuses on a trend in voltage and because the
gas composition is very stable (see Fig. 4), the error in modeling will
only affect the trend to a minor degree.

R-T P,
— [0 _ | fH20
Vexp = (E 5F In |:PH2eq o

] - V0P> N¢ 4)

The calculated overpotential for the SOFC stack is shown in
Fig. 9. The value fluctuates slightly, which is due the discussed
modeling assumptions above and to minor disturbances in the
system, namely the gas pump was found to fluctuate. The over-
potential of the stack is split into two sections: before and after the
2.5 h fall-out. Before, the overpotential is increasing at a low rate,
indicating that the stack performance is declining. After the stop,
however, the overpotential is stable, but with a higher value,
indicating that the stack has been damaged by the sudden stop in
operation. This effect is likely due to the thermal cycling that the
SOFC experiences during the sudden stop in operation - the SOFC

control was designed to shut off power when the gasifier stopped,
meaning that the current went from 20.1 A to 0 A in an instance.
This immediate shut-down, can decrease the contacting between
electrodes and electrolyte/interconnect and hence increase losses
as the remaining contact sites are forced to increase load, resulting
in increased overpotential — this phenomenon is discussed in e.g.
Ref. [29]. Hence, future tests should implement a revised control
strategy that gradually lowers the drawn current from the stack in
order to limit degradation. Following the stop, the continuous
operation with product gas did not affect the stack after the stop. As
the test showed some increase in overpotential before the stop and
constant operation after, there is not enough data to conclude
whether long-term operation is feasible and longer tests are
recommended.

In all, a total of 145 h of operation was however carried out on
product gas, without significant decline in SOFC performance that
indicates loss of performance when combining these two tech-
nologies. However, two aspects should be kept in mind when
evaluating these results: 1) the stack performance has not been
tested before and after the tests with a reference gas, so specifics on
a possible performance decline has not been investigated — for
instance could the high fuel utilisation have caused a decline in
performance that cannot be assessed over the operating time of
this project; 2) the stacks initial condition is unknown by Topsoe
Fuell Cell and the stack might have decreased performance
compared to an unused stack. Following the test campaigns, the gas
separation of the stack was tested at room temperature with gas
tracing and it was found that there was a leak between anode and
cathode, which will lead to either anode oxidation and/or loss of
fuel, but in all cases a loss of performance.

[uny
wv

Stack overpotential [V]
T P
(e} (oo = N w £
N
(

o
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Fig. 9. Overpotiential, Vop during Test 5 for 62 h, as described by Equation (4). The curve is split where there was a 2.5 h stop in operation. Trendlines are added for each curve.
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3.4. Comparison with modeling studies

Within the BioSOFC project, the coupling of the TwoStage
gasifier and SOFC’s has been studied by mathematical modeling in
other publications [5—8,24,30,31]. The main results from these
publications are discussed here in relation to the experimental data
and the system potential. The TwoStage-SOFC system is projected
as a decentralised plant with capacities below 10MWe.. The system
were modeled to have an electrical efficiency of 44.9% with a FU of
85% [5], which is within range of the results presented here. The
modeled results for the SOFC fit well with the obtained experi-
mental results in e.g. Ref. [5].

However, as the SOFC is subject to a certain FU, there are high
quality heat and excess fuel available downstream that can
heighten the system efficiency. Therefore, combined cycle (CC)
concepts that enhance the electrical efficiency have been modeled.
The efficiencies for various CC configurations are shown in Table 7,
showcasing the very high potential of decentralised power based
on biomass gasification and SOFC technologies. The results stress
the need to utilize the SOFC off-gases in order to be as competitive
on efficiency as possible and design some of the most efficient
systems available. Downstream power generation could also be
implemented as a cost reduction measure as lower FU also leads to
lower maintenance costs of the SOFC.

Thermoeconomic studies were also included in Refs. [8,30]. Both
studies concluded that the main expense of the system is the in-
vestment cost. Specifically the SOFC capital cost was found to be the
main bottleneck for commercialization. Electricity prices were
found to be close to competitive with other biomass power gen-
eration, but not sufficiently high to justify the high investment.
Thus continued technology maturation and SOFC cost reduction
will be needed if the plant will be competitive without incentives.

4. Conclusions

Experimental studies were performed on an 800 W, SOFC stack,
operated on real product gas from the TwoStage gasifier. The test
setup featured the TwoStage biomass gasifier, the SOFC stack and
simple gas cleaning consisting of only a bag filter, two carbon filters,
a humidifier and a desulphuriser. No tar could be detected. Only
small amounts of sulphur compounds were found, enabling both
the carbon filters and desulphuriser to remove them, which can
reduce complexity even further. Thus the TwoStage gasifier is very
well suited for operating SOFC with only a minimum of gas
conditioning.

The SOFC was operated at 700 °C and was subject to 4 tests with
different flows from 15 to 28 1/min and currents from O to 24.1 A for
up to 62 h. The 4 tests displayed the SOFC stacks excellent part-load
performance down to 55% flow, without loss of efficiency. The tests
achieved the highest reported values of such a system globally, with
a SOFC stack electric efficiency of 46.4% at 90% fuel utilisation. A
gasifier-SOFC system electric efficiency was estimated to be around

Table 7
Main results of modeling studies with TwoStage gasifier, SOFC and further down-
stream power generation.

Power system configuration Scale [MW,]  Electric efficiency [%]
SOFC [5] 14 449

SOFC-Stirling engine [8] 0.12 42.4

SOFC-Organic rankine cycle [6] 0.1 54—62

SOFC-Gas turbine [24] 03 55-58

SOFC-Kalina cycle [31] 8 49-58

SOFC-Steam cycle [7] 10 48—-56

SOFC-Steam injected gas turbine [30] 10 48-50

40%, which is considerably higher than those from traditional
decentralised biomass power plants and showcases the systems
intriguing potential.

A total of 145 h of operation was achieved without significant
losses in SOFC performance.
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Abstract
The coupling of biomass gasification and solid oxide cell technologies is very intriguing due to its high

efficiency and flexibility potential. One of the key challenges in order to realize such a system design is a
clean quality gas that can meet the strict requirements of the SOFC. This study presents the result of an
experimental campaign with the TwoStage Viking biomass gasifier and a Topsoe Fuel Cell SOFC stack
connected via a carbon filter and a desulphurizer. The stack is operated with both air- and 0,-CO,-blown
product gas, at 700°C and 800°C, and tests without any gas cleaning was conducted. The study found
electric efficiencies up to 40% at 69% fuel utilization and an 8-11% increase in power when raising the SOFC
temperature to 800°C. The 0,-CO,-blown product gas showed lower efficiencies due to lower CO
performance in the SOFC. A short-term test with no gas cleaning between the gasifier and SOFC, and a 1.5-
2.8ppm sulphur concentration showed no change in operational voltage. Hence the study finds that gasifier
design can greatly simplify the demand for gas cleaning equipment.

Keywords: Biomass Gasification, Two-stage gasifier, SOFC, Gas cleaning

1 Introduction
The potential for coupling thermal biomass gasification with solid oxide fuel cells (SOFC) is very intriguing.

This joint technology platform features very high conversion efficiencies and flexibility, which in turn can
manifest itself in improved resource management and economics for future renewable energy plants.
Gasification is very versatile and efficient technology that can process a wide variety of biomasses at high
temperatures into an energy rich product gas containing up to >90% of the fuel energy (LHV basis) [1]. It
can therefore unlock a series of resources that other biotechnologies cannot utilize, whilst doing it extreme
efficient. The product gas can then be further processed into heat, power or gaseous/liquid fuels in highly
efficient applications such as combined cycles, bio-refineries and SOFC’s. The latter is an intensely
investigated platform, but has not been widely applied, namely due to costs [2]. The SOFC technology
offers good fuel flexibility and very high efficiency, which makes them an ideal fit with gasification. By
harnessing all of these characteristics in a single system, gasification-SOFC systems can prove to be an
integral part of increasing efficiency and potentially reducing costs in future energy systems [3].

Biomass gasification product gas has been tested with SOFC in laboratory-scale on several occasions e.g.
[4]1[5][6][71[8][9][10]. Till this point, most tests have featured single cells, at low loads and/or for short time
periods with their focus mostly on gas quality. A few studies have however tested SOFC stacks with product
gas, showing electric efficiencies of the stacks between 38-46% and modeled gasification-SOFC-combined
cycle efficiencies up to 62% [4][6][9]. Similar for these 3 studies is that they all applied a significant level of
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gas conditioning between the gasifier and SOFC including tar removal, inorganic removal and scrubbing,
which in turn increases the complexity and cost of the plant. It is therefore important do discover
alternative systems that require significantly less and/or simpler cleaning equipment.

While the potential is high, there are still considerable technical challenges of the gasifier-SOFC system that
needs to be addressed. One of the key challenges is the SOFC’s low tolerance for gas impurities, which for
most product gases mainly include sulphur and tar. Chlorine and other components can also be a serious
concern, but is not relevant for this study because the gasifier does not produce any of these and it will
therefore not be discussed further —the reader is referred to e.g. [11][12][13]. The impact of sulphur and
tar is affected by several factors including temperatures, materials and gas composition and therefore this
study will shortly review Ni-YSZ-based cells (as this study applies) mostly in the 700-850°C temperature
range with varying gas compositions.

Sulphur

The influence of sulphur on catalytic and chemical activity has been studied intensively. The main subject to
sulphur poisoning is that the nickel catalysts in the cell are subject to deactivation and it is generally
accepted that sulphur poisoning causes lower SOFC performance via lower hydrogen oxidation, water-gas
shift reactions and steam reforming of hydrocarbons [14][15][16][17].

Sulphur poisoning experiments with pure H,-fuel have shown high SOFC performance losses at even a few
ppm. Rasmussen and Hagen [18] studied the impact of H,S and experienced at voltage drop of 10% at
850°C for 2 ppm. Similar results were found at 2ppm by Blesznowski et al. [13]. Sasaki et al. [19] also
studied H;-operation, finding that 5ppm H,S caused a 20% performance drop at 1000°C and >50% at 850°C.

Tests with product gases or comparable gases have however showed higher tolerances to sulphur. Rostrup-
Nielsen et al. [15] investigated the effect of H,S addition to a catalytic partially oxidized jet fuel with a 11%
CO, 13v% CO,, 12v% H,, 2v% CHa4, 60% N, composition in a SOFC stack. The tests showed that at
temperatures of 800°C the performance was not impacted at 10 ppm H,S, but the power production
dropped roughly 10% at 50ppm at 700°C and 800°C. Similarly Schubert et al. [20] studied reformate gas
(27v% H,, 11v% CO, 3v% CO,, 2v% CH4, 51 v% N,) to which 8, 10, 15 and 20 ppm H,S was added. At 850°C
performance losses were <4% when the sulphur was added. In a more extreme case Trembly et al. [21]
found that coal syngas with similar composition and 200-240ppm H,S only caused reductions in power
production of 6-13%, which in line with the other studies point to a saturation/equilibrium condition at the
anode. Li et al. [22] studied an 800°C SOFC with a synthetic syngas (4v% CHa, 5v% CO, 13v% CO,, 48v% H,,
30v% H,0) an with an introduction of 2ppm HsS, no decline in performance were observed besides a
reduced methane conversion. Bao et al. [23] found that 1ppm H.S caused a performance drop of 2-4% at
750°C (30v% CO, 12v% CO3, 31v% Hy, 28v% H>0). Li et al. [24] found that especially steam and CO; had an
effect on the sulphur tolerance of an SOFC at 800°C, as they benefitted the recovery of the cell after
12.5ppm H,S exposure. The authors suggest that the presence of these components can suppress the
formation of elemental sulphur at the anode and hence increase the recovery rate. Hofmann et al. [7]
operated a SOFC with product gas at 850°C and experienced an unintentional slip of up to 1.5ppm, which
did not affect the performance.

Hence only very few ppm, if any, of sulphur should be allowed to enter the SOFC if stable short-term
operation and very low performance losses are to be maintained. Dependent on fuel, in the range of
10ppm at 800°C, and lower yet for reduced temperatures, might be applicable. This also suggested in [12].



Tar

Unlike sulphur and chlorine, tars and lighter hydrocarbons are not necessarily poisonous to the catalysts
inside the fuel cell and can be considered fuel components to some extent. However, as with hydrocarbons
carbon deposition should be evaluated at the given circumstances. Tars are a diverse group of
hydrocarbons, that ranges from relatively simple aliphatic organics to highly polymerized aromatic
hydrocarbons and their structure vary depending on the current design of the process, which should be
kept in mind when evaluating experimental studies [25].

While the literature about tars is not as deep as for sulphur, several studies have shown that a high
concentration of tar can be processed effectively inside the SOFC. Baldinelli et al. [26] operated an 800°C
SOFC up to 10g/nm? with Toluene as model tar and Hofmann et al. [7] operated an 850°C SOFC with a
>10g/nm? real tar load, with neither experiencing performance degradation, but increases of performance.
Both studies did however operate under very low loads, with fuel utilizations only up to around 24%. Tests
at lower temperature of 735°C by Mermelstein et al. [27] with a tar load of 15g/nm? benzene using
simulated product gas did however find that carbon formation was significant. The carbon deposition was
found to be significantly different for other anode materials.

Aim of this study

As an extension of previous tests with a SOFC single-cell for 150 hours [5] and stack for 145 hours [4], this
study will investigate the use of product gas from the commercialized TwoStage Viking gasifier in a
commercial SOFC stack. Specifically, it will investigate the performance using only minimal gas cleaning —
incuding a test with no gas cleaning prior to the stack. Also, differences in air- and 0,-CO,-blown product
gas and the effect of SOFC temperature is investigated.

2 Methods and materials

2.1 Test overview

Tests was carried out over 3 days in which the SOFC stack was coupled to the TwoStage Viking gasifier plant
(see Section 2.2 for details). The first day featured air-blown operation of the gasifier and the last to
featured 21v% O3 in CO; as gasification medium — gasification tests are described in detail here [28]. On Day
1 and 2, the operation conditions were changed by varying the SOFC operation temperature and gas
composition, whilst using an active carbon filter and a desulphurizer at the SOFC setup. On Day 3, the gas
cleaning equipment at the SOFC setup was removed and product gas was fed directly to the stack. An
overview of the tests is shown in Table 1.

Test # Time Gasification SOFC operating SOFC current Gas cleaning
media temperature [°C] range [A]

1 Day 1 Air =700 0-20 Yes
12:25-15:53

2 Day 1 Air =800 0-20 Yes
16:42-18:54

3 Day 2 21v% O, in CO, =700 0-20 Yes
12:22-15:20

4 Day 3 21v% O, in CO, =700 0-20 No
13:33-17:02

Table 1 — Overview of experimental tests



2.2 The TwoStage Viking gasifier and fuel analysis

The TwoStage gasification concept has been developed for many years at the Technical University of
Denmark. It is staged system that relies on separate pyrolysis and char gasification with a partial oxidation
zone in between to process wood chips — see Figure 1. This reactor design allows both high heat integration
and internal tar conversion that manifests itself in a negligibly low tar concentration in the product gas. The
hot product gas from the char reactor is cooled to =90°C and then led through a simple bag filter and a
condenser before being led to a buffertank that serves the SOFC setup. Data from the 80kW:, TwoStage

Viking gasifier plant has previously shown tar levels of <15mg/nm? and a very high cold gas efficiency of
93%wet [29][30].
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Figure 1 — Schematic overview of the Viking gasifier with an installed steam dryer and 0,-CO, mixing setup [28].

This article does only concern itself with the product gas flow into the SOFC setup and the reader is
therefore reffered to [28] for detailed details and data for the 0,-CO; gasification.

Fuel

Danish spruce wood chips were applied as gasification fuel —the C, H, N, O content are given in [28]. An



inorganic analysis was carried out via ICP-OES analysis as shown in Table 1. The primary elements, C, H, O
and N were not measured, but figures to be very close to previously measured values [30]. The moisture
content was measured to 16-17% on 4 occasions.

Element Al B Ca Cu Fe K Mg Mn Na P S Zn

Sample #1 | 38.6 | 1.6 | 1063.0 | 1.2 | 384 | 295.0 | 116.5| 8.2 112.2 | 76.2 | 1303 | 8.7

Sample#2 | 369 | 1.3 | 10619 | 1.5 | 36.2 | 262.1 | 113.8 | 8.0 109.3 | 77.2 | 1255 | 85

Table 2 — Inorganic elements detected in the applied wood chips [ug/g]ary,biomass

2.3 SOFC setup gas cleaning

Gas from the buffertank is led via an underground pipe (with a simple gas-water separator) to the
workshop where the SOFC setup is located. Fed by a gas pump, the setup includes an active carbon filter at
room temperature and a desulphurizer — see Figure 2. The carbon filter contains a blend of Norit RB 3 and
Norit ROZ 3 active carbons. The filters can be by-passed. The gas retention time in the carbon filter is in the
range of 53s based on previous tests [4]. The desulphurizer applies ZnO pellets from Haldor Topsoe A/S at
245°C in a fixed bed reactor.

Gasifier plant Under‘ground SOFC setup
pipe
Bag : : Carbon Desulphu-
filter | | filters riser SOFC
I I Exhaust
| Pump 670°C as
Product gas ——>[}{ i | | { ~  — @ — g
ol 700°C
I I g(> ﬁ
oc | | 20°C 245°C 700°C /
| | Air Air
I I 670°C 725°C
' ' By-pass

Figure 2 — Overview of gas cleaning from the char gasification reactor to the SOFC. The underground pipe includes a water
separator. The by-pass around the carbon filter is controlled by a valve and the filters are only by-passed in Test 5. In Test 5, the
gas was led through the empty, vacuum cleaned desulphurizer reactor. Heat exchangers on the setup are not shown.

2.4 Gas analysis

The gas composition of the product gas was measured at the gasifier plant with online gas measurement
equipment on a dry and tar-free basis. An Advance Optima 2020 Modular continuous process gas analyzer
system were applied, with a Caldos 15 cell H>-analyzer, an Uras 14 cell CO-, CO, and CH4 analyzer, and a
PMA 10 Oz-analyzer. N, was calculated by the system as the difference. All analyzer has a 1%
measurement uncertainty.

As the online equipments CO,-range are limited to 30v%, gas pipette samples were taken to measure the
composition in a GC-MS. The tar concentration of the product gas was measured during the air- and O,-
CO,-blown operation with solid phase adsorption (SPA). Sulphur measurements were carried out via GC-
MS. Specific handling methods and measurements of gas pipettes, SPA and sulphur can be seen elsewhere
[28]. While the samples were not taken directly at the SOFC inlet, previous tests [4] showed that the
sulphur content into the SOFC setup was typical for previous measurements at the gasifier [5][31].

2.5 Solid oxide fuel cell
Topsoe has produced and delivered the ‘S 1-02’ SOFC stack. It is a 50-cell planar and anode-supported type
with an yttrium-stabilized zirconia- (YSZ) and nickel catalyst-based anode structure. The electrolyte is based




on YSZ and the cathode lanthanum strontium manganite (LSM). The nominal capacity is 800We.. The stack
was installed without manifold in an electrically heated oven as shown in Figure 3. The stack was operated
near atmospheric pressure.
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Figure 3 — SOFC stack mounted in oven.

Concrete operating temperatures and gas flows during the tests are given in Table 2.

Test# | Product gas Exhaust gas Airin Air out Gas flow?
[°C] [°C] [°C] [°C] [I/min]

1 650-674 669-694 653-671 677-735 25.0

2 756-778 765-788 732-754 787-823 25.0

3 650-673 672-692 653-667 686-734 24.8

4 648-673 668-696 654-670 673-736 24.0

Table 3 — Gas temperature measurement ranges and average gas pump flow. 2Average flow measured over 214min via manual
flowmeter readings.

The stack is started up by adding a small flow of Fomier10 gas (10v% H, in N,), whilst being heated at a rate
of 200K/h. As the operating temperature is reached, the setup is fed for 15min with Formierl0gas and
thermally stabilized to a point where only insignificant changes in temperature occur. Then product gas is
added for 228min at open-circuit voltage (OCV) for near-complete thermal stability. SOFC data points has
been logged by the second and they will be utilized as averages over 23min at the given current. The
averaged data is taken after approximately 1min of stabilization time at the new current. At 20A the
average is taken over 215min.

3 Results and discussion

3.1 Gas composition and SOFC temperatures

The product gas composition was similarly stable in all tests. As an example of this, the online composition
from Test 1 and 2 is shown in Figure 4. The average gas compositions for Test 1-3 are shown in Table 4. It
was not possible to take a sample for gas composition during Test 4, but operating conditions were almost



identical to Test 3 at the reactor outlet (714-692°C in Test 3 and 708°C in Test 4 [28]) and the moisture
content were within 1% on 4 occasions, hence the gas composition is therefore expected to very similar.
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Figure 4 — Gas composition for air-blown operation during Day 1. The spikes of N, are caused by filter flushing and these are
minimized around 17:30 where the gas analysis is taken after the product gas buffer tank instead of before.

Day - time Test # H, CO; co CHa N2 SUM
[v%] [v%] [v%] [v%] [v%]

Air 1- 1 27.8 14.9 15.1 0.2 41.3 99.3
12:45-15:53

1- 2 26.1 14.5 15.6 0.2 42.9 99.3
16:42-18:45

21v% 2-13:20 3 21.2 43.2 24.9 0.16 4.7 94.2

0,-CO> 2-13:22 3 20.6 44.3 25.8 0.22 4.6 95.5

Table 4 — Average online gas analysis for air and single-sample gas chromatography data from gas pipette samples for 0,-CO,-
blown product gas.

Four SPA samples from the air-blown operation only showed 0-3mg/nm?3 of pyrene before and after the
bag filter, while three SPA samples during 0,-CO, operation showed only 0-1mg/nm? of pyrene. No other
tar components were found.

Sulphur results sampled at the gasifier are shown in Table 5. The low levels of up to 3ppm is very similar to
previous tests with the system [4][5][31].

Samplingtime Location Gasification H,S CosS Total S
media (ppm] (ppm] [ppm]
Day 1, 12:23 After filter Air 0.1 0.5 0.6
Day 1, 12:36 After filter Air 0.4 1.0 1.4
Day 3, 10:57 After filter 21v% 0,-CO, 0.4 24 2.8




Day 3, 11:41 After filter 21v% 0,-CO, 0.2 1.3 1.5

Day 3, 12:12 After filter 21v% 0,-CO; 0.2 1.3 15

Table 5 — Measurements for sulphur in the product gas for Tests 1 and 4.

3.2 Air-blown product gas operation: 700°C vs 800°C

SOFC data for the air-blown Tests 1 and 2 are given in Figure 6. Stack voltage and power density were
increased up to +11% and are at +8% at 20A when comparing 800°C to 700°C. Only minimal changes in gas
composition is seen between the tests (Table 4). The results for 700°C are in line with previous tests [4].
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Figure 5 — Stack voltage and power density as a function of applied current at 700°C and 800°C using air-blown product gas.

3.3 02-CO; product gas operation: with and without gas cleaning

SOFC data for the 700°C Tests 1 and 3 are given in Figure 7. Differences in stack voltage and power density
were fluctuating between -2.0% and +2.5%. Small differences in operation between the tests are seen, the
key being the difference in gas composition as the CO content is significantly higher in Test 3 (25.4v% vs
15.1v% in Test 1). While the molar hydrogen equivalent (Equation 1) is 7.5% higher in Test 3, CO causes a
higher overpotential/loss during conversion due to its lower diffusion rate [32][33][34], which lowers the
voltage.
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Figure 6 — Stack voltage and power density as a function of applied current at 700°C using air- and 0,-CO-blown product gas.

In Test 4, the ZnO pellets were removed from the desulphurizer and the reactor was vacuum cleaned
thoroughly — see Figure 7. The setup was then started up as usual (see Section 2.5) with Formier10gas.
While no gas composition measurements were taken during Test 4, the operating temperatures of the
gasifier were very stable — see Figure 9. Product gas was added through the carbon filters to the setup at
OCV, and after 30min of stable operation the carbon filters were by-passed. Following 30min of operation
without gas cleaning, it can be seen on Figure 7 that the impact was negligible. The sulphur content into the
system was 1.5-2.8ppm sulphur (Table 5). Therefore it was decided to ramp up the current to investigate
any possible effects at higher current densities.

Figure 7 — Emptied and vacuum cleaned desulphurizer reactor
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Figure 9 — Operating temperatures of the gasifier during Test 4

SOFC data for the 0,-CO,-blown Tests 3 and 4 (with and without gas cleaning respectively) are given in
Figure 8. Differences in stack voltage and power density are down to -5.2% and are at -2.5% at 20 A. One
difference in operation between the tests were that the pump flow was 3.2% lower in Test 4, which

indicates the change in performance with and without gas cleaning is negligible.

Following Test 4, the current was ramped down to OA and the system was stabilized for 5min. The average
voltage over the following 15min was 50.3V. For comparison, the average voltage in Figure 8 was 49.7V,

which indicates no significant damage to the stack. This is however somewhat inconclusive as no hard data

for situational gas composition and only a short evaluation period were given.
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Figure 10 - Stack voltage and power density as a function of applied current at 700°C with and without gas cleaning using 0,-CO,-
blown product gas.

3.4 Stack efficiencies

The fuel utilization (FU) is a dimensionless base of comparison for fuel cell load between tests that operate
different fuel flows and/or gas compositions. A molar hydrogen equivalent, nuzq, is calculated based on
complete conversion of CO and CH, with steam - shown in Equation 1. While there is only a negligible
steam content at the conditions of these tests, the equivalent is only used to determine the traditionally
used utilization parameter. The FU is defined in Equation 2 on a molar basis. N, is the number of cells in the
stack, / is the current and F is Faradays constant. The average gas compositions from Table 4 are used for
the calculation — Test 3 as an average of the latter two compositions. The gas temperature at the gas pump
is assumed to be 15°C. The values at peak performance for Test 1-3 are given in Table 6 along with the
corresponding electric (gas-to-power) efficiencies and should be seen as a supplement to the discussions in
Sections 3.2 and 3.3.

NH2-eq =NMH2 T Nco +4-NcHy
Equation 1

1N,
Fu=2F _
NH 2-eq

Equation 2

Test 1 Test 2 Test 3

FU [%] 67.3 69.2 63.0

Nsorc® [%] 35.8 39.6 32.6

Table 6 — Fuel utilization and electric efficiencies for Test 1-3 at 20A. 2Calculated electric gas-to-power efficiency via Equation 3,
where W is the produced power and V is the volume flow of product gas to the stack.
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Wsorc

Nsorc Voas LHVgas

Equation 3

4 Conclusions and further work
The study presented successful operation of a relatively simple TwoStage gasifier-SOFC system. Only

minimal gas cleaning was applied with a 90°C bag filter, room-temperature carbon filter and a
desulphurizer separating the gasifier and the SOFC. Gas-to-power efficiencies reached up to 39.6% at fuel
utilizations up to 69.2%. An 8-11% increase in power and 3.8% increase in efficiency was seen when
increasing the SOFC operating temperature from 700°C to 800°C. Changing air- to 0,-CO,-blown product
gas was seen to effect the performance, as the SOFC efficiency was seen to decrease due to the lower
performance of CO compared to H,. As the carbon filter and desulphurizer were bypassed, no short-term
changes in operational voltage was seen with 1.5-2.8ppm sulphur in the feed gas. This indicates that the
gasifier design can be a key feature when constructing gas cleaning trains for gasifier-SOFC systems, as in-
situ gas cleaning can reduce the downstream cleaning significantly.

Further work in gasification-SOFC systems will be carried out in the ‘Efficient Power 2 Gas’ research project
in the ForskEL-programme, which will feature pyrolysis gas operation and studies of SOFC/SOEC flexibility.
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whilst enabling very high system efficiency.
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1. Introduction

It is very cost-effective to use biomass-based energy to reduce
the impact on climate change, because it to a large extent can be
directly utilized into the current fossil infrastructure. Biomass as a
flexible resource can be used for heat and power production, but is
especially relevant as a carbon source for transport fuels. The fuels
can be produced in a number of ways, but the thermal gasification
platform offers maximum fuel and product flexibility along with
very high conversion efficiency.

The production of biofuels via biomass gasification is a well-
studied area and there are a number of limitations and challenges
in this coupling of technologies which are namely associated with
gas quality. Synthesis reactors are very sensitive to harmful gas
impurities such as tars and inorganics and while no hard conclu-
sions can be made on tolerances' some overall considerations can

* Corresponding author.
E-mail address: rgad@kt.dtu.dk (R.@. Gadsbagll).
! Tolerances for gas impurities are set based on catalyst, operating conditions and
economic analysis and will vary.

https://doi.org/10.1016/j.energy.2018.06.071
0360-5442/© 2018 Elsevier Ltd. All rights reserved.

be made. These reactors utilize catalytic material at elevated tem-
peratures of =200—700 °C for synthesis [1,2,3], which are typically
in the range of the dew points of tar species in the product gas at
~200-500 °C, which can cause fouling of equipment via conden-
sation [4,5,6] and deactivate catalysts via carbon deposition [1,7].
Hence tar concentrations should be kept very low, in range of
<100mg/Nm?, depending especially on the dew point at the given
conditions when applying catalytic reactors [1,8]. Sulphur and
chlorine are both poisons to catalyst reactors and should be
removed to <0.1-1.0ppmv and preferably completely removed to
ensure years of catalyst lifetime [9,10].

Another critical gas component, nitrogen (N3) is of special in-
terest when coupling gasification and biofuel synthesis. It is espe-
cially central when synthesizing gaseous fuels such as synthetic
natural gas (SNG), as nitrogen separation is expensive and dilution
of the gas product might bring the Wobbe index and relative
density out of the limits of the local natural gas grid.” This typically
limits the nitrogen content to a few percent of the final product. As

2 According to Danish law, the Wobbe Index must be higher than 50.76 MJ/Nm?
(HHV) and the relative density must be higher than 0.555 [34].
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an inert gas, nitrogen is also problematic as it will increase the size
of the costly synthesis reactors and is recommended around <2v%
[10].

1.1. Modifying the TwoStage Viking gasifier

The TwoStage Viking gasifier has been developed for many years
at the Technical University of Denmark [11]. The air-blown down-
draft system is designed with separate pyrolysis and gasification,
with a partial oxidation (POX) in between and is namely charac-
terized by its ability to process biomass into product gas at a very
high cold gas efficiency of 87—90% (dry) and a very low tar content
of <0.1mg/Nm?> [12,13]. The plant is presented in detail in Section
3.1. In order to develop the fuel synthesis application platform of
the system, oxygen-blown operation is desired to avoid nitrogen
dilution of the product gas - which coupled with the high efficiency
and low tar content would make the system ideal for biofuel pro-
duction. This study will therefore investigate an oxygen-blown
configuration of the gasifier system.

The oxygen is initially projected to be used with a carrier gas
such as CO, or steam in order to ease the implementation, obtain
operating parameters similar to air and protect equipment, as it
acts as a thermal buffer during oxidation and reduces potential
erosion from the hot oxygen flow in the heat exchanger and piping.
CO; is initially preferred over steam as carrier gas, as it: 1) can be
easily implemented from gas bottles; 2) is much less energy intense
(no need for vaporization) to implement; 3) and can possibly be
recycled from a downstream product upgrader (CO, separator) and
led back to the POX.

Replacing N, with CO, is expected to affect the POX zone, as the
gases have significantly different properties - see Table 1. While no
studies have been found on 0,-CO, partial oxidation of pyrolysis
gas, several references [14,15,16,17,18] have dealt with flame studies
of 0,-CO; burners in oxy-fuel combustion of coal. The main dif-
ferences between these burners and typical air burners are related
to the gas properties that can cause (21v% O, and similar flow rates
as reference):

e Higher flame instability and flame retarding via a lower flame
propagation speed [14,15,17].

e Generally lower gas temperatures of =100—200°C [15,16].

e Increased diffusion resistance of CO, that can cause a more
compact flame [16].

o Similar operational parameters for air and 0,-CO5, are reached at
O, concentrations of 28—35v% [14,15,16,17].

Thus it will be important for the POX zone to optimize the
mixing/contact between reactants to obtain a stable flame and
maximize the tar exposure to high-temperatures in the potentially
smaller flame zone, which will be even more important as the
temperature is expected to decrease.

Gasification with 0,-CO, mixtures has been studied on several
occasions and compared to air-blown operation. Pohorely et al. [19]
studied air and 0,-CO, (21v% O3) gasification in a limestone-fed
bubbling fluid bed at 850°C and found that replacing N, with
CO; generally heightens both carbon conversion and cold gas

Table 1
Properties of N, and CO, at 850 °C and 1 bar [18].

efficiency compared to air. This could partially be due to an
increased inlet energy content, as the CO,-mix has a higher heat
capacity and same inlet temperature as the air. Higher CO and lower
H, yields were also found, likely due to a shift in the water-gas shift
equilibrium. Tar and light hydrocarbon concentrations were found
to be significantly higher for O,-CO, operation, which the authors
explain by increased CO and CO; partial pressures that could shift
the reforming reaction equilibrium away from conversion. Similar
findings of carbon conversion, effciency and CO, and Hj yields were
found by Hanaoka et al. [20]. The study gasifies aquatic biomass at
900°C in a downdraft fixed bed reactor with 0,-CO, and O,-He
operation and also found that an increased CO, flow caused larger
concentrations of sulphur species (HzS, COS), which could be
related to increased carbon conversion, as the sulphur content of
the char were found to be relatively high.

This study will present the use of 0,-CO, in the TwoStage Viking
gasifier and compare it to its typical air-blown operation - both via
mathemcatical modeling and experimentally. An experimental
campaign will show the effects on the operating conditions of the
partial oxidation and the char bedm, and also assess the impact on
gas quality including gas composition, tars and sulphur com-
pounds. These aspects are not well-studied and will be investigated
further here as a link in the development of the TwoStage gasifier
and further development towards fuel synthesis applications.

2. Modeling 0,-CO,-blown TwoStage gasification

In order to project and plan out experimental work, the Two-
Stage Viking gasifier is modeled and projected with air and 02-CO;
mixtures. The core process is modeled via three main components:
pyrolyzer, POX and gasifier. The thermodynamic modeling is car-
ried out in DNA (Dynamic Network Analysis) that is a zero-
dimensional modeling tool for simulating energy systems [21,22].

Initially a model using air is constructed and calibrated to match
current gasifier data. The main assumptions are given in Table 2 and
are mainly based on the very detailed experimental campaign
report by Bentzen et al. [13]. Note that this report deals with a
previously constructed, but very similar, TwoStage gasifier plant.
The pyrolysis features a reactor that based on atomic balances and
input calculates a char and volatile fraction at the specified tem-
perature. The POX and gasifier utilizes Gibbs minimization for
calculating the gas composition and process parameters.

The model calibration included adjusting gasifier equilibrium
temperature and allocating the total heat loss of 4% on to the py-
rolyzer and gasifier. The air-blown model is pictured in Fig. 1 with
resulting key data. Main model results including gas composition
are compared to operational data for the TwoStage gasifier in
Table 3 showing an overall satisfying fit. One of the key differences
is the CH4 content that is negligible in the model, but in practice
typically 1—2% methane is formed in and/or slips by the partial
oxidation zone, which converts most of it and other hydrocarbons.
This difference will namely cause a slightly higher hydrogen con-
tent in the model as well as a slight difference in partial oxidation
temperature due to endothermic reforming reactions. The POX
(maximum) temperature is seen to be within range of the
measured temperature, but this value will in practice fluctuate

Density [kg/m?]

Heat capacity [J/mol-K]

Mass diffusion coefficient of O, in N,/CO, [m?/s]

N, 0.244 3418
CO, 0.383 57.83
Ratio N»/CO, 0.640 0.59

1.7 - 104
1.3 -10%
1.31
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Table 2
Modeling parameters.
Fuel® 49% moisture, 20 °C, composition: C=49% H = 6% O = 44% N = 0.2% Ash = 0.8% (balance) LHV = 18.28 M]/kg (dry)
Pyrolyzer Volatiles are assumed to have a H, and CH4 content of 5v% and 13v% [13], tars are represented by n-hexane (CgHy4), char yield of 25% [23], 1% heat loss of

fuel input, LHVj, = LHV,, outlet temperature of volatiles and char =600 °C
Char composition: C=93%0H=2.2% N =0.2% HHV = 33.6 MJ/kg (dry) [23]

Gasification Air: Oy =21% Ny = 77% H,0 = 1% Ar = 1%, 05-CO,: O, =21% CO, = 79%, 20 °C input, 450 °C after heat exchanger
media
Partial Assumes thermal equilibrium at outlet temperature via Gibbs minimization of volatiles-air mixture — method described in Ref. [24,25].
oxidation
Gasifier 3% fuel input heat loss [13], gas outlet thermal equilibrium = 800 °C, gas composition calculated via chemical equilibrium (water-gas shift), carbon

conversion = 99% when using air [12], pressure loss is 30 mbar, outlet temperature =750 °C

2 Composition from Ref. [12] and moisture from Ref. [13].

Wood chips
49% H,0

. + 600°C
25 C\ ( Volatiles

N/ \/ Pyrolysis \ /N> partial
f > oxidation
I
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v

Ash
(1% of input C)

Product gas
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20°C

Fig. 1. Model of TwoStage gasifier.

Table 3
Comparison of TwoStage gasifier [13] and model. All flows and fractions are dry.
Unit TwoStage Viking gasifier Model

Air/fuel flow [kg/kg] 1.36 1.33
POX temperature [°C] 1150+ 100 1191
Cold gas efficiency [%] (LHV) 90 89.1
H, [v%] 34 36
co [v%] 17 17
CO, [v%] 17 17
CHy4 [v3] 2 0
N, [v%] 31 30
LHV [MJ/kg] 6.6 6.4

between =1100 and 1300 °C.

The calibrated model is used to project various 0,-CO, mixtures,
which are compared to the air-blown mode by implementing
similar parameters. Two main weaknesses by using this direct
comparison are namely that the CH4 concentration can be affected
by a change in operation and that the product gas and air/05-CO,
temperatures are assumed constant across gasification media.

As seen in Table 4 the direct substitution of CO, for N, with 21v%
0, will cause a decline in gasifier performance with lower tem-
peratures and subsequent carbon conversion and efficiency.
Namely the higher heat capacity is responsible for this decline, as
the gasifier exhaust will have a higher content of sensible heat. In
order to keep the efficiency and POX temperature at similar levels, a
=~12% larger volume flow is required. Generally it is seen that the
efficiency and POX temperature are in the same range as for the air-
blown mode.

In line with the literature review, it is seen that an O,-concen-
tration of 30v¥% obtain very similar parameters to those of the air-
blown mode. As an extreme case, pure oxygen might be added to

the process, which is seen to obtain higher performance across
parameters, as the otherwise large amounts of N»/CO, does not
need to be heated and carried through the system. Increasing the
0, concentration for higher cold gas efficiency is in line with
experimental studies e.g. Ref. [20,26]. The use of pure oxygen on the
plant might however be challenging with regards to the present
plant design (temperatures, materials, gas flows etc.) and highly
dependent on the fuel moisture levels in order to avoid hot spots.
Therefore it is seen as reasonable to blend the oxygen with a carrier
gas in order to make the system more robust and allow dryer fuels
and potential other fuels with a lower volatile fraction that both
will increase the POX temperature.

Based on the literature and modeling studies presented, the
TwoStage Viking gasifier plant was modified and experimental
campaigns were carried out over 3 days. The campaign details are
presented in the following sections.

3. Experimental methods and materials
3.1. The gasifier plant

The TwoStage Viking gasifier has been developed for many years
at the Biomass Gasification Group at the Technical University of
Denmark. The 80kWy, gasifier pilot plant processes wood chips in
two stages: moving bed pyrolysis and downdraft fixed bed char
gasification with a POX zone in between — see Fig. 2. The pyrolyzer
employs an externally heated screw conveyer that processes the
fuel up to 600 °C by utilizing engine exhaust for heat supply. The
released volatiles and char are led to the second reactor where they
are exposed to a POX zone where 99% of the residual tar is con-
verted [27]. The hot gases and char are then led to the char bed
where the char is gasified and the remaining tars are reduced to a
minimum by a 95—99% [27], resulting in a reported tar content of
<0.1 mg/nm?> [12]. Coupled with a high carbon conversion of 99%,
the cold gas efficiency reaches 87% on dry basis and 93% on wet
basis (34 wt% moisture) [12]. The gasifier applies only a simple bag
filter for gas cleaning in order to capture particles and a condenser
to dry the product gas.

As part of the development of the system, a steam dryer has
been installed on the Viking plant. This will enable the use of fuel
with high moisture contents up to =60—70% and also enable
separation of the high-temperature pyrolysis heat exchanger area
as shown in scaled up designs [28]. The steam dryer utilizes a steam
loop, where it is moved and heated by a blower and an electrical
heater. As seen on Fig. 2, the steam is then passed through a screw
conveyer where the fuel moisture evaporates. The main fraction of
the steam is then recirculated via a blower and reheated, while the
produced moisture-steam is carried with the dry fuel to the pyro-
lyzer. The inlet steam temperature to the steam dryer was 173 °C.

The standard gasification medium is atmospheric air that is
delivered to the system via a blower. Replacing the air injection
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Table 4
Model comparison using air or 0-CO,.
Unit Air 0,-CO, 0,-CO, 0,-COy 0,

Oxygen fraction [v%] 21 21 21 30 100
Gas/fuel flow [m3?/kg (dry)] 113 113 1.26 0.80 0.22
Gas preheat to 450°C (kW] 2.6 3.6 4.0 2.6 0.5
POX temperature [°C] 1191 1085 1144 1197 1307
Carbon conversion [%] 99.0 90.2 99.0 99.0 99.0
Cold gas efficiency [%](dry,LHV) 89.1 80.9 87.8 89.2 91.0
H, [v% (dry)] 36 30 28 36 52
co [v% (dry)] 17 25 26 27 25
CO, [v% (dry)] 17 46 46 37 23
CH4 [v% (dry)] 0 0 0 0 0
N, [v% (dry)] 30 0 0 0 0
LHV nass [M]/kg] 6.4 5.1 5.1 6.6 10.8
LHV o [MJ/Nm?] 5.8 6.1 6.1 7.0 8.5

2 At 20°C, 1 bar.
b Based on 80kWy, fuel input (LHV).
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Fig. 2. Schematic overview of the Viking gasifier with an installed steam dryer and O,-
CO, mixing setup.

with an 0,-CO, mixture is done via the following setup. The O, and
CO, are supplied via gas bottles, reduced to 10 bar via reduction
valves and led to a gas mixer (Dansensor MAP Mix Provectus.) The
gas mixer is based on two mass flow controllers, which secure the
correct composition within 1%. The mixer feeds a 100 L buffer tank
with a reduction valve, that secures a stable outlet pressure at 3 bar.
The system feeds a thermal mass flow controller (Aalborg Model
GFC) that uses the original air blower signal from the PLC (Siemens
Step7) to dose the mixture near atmospheric pressure levels. The
flow controller has an accuracy of +1%. The mixture composition is
manually set at the mixer and has been thoroughly tested before-
hand. The equipment is shown in Fig. 3.

The gasifier can be operated via various strategies, but a con-
stant air/0,-CO; flow into the POX zone is chosen as the primary
setpoint. The fuel feed is automatically set to maintain a bed height
within a specified interval. The ash is discharged by the grate as the
pressure difference builds up. When switching to the 21v% oxygen-

Fig. 3. Experimental setup for converting the air-blown gasifier to 0,-CO,-blown. Left:
Gas bottles. Upper right: gas mixer. Lower right: mass flow controller.

mix, the volume flow is maintained similar to air. The 25v% oxygen-
mix volume flow is set to match the absolute oxygen flow, meaning
a smaller total gas flow is applied.

3.2. Fuel analysis

Standard Danish spruce wood chips were used as fuel for the
gasifier. The main fuel elements (C, H, N, S, O) was analyzed with
the VarioEL IIl (Elementar Analysensysteme GmbH, Germany) and
results are shown in Table 5. The inorganic elements were
measured by inductively coupled plasma optical emission spec-
trometry (ICP-OES) analysis and are shown in Table 6. The analysis
showed a high amount of Ca (1063.0 and 1061.9 ug/g), whereas the
presence of K, Mg and Na were also significant in the fuel.

The moisture content was relatively low compared to previous
tests and was measured to 16-17 wt% on 4 occasions during testing,
by weighing samples before and after at least 24 h residence in a
105 °C oven.

Table 5
Composition of dry spruce wood chips used in the experiments based on 4 samples.
C [%] H [%] N [%] S [%] O (rest) [%]
Average 53.8 4.9 0.1 0.1 41.2
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Table 6

Inorganic elements detected in the wood chips [pg/g]ary.
Element Al B Ca Cu Fe Mg Mn Na P S Zn
Sample #1 38.6 1.6 1063.0 1.2 384 295.0 116.5 8.2 112.2 76.2 130.3 8.7
Sample #2 36.9 13 1061.9 1.5 36.2 262.1 113.8 8.0 109.3 77.2 125.5 8.5

3.3. Gas analysis

Several types of analyses were performed on the collected
product gas. For tar measurements, solid phase adsorption (SPA)
was used. Sulphur was measured via gas samples and gas chro-
matography. For gas composition measurements, both gas chro-
matography from pipettes and online measurements were used,
because the gas composition were out of the online equipment
measurement range when applying 0,-CO,.

3.3.1. Solid phase adsorption (SPA)

The tar measurements were taken at two locations: before the
bag filter and after the condenser. Sampling was done through a
needle connected to the filter and subsequently a 100 ml syringe —
see Fig. 4. The needle was placed in the middle of the hot gas flow as
the samples were taken. Sample was done over approximately 30 s.

The received SPA filters were removed, extracted and resulting
samples were analyzed by gas chromatography — mass spectrom-
etry (GC-MS). The cartridges were removed from the SPE tubes and
were stored overnight after addition of 10 ml acetone, 1 ml phenol
D5 and 1ml polycyclic aromatic hydrocarbon (PAH) standard
mixture. (The PAH standard mixture included: naphthalene DS,
acenaphthene D10, anthracene D10, phenanthrene D10, fluorene
D10, pyrene D10). Theacetone was then evaporated and the sam-
ples were redissolved in 1 ml acetone. The samples were analyzed
by GC-MS using a Hewlett Packard HP 6890 gas chromatograph
interfaced to a HP5973 Mass Selective Detector (Agilent, Denmark).
Samples (1 pl) were injected in split mode (1:20) using an HP 7683
autosampler (Agilent, Denmark). The source and rod temperatures
were 230 °C and 150 °C, respectively. The products were separated
using a 0.32-mm i.d. x 30 m WCOT-fused silica column coated with
VF-23 msat a thickness of 0.25pum (Analytical Instruments as,
Denmark). The carrier gas was He at a flow rate of 1.2 ml/min.
Separation of products was achieved using a temperature program
from 70 to 250 °C at 10 °C/min. The applied ionization energy was
70 eV. Full mass spectra were recorded every 0.3s (mass range m/z
40—450). Products were identified using NIST search engine
version 2.0 f. (Agilent, Denmark). The deuterated stable isotopes
were used as internal standards and used for quantification, as they
were added to the system in a known amount.

3.3.2. Sulphur measurements

Gas sampling for analysing the sulphur components H,S and
COS were performed Day 1 (air blown gasifier operation) and Day 3
(25v% oxygen blown gasifier operation). Both days sampling were
performed upstream (before particle filter) and downstream (after

Fig. 4. SPA sampling: needle with cartridge fastened to syringe via rubber band.

the condenser) of the gasifier gas cleaning equipment. Three
samples were taken at each location comprising a total number of
six samples each of the two days. The gas samples were extracted
into dedicated 5 L Supel™ Inert Foil gas sampling bags with screw
cap valves from SUPELCO. Upstream gas cleaning the product gas
pressure was negative and an EX gas pump was used to extract the
gas into the SUPELCO bags. Downstream gas cleaning the product
gas pressure was positive and large enough to fill the sampling bags
by just opening the sampling port valve. Prior to the sampling the
sampling connection tubes were flushed to get rid of air and
accumulated condensed water in the sampling ports.

The sampling on Day 1 was performed as described above, but
the subsequently analysis revealed sensitivity issues using the
Agilent GCMS due the high water content in the gas samples.
Therefore it was decided to add an amount of helium (He) to the gas
sampling bags before performing the actual measurements at
October 12. The result was diluted gas samples with water dew
point lower than 100% (unsaturated gas samples) which caused
lesser issues during analysis.

Analysis was done with an Agilent 7890A gas chromatograph
combined with 5975C mass selective detector. Pre-concentration of
the sample was done with a Markes Unity 2 thermal desorber with
air sampler. Pre-concentration conditions: Markes T6SUL-2S cold
trap at —30°C; gas flow 50 ml/min during 5 min. Injection: trap
heating at maximum rate to 300 °C; total split ratio 29.4. Analysis:
separation of H,S and COS was done at an Agilent DB-5ms column
(20 m x 180 mm x 0,14 mm) at 35 °C with He as carrier gas. Other
components were removed from the column by heating to 200 °C
at 25 °C/min.

3.3.3. Gas analysis from gas pipettes

The gas sampling was done after the product gas condenser,
where the pipettes were connected to the sampling port with a
rubber tube — see Fig. 5. The vessel was flushed thoroughly for
roughly 1 min by opening both ends and afterwards filled. Gas
analysis was carried out within 1-2 h to avoid leakage of H,.

The samples were analyzed by an Agilent Technologies 7890A
gas chromatograph (Agilent, Denmark). Samples (volumes
100—1000 pul) were injected in split mode (1:25) using Pressure-
Lok® Syringes (Vici, Baton Rouge, USA). For measurements of H, CO
and CHy, the gas components were separated using a 0.32-mm
i.d. x 25m PLOT-fused silica column coated with Molsieve 5A

Fig. 5. Gas pipette sampling with rubber tube connection to sampling port.
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(Analytical Instruments as, Denmark). The carrier gas was Ar at a
flow rate of 1 ml/min. For CO measurements, He carrier gas was
used. Separation of products was achieved using a temperature
program from 50 to 235 °C at 10 °C/min. For measurements of CO»,
the gas components were separated using a 0.32-mm i.d. x 25 m
PLOT-fused silica column coated with Poraplot U (Analytical In-
struments as, Denmark). The carrier gas was He at a flow rate of
1 ml/min. Separation of products was achieved using a temperature
program from 75 to 235°C at 16 °C/min. Gas components were
detected with a thermal conductivity detector (TCD).

3.3.4. Online gas measurements

On dry and tar-free basis, the gas composition were measured
by an Advance Optima 2020 Modular continuous process gas
analyzer system. The system was equipped with a Caldos 15 cell for
analysis of H, and an Uras 14 cell for CO, CO, and CHy4 (ABB). The
only issue with the Uras 14 cell was that the CO, measurement
range is 30%, which makes the gas composition data unprecise
above this limit. An PMA 10 O,-analzer were also applied. N, was
calculated as difference. All of the equipment has a +1% unvertainty
range.

4. Experimental results

The gasifier was heated up to stable operating conditions over
roughly 24 h using initially gas burners and afterwards air-blown
operation from afternoon till next morning. The reported tests
were carried out over 3 following days: Day 1 - air-blown, Day 2—21
and 25v% 03-COz-blown, Day 3—21v% 0,-CO,-blown. While tests
were run during work hours, the system was kept thermally stable
by operating it fully automated and unmanned overnight with air.

4.1. Operating temperatures and gas composition

Time dependent temperature data for air and 0,-CO, operation
is shown in Fig. 6 and Fig. 7 respectively, while the corresponding
online gas measurements are given in Fig. 8 and Fig. 9. Temperature
measurements were taken after the air preheater, at the POX zone,
just above the gasifier grate and at the reactor outlet and all pa-
rameters showed satisfying process stability. In- and decreasing
trends can be due to changes in fuel moisture and/or thermal sta-
bility. The operating data is within range of previous tests with the
gasifier [12,13,25].

The operating temperatures and gas compositions are summa-
rized as averages in Table 7 and gas pipette gas compositions are
given in Table 8. As discussed in the modeling study (Section 2), it is
seen that the general trend is that the temperatures are decreasing
in the gasifier as the process is switched from air to 21v% 0,-CO;: a
POX temperature reduction of 52—69 °C with grate temperatures
decreasing with 31—36 °C. The preheating temperature is generally
somewhat lower, which is expected as the heat capacity is signifi-
cantly higher compared to air. At 25v% oxygen, both preheat, POX
and grate temperatures are increased and are more similar to air-
blown data.

The N, content is drastically reduced, but a couple of percent-
ages remain, which is mainly due to fuel feed ash silo N, purging.
The level is expected to be reduced to a negligible content if e.g.
CO,-purge is applied instead. As expected from the modeling, the
H, content is slightly lower, which is likely a result of a displace-
ment in the water-gas shift reaction as the CO, concentration is
much higher. The CO, and CO concentrations are in line with the
predictions of the model, but slightly lower though. This small
difference can — amongst several minor differences — be partly
attributed to a lower steam content (model fuel moisture 49%,
while 16—17% experimentally) content that will promote CO,
conversion in the char bed. As mentioned, the oxygen flow is
constant across tests, meaning that the CO, will be lower at 25v%
0, which is the main cause of the lower CO, concentration at this
condition. The lower CO level at 25v% 0,-CO; is likely due to
reduced char-CO; gasification reactions. Methane contents are low
and similar for both tests as the POX temperature remains high.

The samples during the 25v% 0,-CO, operation is seen to be
somewhat inaccurate, as the sum of gas components did not close
in on 100% and it is still unknown why this is the case.

4.2. Tars and inorganics

Tar measurements are shown in Table 9. For air-blown opera-
tion, the results show expected low results in the low mg/m3-range
with only PAH compounds present. The particle filter is seen to not
cause any significant reduction in tar concentration, however on
day 1 no tars could be measured after the filter. While the relative
difference between tar concentrations in the air and 0,-CO; sam-
ples is high, the absolute difference is seen to be very small. Hence
no significant difference is seen between the two states. It is
however interesting to provide a brief overview of the parameters
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Fig. 6. Operating temperatures for air-blown operation during Day 1.
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that could cause a difference (char bed height and product gas

flows were seen to be similar across the samples and are not ex-

pected to impact the tar):

e Reduced grate and POX temperature with 0,-CO, of =60 °C and
=40 °C respectively will decrease tar conversion, as the con-
version by thermal and chemical (char) means will be reduced.

Table 7

Day-by-day Averaged temperature and online gas data for the test campaigns.
Test Time period Day  Tpreheat [°C] Tpox [°C] Tgrate [°C] Toutlet [°C]
Air 1 686 1177 792 736
12:45—-18:45
Air #2° 2 680 1188 766 719
0:00-6:13
21v% 0,-CO, 2 683 1137 730 714
6:44—-9:20
21v% 0,-CO, 2 604 1136 735 692
13:05—-15:24
25v% 0,-CO, 2 616 1149 745 689
15:24—-16:24
Air #3° 3 640 1183 766 695
0:00—-6:23
21v% 0,-CO, 3 595 1114 731 708
10:42—-17:00

¢ Test data for overnight operation without gas analysis.

e Applying a CO,-rich gasification medium will affect the char
structure, as it has shown to produce char with a larger micro-
structure, specifically increase micro- and mesopore area e.g.
Ref. [29], which will likely increase tar conversion [29,30].
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Table 8
Data from online gas analysis (air) and gas chromatography data from gas pipette samples (21v% and 25v% 0,-in-CO5).
Day - time H, [v%] CO, [v%] CO [v%] CHy4 [v¥%] Ny [v¥%] SUM
Air 1-12:45—-18:45 27.0 14.7 153 0.4 421 99.5
21v% 0,-CO, 2—-11:15 24.0 42.6 26.9 0.05 4.6 98.2
2-13:20 212 43.2 249 0.16 4.7 94.2
2-13:22 20.6 443 25.8 0.22 4.6 95.5
25v% 0,-CO, 2—15:50 21.2 393 18.6 0.04 3.8 82.9
2—-16:50 22.8 394 20.6 0.09 4.6 87.5

Table 9

Tar measurements [mg/Nm?] before and after the bag filter of the gasifier. Preliminary samples were taken during the initial tests of system 2 months prior to the main

experimental work that is reported here — operation conditions were very similar.

Time Location Gasifier medium Pyrene Naphthalene Sum [mg/Nm?] Sum [ppm]

Pre-liminary Before filter Air 49+0.2 0 4.9 N/A

Pre-liminary After filter Air 4.2+0.5 0 4.2 N/A

10:29 Before filter Air 2.8 0 2.8 0.003

Day 1

11:00 Before filter Air 3 0 3 0.003

Day 1

10:05 After filter Air 0 0 0 0

Day 1

10:17 After filter Air 0 0 0 0

Day 1

Preliminary Before filter 21v% 57+0.8 35+25 9.2 N/A
0,-CO,

Preliminary After filter 21v% 3.8+0.2 6.5+04 103 N/A
0,-CO,

13:53 Before filter 21v% 0 0 0 1}

Day 2 02—C02

13:42 After filter 21v% 1 0 1 0.001

Day 2 0,-CO,

13:47 After filter 21v% 0 0 0 0

Day 2 0,-CO,

e Byincreasing the CO, partial pressure, it is likely that an increase
in dry reforming of tar over the char will be present and hence
decrease the tar concentration.

Gas samples were taken during Day 1 and 3 to assess the
sulphur load and results are shown in Table 10. The range of
0.6—2.8 ppm total sulphur is within previous measurements of the

gasifier of 3.7 ppm of COS (no HS) [25], 0.17—0.28 ppm of COS (no
H,S) [32] and <2 ppm HjS + COS [33], which is also in line with the
sulphur content of the applied wood fuels (Table 6) and is similar to
previous analysis of wood fuel for the Viking [12]. It was expected
that the bag filter might capture some of the sulphur species, as it
will be partially coated with char from the gasifier and hence act as
a carbon filter. It is however seen that this is not the case, as the

Table 10
Measurements for sulphur in the product gas.

Samplingtime Location Gasification media H,S [ppm] COS [ppm] Total S [ppm]
Day 1 Before filter Air 0.1 0.6 0.7
12:20

Day 1 After filter Air 0.1 0.5 0.6
12:23

Day 1 Before filter Air 0.1 1.0 1.1
12:27

Day 1 Before filter Air 04 1.1 1.5
12:32

Day 1 After filter Air 0.4 1.0 14
12:36

Day 3 Before filter 21v% 0,-CO, 0.3 1.8 2.1
10:52

Day 3 After filter 21v% 0,-CO, 0.4 2.4 2.8
10:57

Day 3 Before filter 21v% 0,-CO, 0.2 1.6 1.8
11:36

Day 3 After filter 21v% 0,-CO, 0.2 13 1.5
11:41

Day 3 Before filter 21v% 0,-CO, 0.2 1.8 2.0
12:07

Day 3 After filter 21v% 0,-CO, 0.2 13 1.5

12:12




R.@. Gadsbell et al. / Energy 158 (2018) 495—503 503

filters' capture, if any, is negligible. The sampling and analysis were
carried out by Danish Gas Technology Center and the relative un-
certainty was estimated based on experiences to 40% for the first
three samples in Table 10 and 25% for the remaining samples.

Between the media, the difference in sulphur species is negli-
gible, with an additional 1 ppm extra on average for the 0,-CO,
blend. This is due to additional COS, that could be slightly promoted
with the given gas composition. As mentioned, previous tests have
shown higher COS levels when air was applied, and hence the
difference might also be due to small variations in operation from
Day 1-3.

5. Conclusions

The Viking gasifier has been successfully converted from its
original air-blown configuration to using 0,-CO, as gasification
medium. Literature, modeling and experimental studies showed
that operating conditions were expected to be in the range of air-
blown values at 21-30v% 0,-in-CO,, with partial oxidation and
grate temperatures reduced by 52—69 °C and 31—36 °C respectively
at 21v% 0O,. Detailed gas analysis for tar and sulphur species showed
that the gas qualities during O,-CO; operation were comparable to
the very high standards of the typical air-blown mode at <11mg/
Nm? and <3 ppm respectively — without any downstream gas
cleaning equipment.

Hence the system can be successfully converted to operate with
an 0-CO, blend without major additions to existing design.
Compared to the more typically applied 0;-H,0 medium in the
literature, applying CO, might be better suited for some applica-
tions, as the media can be: 1) conveniently recirculated back to the
oxygen source without need for high evaporation heat; 2) be
completely converted into biofuels by addition of electrolytic
hydrogen downstream of the system.
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economic feasibility of the polygeneration plant. This system may offer solutions in a smart energy system
connecting electrofuel, heat, and power production, toward a 100% renewable system.

1. Introduction

The Danish energy system is continuing to develop to be in-
dependent of fossil fuels by 2050 [1]. Moreover, the goal is to decrease
greenhouse gas emissions significantly in future decades [2]. This is a
challenge for the energy system, as transformation from fossil to a more
sustainable energy system is likely to increase the utilization of inter-
mittent energy sources such as wind. The energy system needs to be
flexible and adaptive for the effective use of intermittent energy sources
[3,4]. The increased penetration of wind has and will continue to
change the operation time and hourly profile loads of thermal power
plants significantly, which will severely impact their economic feasi-
bility [4]. However, the role of thermal power plants can still be im-
portant in balancing demand and supply; to phase out fossil fuels cost
effectively using intermittent resources, a smart system must be coupled
with a flexible thermal plant that can produce additional electricity
when required or store electricity when production is high but demand
is low. Mathiesen et al. [5] stated that electricity storage technologies
such as batteries serve a function in the future energy system for
managing short-term fluctuations, but do not play a large-scale role in
handling annual fluctuations in a system with electricity produced by
intermittent resources. In a review article on energy storage technolo-
gies by Luo et al. [6], hydrogen production and fuel cells are regarded
as an option for dealing with fluctuating production from renewables,
as electricity can be used in a water electrolyser to generate hydrogen
when electricity demand is low (low market price), and hydrogen can
be used in a fuel cell to produce electricity when demand is high (high
market price). Another method could be the use of a reversible opera-
tion of solid oxide cells (SOCs) under electrolysis and fuel cell modes
[7]1, which will decrease the number of components required, thereby
increasing economic feasibility. Another means could be the use of
hydrogen to create synthetic natural gas (SNG), which can be stored in
existing natural gas grids, where the carbon source for SNG could be
syngas from gasified biomass. An important advantage of generating
SNG compared to hydrogen is that SNG has a higher energy density per
volume, which makes it easier to store and use in the transportation
sector.

Lund and Mathiesen [8] provided a 100% renewable energy system
case analysis for Denmark in the years 2030 and 2050, which demon-
strated its feasibility. However, the biomass demand is potentially high
for its sustainable utilization. Mathiesen et al. [5] further illustrated
that a 100% renewable energy system can be achieved with sustainable
biomass consumption by creating a smart energy system. In this model,
the electricity, heating, and transportation sectors are merged by pro-
ducing electrofuels using electrolysis based on electricity from inter-
mittent resources and biomass gasification, supplying electricity and
additional heat through combined heat and power plants. Connolly
et al. [9] introduced transition steps toward a 2050 smart energy
system for Europe, where the final steps involve producing renewable
electrofuels to provide new transport fuels, replace coal and oil, and
finally, replace natural gas. Thermochemical and biochemical conver-
sions are the two important bioenergy technologies for converting
biomass, whereas combustion, pyrolysis, and gasification are the main
options for thermochemical conversion [10]. The integration of gasifi-
cation and electrolysis for fuel synthesis is not a novel approach, and
has recently been researched in detail [11-15]. However, this research
did not include a reversible system that can choose between electricity
production and consumption for bio-SNG production. The purpose of
this study is to introduce a system that can provide a solution for
electricity markets with intermittent production in a future energy
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system by demonstrating the relevance of the ability to change opera-
tion between producing and using electricity based on market price.
The proposed system is analyzed using the predicted hourly price
duration curve in the Danish electricity market for the years 2025 and
2035. The hypothesis is that such a system can operate with a high
capacity factor by enabling full operation all year round. This will in-
crease the economic feasibility of future energy systems compared to
using stand-alone gasifier and electrolyser plants.

1.1. System description

A biomass-based polygeneration system concept is proposed, which
includes storage of electricity from fluctuating sources. The system
produces heat, electricity, and SNG (bio-SNG), and stores electricity by
producing bio-SNG when electricity market prices are low and produ-
cing electricity when market prices are high. Fig. 1 illustrates the main
inputs and outputs of the proposed system.

This system is divided into two operation modes, namely the elec-
tricity production and bio-SNG production (electricity storage) modes.
The main components of the system are depicted in Figs. 2 and 3 for the
electricity and bio-SNG production modes, respectively. This model is
designed to operate in an energy system with highly fluctuating re-
newable energy input (for example, wind) by taking advantage of the
varying electricity prices, providing electricity and heat when required,
and producing renewable electrofuel (bio-SNG) when electricity prices
are low. This system can serve as a crucial component of a future smart
energy system, as suggested by Mathiesen et al. [5] and Connolly et al.
[91.

1.2. Analytical framework

The analytical framework is constructed based on thermodynamic
modeling using DNA software, which is a component-based thermo-
dynamic modeling and simulation tool [16]. DNA is open-source

s Bio-SNG
Biomass
Polygeneration | Electricity pign demana)
Electricity (ow demand) System
—————— Heat
—————— »
Fig. 1. Simplified diagram of proposed polygeneration system.
Electricity production mode
Air
r— —1' T T
Wood | I
chips Two-Stage
| gasifier l
: 1 Syngas I
SOEC/ Gas lEIectricity
| SOFC Used | engine T I
| fuel Heat

Fig. 2. Simplified diagram of polygeneration plant in electricity production mode.
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Fig. 3. Simplified diagram of polygeneration plant in electricity storage/bio-SNG mode.

software developed in the Thermal Energy Section of the Mechanical
Engineering Department at DTU (an in-depth description is provided by
Brian Elmegaard [17]). Mass and energy conservation is automatically
included in DNA, providing the foundation for electricity and bio-SNG
production energy analysis by the system. The techno-economic ana-
lysis was modeled in Python using process data from DNA, and the
analysis was used to determine the total revenues required and net
present value, given a range of bio-SNG and electricity prices. The
marginal cost of operation for both production modes is calculated by
fuel and other running costs, along with the electricity market spot
price, which determines the yearly running time of the system (capacity
factor). To determine the yearly running time, the current (2016) and
predicted power price cumulative curves are used, along with district
heat price scenarios over a range of possible bio-SNG prices.

2. Methods
2.1. Design of energy system

As shown in Fig. 2, the system uses wood chips in an air-blown
gasifier, and the produced syngas is supplied to a reversible solid oxide

Table 1
Process design parameters used in modeling.
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cell operating as a fuel cell (SOFC) to produce electricity. The un-
converted fuel from the SOFC is subsequently used in a gas engine to
increase electricity production further. Moreover, a significant amount
of heat is generated by the system, which is used to produce district
heating. The system is thus fueled by wood chips, producing electricity
as its primary product and district heat as its secondary product (in
electricity mode).

The bio-SNG production mode, illustrated in Fig. 3, utilizes the same
gasifier, but in this case, it is oxygen blown. Oxygen is produced along
with hydrogen in the reversible SOC, operating as an electrolyser cell
(SOEC). Hydrogen is mixed with syngas from the gasifier and converted
into SNG in a methane reactor. Significant heat is also generated in this
operation mode and used to produce district heat as in the electricity
production mode. Therefore, the system is effectively fueled with wood
chips and electricity, and its primary product is bio-SNG, while the
secondary product (in bio-SNG mode) is district heat. The main com-
ponents of the polygeneration system are described below, and the
process design parameters are illustrated in Table 1.

2.1.1. Gasification block

In both the electricity production and bio-SNG production modes,
the gasifier is preceded by a steam dryer that dries the wood chips to a
very low moisture content. The evaporated steam is used as an input to
the gasifier along with dried wood chips and either air or oxygen, de-
pending on the operation mode. The function and operation of the
specific gasifier used on this process is detailed in Refs. [18-21].
Thermochemical conversion is achieved in the two-stage downdraft
gasifier, a maturing technology developed at DTU [18,19], which can
be operated at a high cold gas efficiency. The produced syngas has a
very low tar content [19], which is achieved by splitting pyrolysis,
partial oxidation and gasification into three separated reactors. After
the wood chips have been pyrolysed, the pyrolysis gas is partially oxi-
dized at a temperature above 1100C, and then the partially oxidized gas
is passed through a downdraft bed where the gasification reaction oc-
curs. That bed consists of coke from the pyrolysis stage [18], resulting
in less than 15 mg/N m? tar in the produced syngas [20]. The very low
tar content also makes the required gas cleaning simple, only com-
prising a bag house filter for particle removal and a sulfur guard to
remove traces of sulfur. It has been demonstrated that gas from the two-

Wood chips, where the dry and ash free composition (daf) is assumed to be (wt.%): LHV = 18.28 MJ/Kkgqas. ¢, = 1.35 kJ/(Kgary * K). The biomass input is

Feedstock
100 MW" to the gasifier (LHV dry), moisture content = 45.0%.
Ultimate analysis (daf): 49.6% C, 6.1% H, 44.1% O, 0.1% N, 0.06% S [24]
Proximate analysis (db): 84.1% VM, 15.7% FC, 0.2% Ash [24]
Steam dryer Texit = 115°C. Tsuperhear = 200 °C. Dry biomass moisture content = 2 wt%. Pressure loss = 0.03 bar

b

Gasifier air blown'

P = 1.0 bar. Carbon conversion = 99% [19] (partial oxidation temperature > 1100 °C [18]). Heat loss = 3% of wood chips thermal input (LHV dry). Texi; =

730 °C [19]. The gas (excl. CH,) is assumed to be in chemical equilibrium at 750 °C. CH4/(CO + CO, + CH4) = 2.55%. Pyrolysis is modeled by assuming a
¢, = 1.85kJ/ (kg * K) for completely dry and ash free biomass. ¢, of ash = 1 kJ/(kg * K). Pressure loss = 0.03 bar. Steam to wood chip (dry) input mass flow

ratio is 0.82 at 630 °C
Gasifier O, blown®

P = 1.0 bar. Carbon conversion = 99%. Heat loss = 3% of wood chips thermal input (LHV dry). Texir = 730 °C. The gas (excl. CHy) is assumed to be in

chemical equilibrium at 750 °C. CH4/(CO + CO,+CH,) = 2.13%. Pyrolysis is modeled by assuming a ¢, = 1.85kJ/ (kg * K) for completely dry and ash free
biomass [25]. ¢, of ash = 1kJ/(kg * K). Pressure loss = 0.03 bar. O, is blown in with steam (15 mol% O, and 85 mol% H,0) in a 1.07 mass flow ratio to

wood chips (dry) at 700 °C

SOEC® Operates at ambient pressure. Exit temperature = 800 °C [26]. Losses = 5% of input electricity. 10% H, in feed steam. 10% steam in outlet H,. Current
density is set at 1 A/cm?. These data result in inlet temperature = 710 °C, total energy efficiency from electricity to hydrogen of 91% and cell area of
4912m”.

SOFC” Operates at ambient pressure. The cell area is set by the SOEC operation at 4912 m?. Inlet temperature = 650 °C. Exit temperature = 850 °C. Current density

is set to 0.5 A/cm? These data result in fuel utilization of 70%. Electric efficiency based on converted fuel = 56%

Compressor®

SNG synthesis®
water reactor: 300 °C [15]. Reactor pressure: 7 bar

Gas engine”

Nisentropic = 90%, Nmechanical = 98%. Nelectrical = 98%, compressed to 7 bar
Boiling water reactor followed by adiabatic reactor. Chemical equilibrium at reactor outlet temperature and pressure. Reactor outlet temperature of boiling

The cooled used fuel (20 °C) at ambient pressure from the SOFC is mixed with air and turbocharged to 2 bar before combustion. Electrical efficiency is 38%.

Flue gas composition is calculated based on flow and composition of oxidant and fuel. A = 2

Heat production

All surplus heat in both operation modes is used to produce district heat with a forward temperature of 80 °C and return temperature of 40 °C

@ The two-stage gasifier is being upscaled to 100 MW, and this paper is part of research to demonstrate its relevance.

b Only refers to electricity mode.
¢ Only refers to bio-SNG mode (electricity storage).
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Table 2
Components for which investment is calculated using capacity factored methods.

Unit Reference cost C,er [M€] Reference capacity CAP ¢ Scale exp. Installation factor, I¢ Lifetime Reference
Pre-processing” 0.054 33.5 tonnes/hour 0.75 2.0 20 [28]
Drying 0.017 10 m®/hour 0.74 1.5 20 [29]
Two-stage gasifier 2.50 1.0 MW input 0.6" 1.355" 20 [30]
SOEC/SOFC 0.59 5.0 MWel input 0.90 1.355% 20 [30]
Gas engine 0.950 5.0 MWel output 0.70 1.355" 20 [30]
Methane reactor 0.0230 859.0 Nm®/h gas output 0.60 2.0 20 [31]
HEX 9.45 138.1 MWth exchanged 0.60 2.0 20 [28]
Gas cooling 35.8 74.1 m%/s syngas 1.0 1.86 20 [28]
Gas filter® 1.90 12.1 m®/s syngas 0.65 2.0 20 [28]

@ Estimated value (not in reference).
" Storage and feeding systems.
¢ Gas cleaning with metal oxides is accounted for.
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Fig. 4. Cumulative curves for current and predicted power prices.
Wood chips
89.0 MW
1
1
J' 4
) 11.2 MW

Drywood Pyrolysis ;.1'5\2

reactor

Steam dryer 2
115 __DR:]_ 12 13
N I 36.0 MW
v 21
3 10a Gasifier Condensate P

\ / 11b
Air - 24 N
Condensate
/ \ 15 SOFC - 18
9 25 Air
/-\ prehea

ter
o
v 7 16 <@71&"
99 8 26

v H 5.6 MW

H ~
Ash \/A LA MW, Qesssccsaie

7

10b

27 H 29 30 D Flue 20
1 gas

10amw ¢ Fluegas
: " 28 cooler
! -]  €DEINE
AR 7.6 MW <
Used air
12.4 MW
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stage gasifier can be efficiently converted in an SOFC [21].

When the gasifier is air blown, the hot syngas is used to preheat the
air input. When the gasifier is oxygen blown, oxygen is mixed with
steam from the steam dryer and this mixture is fed to the gasifier. The
syngas gas composition and energy content were calculated by DNA,
assuming chemical equilibrium at 750 °C. The methane content was
adjusted according to the measurements.

2.1.2. Reversible SOC

SOCs are inherently reversible, and reversible SOC operation has
been demonstrated at scales of up to 120 kWe input/50 kWe output
[22]. When the SOC is operated as an SOFC, gas from the gasifier is sent
to the SOFC in which most combustible gases are converted to CO, and
H,0 through the generation of electricity and heat. The unconverted
gas is then combusted in a gas engine, which increases the total heat
and power production.

In the bio-SNG mode, the SOC is operated as an SOEC, and generates
oxygen for the gasifier and hydrogen for the methanation. The opera-
tion mode defines the SOC unit size. The current density is set to
—1.0 A/cm? when it is operated as an SOEC, and + 0.5 A/cm? when it
is operated as an SOFC.

The SOC is set to operate at an ambient pressure because this
matches the gasifier pressure and gas engine. It could also operate at the
methanation reactor pressure (7 bar) to avoid the energy consumption
and cost of a hydrogen compressor. Pressurized SOEC operation of up to
25 bar has been demonstrated at the stack level in a laboratory [23]. It
is considered infeasible to change the SOC operating pressure when
changing the operating mode (from SOFC to SOEC).

2.1.3. Gas engine

The gas engine uses unconverted fuel from the SOFC and combusts
it with air to increase electricity production, with the additional benefit
of improved heat production, as the waste heat is used to provide dis-
trict heating. The turbocharged gas engine is modeled in DNA as a
simple gas engine, where the chamber gas is burned under perfect
combustion and the electric and “cooling” efficiencies are predefined
along with pressure and heat loss. The air input is defined by the air-to-
fuel ratio, which is also set. The heat loss was assumed to be 5% of the
inlet LHV flow, and the pressure drop, 2%.

2.1.4. Synthesis reactor block

Syngas and hydrogen are synthesized in a cooled methane reactor at
a 7 bar pressure. The released heat is used for biomass steam drying and
for raising steam to SOEC. The methane reactor gas is then cooled, and
water is condensed out at an ambient temperature before being sent to
an adiabatic methane reactor to increase the methane content. Water is
completely removed from bio-SNG before it is sent to the grid.

2.2. Techno-economic analysis

The economic analysis of the polygeneration system was based on
determining the total revenue requirement (TRR) for every unit of
electricity and bio-SNG produced, and the net present value (NPV) of
the investment. The cost of each system component was estimated using
data found in the literature and adjusted to represent the capacity of the
system components with the desired biomass input [27].
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Mass flow, temperature, and pressure for all state points in Fig. 5.
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Table 5
Mass flow, temperature, and pressure for all state points in Fig. 6.

Node M (kg/s) T (°C) P (bar) Node M (kg/s) T (°C) P (bar)
1 9.95 15 - 1 9.95 15 -
2 73.6 115 1.018 2 72.94 115 1.043
3 73.6 200 1.018 3 72.94 200 1.043
4 4.42 115 1.018 4 4.36 115 1.013
5 5.53 115 - 5 5.58 115 -
6 5.47 115 - 6 5.47 115 -
7 6.23 15 1.018 7 5.87 102 1.013
8 6.23 700 1.018 8 5.87 700 1.008
9 16.10 730 1.013 9 11.26 730 1.008
10a 11.97 730 1.013 10a 5.69 730 1.008
10b 4.13 730 1.013 10b 5.57 730 1.008
1la 11.97 244 1.013 11a 5.69 253 1.008
11b 4.13 80 1.013 11b 5.57 150 1.008
12 16.10 203 1.013 12 11.26 203 1.008
13 13.37 25 1.013 13 8.61 30 1.008
14 13.37 25 1.013 14 8.61 254 7
15 13.37 650 1.013 15 8.61 254 7
16 107.36 118 1.013 20 10.19 15 1.013
17 107.36 650 1.013 21 10.19 100 1.013
18 103.29 850 1.013 22 10.45 95 1.013
19 103.29 320 1.013 23 10.45 709 1.013
20 103.29 204 1.013 24 2.30 800 1.013
21 17.44 850 1.013 25 2.30 369 1.013
22 17.44 333 1.013 26 2.30 50 1.013
23 14.78 50 1.013 27 0.26 50 1.013
24 9.10 15 1.013 28 2.05 50 1.013
25 23.88 38 1.013 29 1.43 30 1.013
26 23.88 105 2 30 1.43 276 7
27 23.88 20 2 31 8.15 800 1.013
28 23.88 400 2 32 8.15 105 1.013
29 23.88 336 1.13 33 8.15 50 1.013
30 23.88 125 1.13 34 1.39 50 1.013
9 2.66 50 1.013 40 10.04 265 7
97 0.00 25 1.013 41 10.04 300 7
98 2.73 25 1.013 42 3.75 40 7
99 0.08 730 - 43 3.75 220 7
44 4.75 283 7
45 3.56 50 7
exp 93 0.19 50 7
Cino = Cre [%] Ip 94 6.29 99 7
CARB,y @ 95 6.75 50 1.013
9 0.62 30 1.013
In the above, C, CAP, exp, and Ir represent the capital cost, capacity, Z; (2)'20 ;24 Zoos
scale exponent, and an installation factor, respectively, while the ;,, and 99 0‘02 730 N

ref Subscripts refer to the component invested in and the reference
component. Table 2 displays the capital cost of each component, to-
gether with the reference capacity, scale exponent, installation factor,
and its lifetime.

It is assumed that the discount rate is 7%, income tax is 23.5% of
revenues, and insurance and other tax are estimated to be 2% of the
capital cost annuity. The yearly operation and maintenance costs are
assumed to be 3% of the capital cost [28] of all components, except for
the gasifier and SOFC/SOEC unit, while the biomass fuel cost is as-
sumed to be 7.1€/GJ as wood chips [32]. The fixed O&M cost of the

Table 4
Gas compositions in electricity production mode.

gasifier is assumed to be 57,000 €/MW/year, while the variable O&M
cost is 17 €/MWh syngas produced [30]. The O&M cost of the SOFC/
SOEC unit is assumed to be 15,000 €/MW electricity input [30]. The O&
M cost of the gasifier and SOFC/SOEC are subject to economies of scale,
as is the case for their investment cost, using Eq. (1).

The TRR to achieve a positive NPV based on the specified 20-year
lifetime of the system at a 7% rate of return was determined by cal-
culating the sum of the present value of the 20 annual values and then

Mole frac. Gasifier outlet Gas input SOFC Gas outlet SOFC Air outlet SOFC Engine flue gas
Node number 9 15 21 18 27
H, 0.296 0.366 0.089 0.056
0, 0.179 0.106
Ny 0.210 0.259 0.255 0.800 0.555
co 0.138 0.170 0.078 0.049
CO, 0.131 0.162 0.258 0.164
H,0 0.215 0.031 0.320 0.122 0.065
CH4 0.007 0.009

Ar 0.003 0.003 0.010 0.005
Mean mole mass 20.20 20.71 26.64 28.74 29.00
LHV (MJ/kg) 5.76 6.93 1.63 - 0.95
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Table 6
Gas compositions in bio-SNG production mode in mole fractions.

Syngas gasifier Syngas before Hydrogen from SOEC Mixed syngas and Bio-SNG after first Bio-SNG after second  Bio-SNG after
outlet mixing hydrogen reactor reactor drying

Node number 9 15 24 40 42 44 45

H, 0.382 0.499 0.900 0.740 0.059 0.011 0.011

(¢

N, 0.001 0.001 0.001 0.001

Cco 0.179 0.234 0.111

CO, 0.164 0.214 0.102 0.015 0.027 0.027

H,0 0.267 0.042 0.100 0.043 0.220 0.017

CH4 0.007 0.010 0.005 0.704 0.967 0.985

Mean mole mass 17.95 17.92 3.62 9.93 16.07 16.02 16.00

LHV (MJ/kg) 8.31 10.86 60.02 21.57 36.05 48.61 49.60
Table 7 == Capital cost
System production efficiencies and energy ratios in both electricity and bio-SNG opera- 120 1 e Electricity cost |
tion modes. LHV on a dry basis is used. . BN Fuel cost

. 'é 100 1 BN Heat revenues

Electricity mode s B O&M costs

Electrical efficiency [MW electricity/MW biomass] 46% @

District heat efficiency [MW heat/MW biomass] 44% 2 804

Total efficiency [(MW electricity + MW heat)/MW input] 90% §

o

Bio-SNG mode 2

Bio-SNG efficiency [MW bio-SNG/MW input] 69% g 607

District heat efficiency [MW heat/MW input] 16% S

Total efficiency [(MW bio-SNG + MW heat)/MW input] 85% &‘>3 40 -

Electricity input fraction [MW electricity/MW input] 59% =

Biomass input fraction [MW biomass/MW input] 41% E

20 A

using the capital recovery factor (CRF) to transform this value into an

. . . . 0-
equivalent annuity, as in Bejan et al. [27]. Electricity production Bio-SNG production
1 Fig. 8. TRR (€) per MWh of product for both electricity and bio-SNG operation modes
B, = E:'i.n when assuming constant operation and electricity cost of 25€/MWh (bio-SNG produc-
A + iep) @)

tion). Note that, in this figure, heat is not seen as a product.

2 | BN Investment costs [ 3.0
. O&M costs (right)

60 T ‘ 2.5

50 R - 2.0 §
o 2
=]
e BT = £
o -1.5 w
— c
=301 — g

- 1.0 =
201 — - -
W N = . ~ fos

S >3 C . N < o )
6‘00 ) & (oOQI <\°}° R ¥ ‘;,o‘ &
2 @ Qc,\ < g RN &
S SR <
& % e
Qg? &

Fig. 7. Investment and O&M costs of system components for both electricity and bio-SNG modes (100 MW biomass input). The total investment cost is 216 M€ and the total yearly O&M
cost is 6.9 M€.
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Fig. 9. Price of district heating produced by polygeneration system based on energy
content allocation between produced products and true district heating production cost in
Denmark by statistical distribution [35]. *Price is determined based on average electricity
price in 2016, 2025, and 2035, i.e., 23.6 €/MWh, 42.5€/MWh, and 63.0 €/MWh.

crp = Al + i)
P (1 + igg)"-1 3)

NPV =YB; n=1-20 )

Here, F, P, and A are the future value, present value, and annuity, re-
spectively, and i, and n are the rate of return and years (1-20).

2.3. Marginal cost and operation mode at provided electricity and bio-SNG
prices

The marginal cost is calculated to represent the cut-off price for
operation; that is, below this price the plant is shut down, for both the
electricity and bio-SNG production modes. The marginal operation cost
is based on the short-run marginal cost definition: “the change in short
run total cost for an extremely small change in output” [33], which is

DH = Zero

Applied Energy 216 (2018) 323-337

given as the price of fuel and variable O&M at a given time. The fuel
price is represented by the fuel cost, which consists of (1) the biomass
fuel cost and (2) the electricity input cost when operating in bio-SNG
(electricity storage) mode.

However, the marginal operation cost is also allocated to the district
heat coproduct. The allocation method is energy based and district heat
is always sold at production cost, as required in Denmark [34]. The cost
allocation to the district heat product applies to both the operation
modes because both produce district heat, but the ratio between the
main output (electricity or bio-SNG) to coproduct district heat differs.
In order to be conservative, the impact of district heat sales is de-
termined by scenario analysis in which the cost allocation scenario
represents the maximum cost allocation to the heat product. The other
three heat scenarios include one with no heat sales and two with
moderate heat revenues based on the district heating price in all major
municipalities in Denmark [35]. The official data are presented in
prices to the consumer with VAT. In order to account for this, 25% VAT
is excluded, 30% of the consumer price is assumed to be due to dis-
tribution, and an average of 10% heat losses on the network is assumed.
Furthermore, it is assumed that the yearly district heat capacity factor is
75%. The cash flow for both the electricity (CF,) and bio-SNG (CF;)
production modes can be described by the following equation.

Cf, = ely X elprice + dhy X dhpyice—bio; X biopyice 5)
CE = sng, X sng,;., + dh, X dhpyice—bio; X biopice—el; X elpyice 6)

In the above equations, the subscripts o and i represent the system
output and input, respectively, while bio, el, dh, and sng represent the
biomass, electricity, district heat, and bio-SNG, respectively. By in-
cluding the marginal operation cost, electricity market price, and bio-
SNG price, the optimal operation mode can be determined, namely
shut-down, electricity production, or bio-SNG production mode. Three
reference years were used to describe the electricity system

DH = DK Lower

Euro/MWh

0 T T T
DH = DK Upper

Euro/MWh

0 T

0.4 0.6 0.8
Capacity factor

—— Electricity mode

— BIi0-SNG (el=25€/MWh)

0.4 0.6 0.8 1.0
Capacity factor

—— BIi0-SNG (el=50€/MWh)

— Bi0-SNG (el=75€/MWh)

Fig. 10. TRR by system for both electricity and bio-SNG production modes as a function of capacity factor. District heat pricing scenarios are defined in Fig. 9.
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Fig. 11. Annual operation of electricity production system in electricity and shut-down modes. Power price scenarios are defined in Fig. 4 and district heat pricing scenarios are defined in
Fig. 9. Note that the capacity factor is shown as a function of the bio-SNG price for ease of comparison with the following figures.

development in Denmark. Fig. 4 displays the current (2016) and pro-
jected (2025 and 2035) power price (€/MWh) cumulative curves in the
Nordpool electricity market, based on analysis work by the Danish
transmission system operator (TSO) Energinet.dk [36] using the energy
system model SIFRE [37], as reported by Lythcke-Jgrgensen et al. [38].
An alternative scenario is provided (“vol”), representing the increased
volatility of power prices over the years. This scenario is constructed
based on the 2016 curve, but has 2000 h of higher prices.

As shown in the figure, the price per MWh of electricity is expected
to increase significantly in the next 10-20 years; however, the cumu-
lative curve shape is expected to change less. The mean power price
changes from 23.8€/MWh in 2016 to 42.5€/MWh in 2025 and 63 €/
MWh in 2035 (43.5 €/MWh in vol). The standard deviation of the
power price also changes, from 5.8 €/MWh in 2016 to 8.5 €/MWh in
2025 and 17.2 €/MWh in 2035 (37.0 €/MWh in vol).

3. Results

The results of the thermodynamic modeling of the two operation
modes are presented below. First, the energy system simulation results
are presented, followed by the techno-economic analysis. Then, the
marginal cost and mode of operation are presented for the given elec-
tricity and bio-SNG prices, along with the operation time in each mode.
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Finally, the capacity factor and NPV of the polygeneration system are
provided, based on scenario analysis and in reference to a single op-
eration mode.

3.1. Energy system simulation

Fig. 5 illustrates the flow sheet of the electricity production mode,
while Fig. 6 depicts the same for the bio-SNG production mode. The
flow sheets are accompanied by Table 3 and Table 5, which provide the
mass flow, temperature, and pressure at the main production states
with reference to Figs. 5 and 6, respectively. Table 4 and Table 6 dis-
play the gas compositions for selected mass flows.

From the results, it can be observed that the electrical efficiency is
~46%, while the district heat production efficiency is ~44%, resulting
in an overall efficiency of 90% on a dry biomass basis. This can be
compared with electricity production from biomass gasification co-
generation. In a review article by Ahrenfeldt et al. [21] regarding state-
of-the-art and future perspectives, the overall efficiencies ranged from
80 to 97%, with electrical efficiency ranging from 6 to 50%. Part of the
reason for the high efficiency of the system is the utilization of un-
converted fuel from the SOFC by the gas engine, which increases the
electrical efficiency from 36 to 46%. Gas with a similar chemical
composition to that of the unconverted fuel was tested in a gas engine
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Fig. 12. Annual operation of bio-SNG production system in bio-SNG and shut-down modes for low (44 €/MWh) to high (76 €/MWh) bio-SNG prices. Power price scenarios are defined in

Fig. 4 and district heat pricing scenarios are defined in Fig. 9.

for proof of concept, and the engine was run successfully.

The electricity storage mode results indicate that the conversion
efficiency from biomass and electricity to bio-SNG is 69%, while the
heat production efficiency is 16%, resulting in an overall efficiency of
85%. Furthermore, it can be seen that bio-SNG methane content is
98.5%, which is more than required to supply it to the grid. Table 7
provides a summary of the production efficiencies in both the operation
modes.

3.2. Techno-economic analysis

Fig. 7 displays the investment and O&M costs in M€ for every
component of the polygeneration system. The cost is calculated by Eq.
(1), using data from Table 2 and the provided O&M costs, based on a
100 MW biomass input capacity.

It can be seen in the figure that the highest investment cost is for the
reversible SOC (SOFC/SOECQ), followed by the gasifier and methane
reactor, while the highest component O&M cost is for the gasifier, fol-
lowed by the SOC and reactor. As seen in Table 2, the reference in-
vestment cost is higher for the gasifier than for the SOC unit, but the
capacity is lower, as shown in Fig. 6. Furthermore, the economies of
scale exponent are assumed to be higher for SOC, because current de-
signs are based on relatively small stacks; therefore, SOC relies on the
economy of numbers rather than economy of scale.

Fig. 8 illustrates TRR in €/MWh when operating the system in the
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electricity and bio-SNG modes, levelized to the main output of each
mode, namely electricity and bio-SNG. The figure also illustrates the
contribution of each cost category to the product cost. The levelized
capital and O&M costs were determined using data from Fig. 7 and Egs.
(2) and (3).

It can be seen in the figure that the required income per unit of
energy produced is considerably higher for the electricity mode than
the bio-SNG mode. This is because the bio-SNG output (168 MW) is
significantly higher than that of electricity (46 MW) in the respective
modes. These results do not include the secondary heat product pro-
duced in both the modes of operation. Table 7 provides the district heat
production efficiencies for both operation modes.

Fig. 9 provides a comparison of the price of district heat production
using the polygeneration plant and that in all major municipalities in
Denmark [35]. As noted in Section 2.3, cost allocation for the primary
and secondary products is based on energy contents. Consequently,
49% of the capital, O&M, and fuel costs are allocated to the district heat
production in electricity mode, and 19% in bio-SNG mode. The price of
district heat production from the system, calculated by energy content
allocation, is represented by DH = max in the figure below.

The figure indicates that the price of district heating produced by
the polygeneration plant is high compared to district heating prices in
Denmark, and the district heating price would be among the highest in
Denmark. It was therefore decided to include four pricing scenarios for
the district heat product by using the lower and upper quantile of
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Fig. 13. Graphical display of operation modes at a range of electricity and bio-SNG prices for the four district heat pricing scenarios defined in Fig. 9.

district heating prices in Denmark, as shown in the figure. The re-
mainder of the analysis considers heat price scenarios and includes the
following cases: (1) no heat sales (DH = zero), (2) moderately low heat
price for lower quantile 26.6 €/MWh (DH = DK lower), moderately
high heat price for upper quantile 38.4 €/MWh (DH = DK upper), and
(3) high heat price using cost allocation based on energy output (65€/
MWh for electricity mode and 87 €/MWh for bio-SNG mode).

Fig. 10 illustrates TRR in €/MWh as a function of the primary
production capacity factor, where the revenues from district heating
sales using the pricing scenarios introduced above are included. The
bio-SNG mode results are provided for three electricity prices in order
to highlight the importance of this parameter. Through comparison
with the electricity price scenarios in Fig. 4, it can be seen that the
assumed electricity prices are relevant. It should be noted that TRR
shown in Fig. 8 (such as 125€/MWh for electricity production) can be
seen in Fig. 10 at a capacity factor of 1 and DH = zero.

It can be seen from the figures that there is a significant decrease in
TRR when including the district heating sales and an increased capacity
factor. To put TRR into perspective, it is worth noting that, according to
the Danish Promotion of Renewable Energy Act §44 par. 2 VE-Lov, the
premium feed-in tariff for electricity produced from biomass by gasi-
fication is ~ 110 €/MWh, and support for biogas sold for transportation
purposes is 36 €/MWh, according to § 43b par. 2-3 VE-Lov. However,
according to a report on energy system integration and economy, the
future price of bio-SNG is assumed to be between 44 and 76 €/MWh
(12.2-21.1 €/GJ) [31], where the lower value is based on the future
natural gas price, including saving CO,, and the upper value is based on
the future upgraded biogas price.
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3.2.1. Marginal cost and operation mode at provided electricity and bio-
SNG prices

Fig. 11 shows the system capacity factor of the system if the elec-
tricity mode is the only possible operation mode. This is determined by
using the marginal cost of producing electricity and the predicted
power price cumulative curves depicted in Fig. 4.

It can be seen that the capacity factor, determined by the marginal
operation cost, differs significantly depending on both the district heat
pricing and predicted power price scenarios. As an example, in 2016,
the capacity factor ranges from 0.7 to 5.7%, in 2025 it ranges from 1.4
to 92.9%, and in 2035 it ranges from 75.4 to 93.2% (and 16.6-21.9%
for vol), depending on the district heat pricing scenario.

Fig. 12 illustrates the system capacity factor if the bio-SNG mode is
the only possible operation mode. This is determined by using the
marginal cost of producing bio-SNG and the predicted power price
scenarios from Fig. 4, along with the predicted bio-SNG price of 44
€/MWh (low bio-SNG) to 76 €/MWh (high bio-SNG).

Similar to the capacity factors shown for the electricity mode in
Fig. 11, the capacity factor using only the bio-SNG mode varies for
different district heat pricing and power price scenarios. However, here
it can be seen that the predicted bio-SNG price contributes significantly
as well. As an example, the capacity factor in 2035 ranges from 4.2 to
7.4% depending on the district heat pricing scenario at a low bio-SNG
price, but from 51.9 to 86.6% at a high bio-SNG price.

Fig. 13 displays the operation mode of the polygeneration system
depending on electricity and bio-SNG prices. The modes are 1) shut
down (when the fuel and variable O&M costs are greater than the
revenues of product sales), 2) bio-SNG mode, and 3) electricity pro-
duction mode. When operating in bio-SNG mode, the electricity prices
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Fig. 14. Annual operation of polygeneration system in electricity, bio-SNG, and shut-down modes for low (44 €/MWh) to high (76 €/MWh) bio-SNG prices. Power price scenarios are

defined in Fig. 4 and district heat pricing scenarios are defined in Fig. 9.

are low compared to the bio-SNG prices. When the electricity prices are
high, it is more economical to operate in electricity production mode.
The figures also display the areas of positive and negative NPV for each
operation mode. On the line separating each operation mode, the NPV
is the same for each mode.

If the system could only produce electricity or bio-SNG and not
both, depending on the electricity and bio-SNG market prices, the figure
above would appear different. If the system could only produce elec-
tricity, the bio-SNG area would be removed and the shut-down area
would be larger. It would not be possible to operate the system at low
electricity prices. If the system could only operate in bio-SNG mode, the
blue area would be removed and the shut-down area would be larger. It
would then not be possible to operate the system at high electricity
prices. However, constructing this system to be flexible and able to
change between different operation modes based on the marginal cost
and revenues will increase its capacity factor. The degree to which it
will increase depends on the electricity and bio-SNG market prices and
the revenues from district heat sales.

Fig. 14 illustrates how the polygeneration system would operate
given the current and predicted electricity and bio-SNG prices. The
results are shown for the same bio-SNG price ranges as those used in
Figs. 11 and 12.

It can be seen from the figure that the time spent in each operating
mode differs significantly depending on the assumed power and SNG
prices. In the current energy system (2016), the power prices are low,
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resulting in full bio-SNG mode operation, regardless of the bio-SNG
price. The power prices are expected to increase in 2035, and this
changes the plant operation. If low bio-SNG prices are assumed together
with a low district heating price (DH = DK lower), the plant will op-
erate 92% of the time in electricity mode, 7% in bio-SNG mode, and
will be in shut down for the remaining 1.5%. However, if high bio-SNG
prices are assumed instead, the plant will operate 52% of the time in
electricity mode and 48% in bio-SNG mode. It is worth noting that the
system will never shut down if high bio-SNG prices are assumed and at
least moderate district heating revenues are achieved.

In Fig. 15, the capacity factors for the polygeneration system from
Fig. 14 are compared with those for the electricity production system
from Fig. 11 and the bio-SNG production system from Fig. 12. The
figure quantifies the polygeneration effect with respect to the capacity
factor.

As this comparison shows, the capacity factor may increase con-
siderably for the system, but the extent of this increase depends on the
pricing scenarios. At low electricity prices (2016), the capacity factor of
the polygeneration system will be the same as that of the bio-SNG only
system, while the electricity-only system will have a very low capacity
factor. At high electricity prices (2035), an opposite trend is observed,
namely the capacity factor of the bio-SNG-only system is lower than
that of the electricity-only system. However, the capacity factor of the
polygeneration system is now higher than that of the electricity-only
system, which demonstrates the advantage of polygeneration. This



H.A. Sigurjonsson, L.R. Clausen

Applied Energy 216 (2018) 323-337

EL = 2016 EL =2025 EL = 2035 EL = vol
10 { o PR e [ T
"~ ,-‘. oo oo o o o o ) ool T (N U (s FAOTT
‘/‘ [ pr—————— - [w)
' pa 4
0.5 . £ . | T
4 ®
/ =
£ [ | e e |~
L1 | | ] liessqsssssesspec®
(O e e S Tt e e B 1
L0 prepommsgmmasr— T 1T ey i [ - e g e (R e ey e
/I ........................... o
! pu
r" ." ]
_ 0.5 - s ey p— i = 1 =4
< )
= | L et TTTTTITTTT 2
S 0.0 pmrmprmmim e ————— . 1 =
u T T T T T T T T T T T T
&
Fy i I —
£ of e g pameirtrres I —TETESTES E s AN s oot |~
o s I
of o
“ o5 ; 1 ] =
[=4
k=]
_______________ k=]
........... g
004 I S 1 1
10 phvj=mmstreammlo| Ealeemeres] BEeheeimetel T
RS T O R R D S I o E Sy o
4 I
0.5 A . - 1 n
3
Q
o ¢ g ¢ — — —— — - - x
AR S, e 4 ] oot |
50 60 70 50 60 70 50 60 70 50 60 70
Bio-SNG price (€/MWh)
- == Polygeneration — .= Electricity  =«--- Bio-SNG

Fig. 15. Capacity factor for the system if running only for bio-SNG or electricity production, compared to combined production of the polygeneration system. Power price scenarios are

defined in Fig. 4 and district heat pricing scenarios are defined in Fig. 9.

advantage becomes clearer if volatile electricity prices are assumed. A
good example is the situation at a moderate district heat price
(DH = DK lower) and a bio-SNG price of 70€/MWHh: the capacity factor
is 100% for the polygeneration system but 50% for the electricity
production system and 92% for the bio-SNG production system. A high
capacity factor will improve the system economics, as revenue streams
can be continued all year. Furthermore, constant, year-round, full-load
operation of the biomass gasifier could prove to be important—also
from a risk perspective—as gasifier load changes may be challenging.
Fig. 16 is similar to Fig. 15, but the effect of polygeneration is
quantified in terms of NPV instead of capacity factor. When comparing
the figures, similar trends can be identified, particularly at low power
prices (2016), where the NPV is identical for the polygeneration and
bio-SNG-only systems. It should be noted that the investment cost re-
mains constant for all three systems, although, for example, the gas
engine could have been removed from the bio-SNG-only system. For all
low bio-SNG pricing scenarios, the systems show negative NPVs, but at
high bio-SNG prices, the polygeneration and bio-SNG-only systems
exhibit a positive NPV, except when operating at high electricity prices
(2035). Furthermore, it can be seen that the advantage of polygenera-
tion is greatest when electricity prices are volatile, and the district
heating price is high (the sub-figure in the bottom right corner of
Fig. 16). The reason the district heating price is so important for the

polygeneration system is that the income is greatly increased at high
district heating prices when operating in electricity mode.

As noted above, in the Danish Promotion of Renewable Energy Act
8§44 par. 2 VE-Lov, the premium feed-in tariff for electricity produced
from biomass by gasification is ~ 110 €/MWh, while support for biogas
sold for transportation purposes is 36 €/MWh, according to § 43 b par.
2-3 VE-Lov. If these subsidies were to be used for the proposed poly-
generation system (biogas subsidies added on top of natural gas prices),
the optimum operation mode in 2025 would be to run 70% of the time
in bio-SNG mode (30% in electricity mode), and in 2035 ~10% of the
time in bio-SNG mode (90% in electricity mode). The vol scenario
would result in over 75% operation in bio-SNG mode and 25% in
electricity mode. Moreover, all scenarios will result in a positive NPV
(using 70€/MWh for bio-SNG). However, these subsides are specific to
Denmark and are not guaranteed to exist or remain the same in the
future.

4. Conclusion

This article presented a study on the thermodynamic modeling and
simulation of a novel polygeneration plant, along with a techno-eco-
nomic analysis. The results demonstrated that the hypothesis stands as
this system can operate with a high capacity factor in the future Danish
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Fig. 16. NPV for system if running only for bio-SNG or electricity production, compared to combined production of polygeneration system. Power price scenarios are defined in Fig. 4 and
district heat pricing scenarios are defined in Fig. 9. For comparison, the investment cost is recalled to be 216 M€.

electricity market. Furthermore, the results indicated that economic
feasibility is greater compared to using stand-alone gasifier and elec-

trolyser plants for electrofuel production.

Based on the results of the study, further conclusions are as follows.

1. The electric efficiency of the plant in electricity production mode is
46%,; the total efficiency including heat production is 90%. The fuel
efficiency of the plant in bio-SNG mode is 69%; the total efficiency is
85% including heat production.

2. The techno-economic analysis revealed that the investment cost is
high, owing to the gasifier and SOC cost. The analysis also indicated
that district heating sales are important for economic feasibility of
the polygeneration system.

3. Analysis of the marginal cost and mode of operation demonstrated
that the operational time in each mode varies significantly de-
pending on future electricity and bio-SNG prices.

4. The ability of a system to choose between producing or consuming
electricity depending on the market price can significantly increase
its capacity factor compared to a single-mode system, but the in-
crease is greatly dependent on future electricity and bio-SNG prices.

5. The polygeneration system achieves positive net present value when
bio-SNG prices are high except when operating at high electricity

prices.

6. The polygeneration system achieves a higher NPV than single-mode

336

systems, particularly when electricity prices are volatile and the
district heating price is high.
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Abstract
As increasing amounts of wind and solar are integrated into the energy system, there is a growing need for

the development of flexible and efficient biomass-based energy plants. Currently, a Polygeneration concept
is being investigated: a system based on thermal biomass gasification and solid oxide cells that can either
produce power or biofuels depended on the electricity prices. This study investigates gasifier design
opportunities for a large-scale and fuel flexible TwoStage concepts that only applies partial oxidation for tar
conversion. Thermodynamic modeling is carried out for a total of 12 gasifier cases, featuring 3 main
systems that each can process wood/straw and use air/oxygen. It was found that despite the varying
operation conditions, process parameters reamined relatively stable and that partial oxidation could be
effectively applied as the only tar reducing measure. The systems all achieved high cold gas efficiencies of
84-88% and was found to be significantly more effective than competing technologies, while also obtaining
higher fuel flexibility.

Keywords: Biomass gasification, Polygeneration, Thermodynamic analysis, Two-stage gasifier

1 Introduction
A joint technology platform of gasification and flexible solid oxide cells is the foundation of the

Polygeneration concept that has been proposed by Biomass Gasification Group at the Technical University
of Denmark. The basic flow sheet of the concept is shown in Figure 1, where a gasifier fed with biomass is
used to either: 1) produce power by converting the product gas in SOFC-mode; 2) produce synthetic natural
gas (SNG) in SOEC-mode by using the oxygen in gasifier and mixing with the product gas to form a optimal
synthesis gas. This concept enables grid balancing as well as an effective storage solution in the form of
SNG that can be injected into the natural gas grid [1]. The respective energy efficiencies of the concept for
power and SNG production have been modeled to around 43-63% and 69-70% (LHV), which all are state-of-
the-art results [2][3][4][5]. Besides being advantageous to the grid, the plant operator is also expected to
see increased economic feasibility, as the alternating operation will result in a higher net present value and
an increased number of yearly operating hours (capacity factor) compared to the equivalent stand-alone
systems (producing only power or SNG) [2].
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Figure 1 — The proposed Polygeneration concept.

The Polygeneration concept is based on the TwoStage Viking gasifier at the Technical University of
Denmark [6]. The gasifier is shown in Figure 2 and processes wet wood chips via staged pyrolysis and
gasification with an intermediate partial oxidation (POX) zone. The system applies an indirectly heated
screw conveyer that use either engine exhaust or product gas heat as source, and a downdraft fixed bed
char gasifier. The gasifier is mainly characterized by a very high cold gas efficiency of 93% (wet basis) and a
very low tar content of <15mg/Nm? using only a bag filter as gas cleaning [6][7][8].
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Figure 2 - Flow diagram of the TwoStage Viking gasifier with approximate temperatures and tar concentrations [9].

1.1 Aim of this study

This study investigates the possibilities of improving the TwoStage gasification technology in a
polygeneration framewrok in order to improve the feasibility. The study focuses on three key challenges for
the system in this context:



e Upscaling capacity: It is considered beneficial to design larger plants to decrease specific

investment costs [10]. The TwoStage gasifier has been built up to 1.5MW4, input, but is expected
to be limited to around 10MWj, [11]. This restrain is because of the applied reactors, as the
pyrolysis screw conveyer heat exchange area will be either costly and/or inpractical at larger scales
and the downdraft char bed might experience difficulty with evenly distributing the char without
causing large pressure drops. It is suggested to scale the system to 10-100MWiy.

e Air/oxygen flexibility and simple gas cleaning: In recent work [8], it is shown tha the TwoStage

gasifier is expected to operate effectively with both air and oxygen as gasification media. And
because the downdraft char bed is evaluated as infeasible for this study, it is desired to simplify the
tar conversion as tars and coherent complex gas cleaning can represent major costs and
complexity [12][13]. It is therefore suggested to design a system that can reduce the tar level
sufficiently (depending on application) in a single POX reactor.

e Fuel flexibility: Currently the TwoStage gasifier can only operate on wood chips due to the
intolerance to fines and high temperatures, but it is desired to utilize a wide spectre of fuels such
as wood and straw pellets. Fuel costs represent around 30-50% of the total cost of the final
product when traditional international feedstocks such as wood pellets and chips are used
[2][13][10][14]. There is however a significant potential in minimizing fuel costs. Using: 1)
local/regional fuels such as agricultural residues and energy crops can reduce fuel costs to 30-60%
compared to internationally traded ones; 2) process residues like bagasse, black liquor, waste
wood costs are 15-20%; 3) wastes can have zero or negative, costs [10][15]. This means potential
product cost reductions of up to 50% if alternative fuels can be utilized.

This study will investigate these three aspects via thermodynamic modeling and provide preliminary
designs of TwoStage gasifier concepts operating within the Polygeneration concept.

2 Considerations and system designs
The gasifier concepts presented here are characterized by staging the fuel conversion and applying

recirculating gases around both pyrolysis and gasifier. Figure 3 provides an overview of the overall design.
The loop around the pyrolysis serves two main purposes: avoid dilution of the volatiles; and use of the
sensible heat of the product gas to drive the process. The recirculation is carried out with a high-
temperature blower. The loop around the gasifier is used to quench the POX gases to avoid
agglomeration/sintering of fuel ashes and are done with a steam ejector due to the high temperatures. The
ejector steam consumption is substantial and is assumed to be provided via downstream waste heat from
biofuel synthesis or engine/SOFC exhaust — this is modeled in similar studies up to amounts of 2.3 kg-
steam/kg-fuel(dry) (70% fuel moisture) [2][4][16]. The oxygen is produced via a SOEC, where steam is
applied as sweep gas resulting in an assumed 50-50v% oxygen-steam mixture at 700°C [17]. The SOEC
steam consumptions is unaccounted for in this gasifier study. Design gasifier outlet temperatures depend
on the application, as the air-blown system will have a significant tar concentration the temperature should
not be below 400°C to avoid condensation - unless the POX temperature is higher than 1200°C. A more
detailed design basis is given in Figures 5, 6 and 7.



The use of alternative fuels, fluid bed reactors and POX along with the design parameters in Figure 3 will be
discussed in the next section.
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Figure 3 — Overall basis for the system designs. The diagram shows components, design temperatures and flows of heat, fuel,
steam and oxidizer.

2.1 Fuels: wood and straw

The total primary use of energy in the world in 2016 was around 573 EJ while the end use consumption was
around 395 EJ [18]. Wood is currently the primary global bioenergy carrier and forests supplied
approximately 85% of the total biomass used for energy purposes in 2012 [19]. Recent estimates of use and
potential of forestry products for energy purposes found the use in 2012 to be around 49 EJ and the near
future potential (2035) to be between 72 and 84 EJ [19]. However, several other options exist which can be
made available for more fuel flexible energy platforms - potentially at a much lower price than fuel wood.
Development of the global energy sector towards such new resources may very well reduce the share of
forestry products in the global bioenergy mix to around 50% in 2030 [19]. A short overview of selected
alternative organic resources is included in Table 1.

Resource Geographical scope Global Potential  Reference
Sewage sludge Global 1-5 EJ HHV? [20-22]
Municipal organic waste Global 23 EJ HHV? [23-26]
Manure fibers Global 18 EJ HHV? [27-29]
Cereal straw? Global 15-19 EJ LHV* [30,31]
Sugarcane residues Global 9-17 EJ LHV* [30,31]
Rice husks and straw Mainly Asia 18-28 EJ LHV* [30,31]
Maize residues Global 17-40 EJ LHV* [30,31]
Soy bean straw South America and Asia 6-10 EJ LHV* [30,31]

1: Scaled from the resource potential in EU 27+China and re-calculated from biogas potentials reported in [32]

2: The conservative range estimate is based on estimated global production of dry mass and an average heating value of undigested sludge from
[33,34]

3: Wheat, oat, barley and rye included

4: Based on FAO statistics on global production of main crops in 2010-2014 combined with residue-to-crop ratios and lower heating value (LHV)
values as received from FAO report on residues

Table 1: Global energy potential in selected waste and crop residue resources. HHV: Higher Heating Value. LHV: Lower Heating

Value. EJ: Exaloule (=108 Joule)



The majority of the non-wood biomass avaliable for energy purposes is herbaceous, and the global

potential of many different straw types are substantial (Table 1). Straw is applied to some extent in various

energy systems encompassing combustion, pyrolysis as well as gasification. However, traditionally straw is

regarded as a highly problematic resource for thermal processes as the very low ash melting temperature

of most straw types usually lead to operational issues with ash sintering, agglomeration and deflididisation

of fluid bed systems. An overview of selected ash-related experiences from various thermal systems is

collected in Table 2.

Thermal Critical Problematic
Fuel Key parameters Reference
platform temperature elements
Alkali e .
oo LR o) ety
wheat straw & defluidization chloride and . P
test) o diameter
silicium
Mixing and anti-
Danish LT-CFB 825°C, Potassium and agglomerating 36]
wheat straw gasifier defluidization chloride influence of residual
char
H [0}
Wood bark F|l:II.d bgd 9?0. C,. 37][38]
gasification defluidization
Wood Fluid bed 940-950°C, (38]
gasification defluidization
Ol palm Bulf)t?llng Defluidization at all Potassium Ash composition (main
fluidized content was the parameter),
bunch and temperatures from . e . [39]
. bed o main cause fluidization velocity,
rice straw . 750-900°C .
combustion through silicate  bed temperature and
(lab test) melts particle sizes
. mullite BFB 750°C, initial Bed material and
American o ) . [40]
gasifier agglomeration reactor/process design
straw
. On i ie:
Straw sanq I.3FB 800°C, |n|t|.al [41]
gasifier agglomeration
. 200 initi
Wheat straw F|l:IIFl bt?d 680-780°C, |r?|t|al [42]
gasification agglomeration
BFB .
Cardoon gasification 870-930°C, . I:%ed density and [43]
. e mixing of fuel, ash and
(thistle) w. sand or defluidization .
L bed material
sepiolite
From <800 °C -
25 different BFE . (DDGS, corn cub) to Ash c.ompc‘>5|t|ons,
. combustion o . particle size and [44]
biomass >1000 °C (different e .
(lab test) fluidization velocity
fuels wood types)

Table 2: Overview of selected ash-related operational experiences from thermal systems converting biomass and biomass fuel

mixtures.




Despite the limited number of studies published on critical ash behaviour in fluidized bed gasification of
biogenic fuels, it seems that the safe zone for thermal conversion of straw with regard to ash-induced bed
agglomeration and potential defluidization constitutes the lower end of the allowable temperature range
(Table 2). Depending on other operation parameters (particle size, bed density, fluidization velocity and
mixing) the maximum operation temperature for straw gasification will most likely be somewhere in the
range from below 750°C to around 800°C. Maximum gasification temperatures of 780°C (from experiences
in [35]) and 900°C for straw and wood respectively are chosen as design temperatures for this study.

2.2 Fluid bed reactors and bed material recirculation

As seen in Section 3, this study will examine three concepts that all apply fluid bed gasifiers and two of
them fluid bed pyrolyzer. The fluid bed reactor is chosen because of its high-level operational control and
tolerance towards smaller particle sizes. These criteria fit very well with the desired fuel and the upscaling
potential is hundreds of MW,

Staged fluid bed systems are typically applied with a relatively fixed recirculation rate of bed material that
serves two main purposes: transfer of char from the pyrolyzer to the gasifier and transport of heat from the
gasifier to the pyrolyzer. The recirculation rate will therefore have a significant impact on system
performance with regards to residence times, temperature levels and cold gas efficiency. Char transport is
closely linked to the applied fluidization regimes, as the degree of mixing should be direct consequence of
the fluidization velocity: slower regimes (stationary, bubbling) experiences less mixing that fast ones
(turbulent, circulating). As a consequence, bubbling beds will have a char-rich top layer because of the
lower density of char. Faster regimes will naturally experience some difference in concentration, but will be
closer to perfectly mixed. This phenomenon is discussed below in Section 2.2.1.

Recirculation of bed material allows large transfer of heat between reactors, which can be very beneficial in
some systems e.g. indirect gasifiers. The transfer is however typically associated with a significant loss of
efficiency because of the relatively high temperature difference between reactors that can be several
hundred degrees [46][47][48]. Recirculation is however a relatively simple tool to transport char between
reactors, as it can be complex to separate char and bed material continuously, and is therefore, as a whole,
typically beneficial. But overall the circulation should be minimized in order to obtain the highest cold gas
efficiency.

2.2.1 Experimental investigation and overview of bed material/char ratio

To validate expectations about the distribution of char, ash and bed material an experiment has been
conducted in April 2016 on a 100kW:+ low-temperature circulating fluid bed (LT-CFB) gasifier — see [48] for
system overview. 20 hours of operation on a wheat straw fuel was succeeded by 12 hours of operation on a
fuel mixture of 85 wt% straw and 15wt% sewage sludge. After termination of the operation, the system
was cooled and emptied. The content of the char reactor was extracted as 7 fractions of approximately 15
kg each and numbered 1 to 7 from bottom to top in the reactor. Top fractions 1 and 3 and bottom fractions
6 and 7 were sieved across a 0.6 mm sieve. There were no sintering or bed agglomeration and as such, the
large particle fractions were completely free of the original bed material and consisted only of unconverted
fuel, char and ash particles. The shares of large particles in the 4 sieved fractions are shown in Figure 4.
From the results it is evident that there is almost 3 times as much large particle mass in the top of the
reactor compare to the bottom.
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Figure 4: Share of large particles (>0.6 mm) in char reactor bed mass after 32 hours of LT-CFB gasification of straw and a
straw/sewage sludge mixture

The experimental results are listed in Table 3 with literature findings of coupled fluid beds and the applied
values for this study. It is seen that there indeed is a char-rich top layer in the bubbling fluid bed reactor
and that it is nearly twice the amount of the average concentration. The top layer concentration is in the
range of the LT-BIG value (see “sand recirculation” in Table 3), but significantly less than the FICFB, which is
likely because the indirect gasifier circulates and increased amount of bed material due to necessary heat
transport. The average concentration is on the high end compared to the MILENA and LT-CFB, which is
expected as the turbulent beds are not perfectly mixed throughout their length and hence will have a
higher concentration of low-density char at the top. The experimental values of 6 and 10 kg-BM/kg-char are
seen as reasonable and will be applied in this study for slow and fast fluid beds respectively.

Pyrolysis —gasifier Sand recirculation | Fuel (assumed Reference
coupling kg-BM/kg-char char yield)?
LT-CFBP Turbulent —bubbling | Top: 6 Straw (25%) & This study, Figure 1
fluid bed Bottom: 16 Straw-sludge
Average: 10.0 (30%)
MILENA Turbulent-bubbling 5-8 Wood, 20% [47]
fluid bed
LT-CFB Turbulent —bubbling 4-7 Straw-sludge, [49]
fluid bed 25%
LT-BIG Bubbling-turbulent 3-6 Wood, 20% [46]
fluid bed
FICFB Bubbling-circulating 10 Wood, 20% [50]
fluid bed
Slow fluid bed Bubbling-turbulent 6 Wood, 20% Used for this study
fluid bed Straw, 30%
Fast fluid bed Turbulent-bubbling 10 Wood, 12% Used for this study
fluid bed Straw, 20%

Table 3 — Bed material (BM) recirculation rates for various fluid bed systems. 2Defined as char/input fuel wt%. "Results show
fraction of particles >0.6 mm. As some char and ash particles are smaller than this, these values should be considered maximum

values.




2.3 Tar tolerances and partial oxidation

The alternating Polygeneration system utilizes the product gas in either a SOFC for power production or a
synthesis reactor for SNG production. These applications have very different tolerances towards tar
concentrations and hence the operation modes and design should reflect this. It is important to recall that
the gasifier is air-blown when is sent to the SOFC, while the gasifier is oxygen-blown when the gas is used
for synthesis.

SOFC’s have been tested with tar-loaded product gas in several studies. Hoffman et al. [51][52] has in
multiple studies investigated the conversion of gasifier tars in SOFC’s. The studies operated both fluid bed
and fixed bed gasifiers that were coupled to an operating SOFC at 850°C. Tar concentrations of 3g/nm3 and
>10g/nm? respectively were found to not cause carbon deposition/operational problems. As tars are a very
complex compound group and fuel cells differ from study to study, the tolerance will be very dependent on
the applied system. Aravind & de Jong [53] did however suggest a feasible and rough 2g/nm3 concentration
tolerance based on literature analysis, which will be used as a general guideline here.

When using synthesis reactors, tars should be removed to very low levels in order to avoid tar
condensation. Especially as the gas is to be pressurized to the synthesis reactor pressure, which lowers the
tar dew point. While the tolerance is very dependent on the process conditions, a rough estimate of the
concentration after the POX is set to 0.1g/nm3 [54][55].

POX is a powerful tool to reduce tar concentrations by more than 99% and can be applied with a
subsequent very high cold gas efficiency, as with the current TwoStage gasifier. Tars are converted via two
mechanisms in the POX: thermal decomposition and oxidation — an overview of POX and thermal treatment
studies are collected in Table 4. The TwoStage gasifier concept has shown in several instances that applying
temperatures at 1100-1200°C in the POX zone reduce the tar concentration to 1.0-1.5g/nm3[46][56][57]. In
order to meet tar requirements of the SOFC and synthesis reactor it is estimated that the POX temperature
should be around 1050 and 1200°C respectively.

Temperature Stoichiometric air Tar content Note Reference

[°c] ratio [mg/nm3,dry]?
900 0.5 115 POX [58]
900 0.34 960 POX [59]
900 - 2844 POX [60]
1050 0.4 ~846° POX [61]
1100 0.34 1000 POX [62]
1100 - 1150 POX [46]
1100 0.5 1200 POX [56]

1100-1200 - 1220 POX [57]

1200-1300 - =100 POX [46]
1000 0 5000 Thermal treatment [58]
1100 0 8000 Thermal treatment [62]
1200 0 385 Thermal treatment [63]
1250 0 50 Thermal treatment [63]

Table 4 — Overview of partial oxidation and thermal treatment studies. 2Based on 2.6nm3/kg gas production from biomass, as
for the TwoStage gasifier [56]. PEstimate.



3 Modeling

This study will investigate 3 plant configurations that will each be modeled using air/oxygen and
wood/straw — resulting in 12 models. The main difference to the 3 systems is the applied pyrolysis
conditions, as the char yield and composition has a significant effect on the POX and gasifier and hence the
total system efficiency. Three pyrolysis processes are chosen: updraft fixed bed, slow fluid bed and fast
fluid bed. The only modeled difference between the fast and slow fluid bed is the char characteristics,
which is an assumption as especially carbon conversion and pressure loss might differ (these are however
discussed in Section 4.1). The design basis for the systems are shown in Figures 5, 6 and 7 respectively.

The Fixed bed system utilize a fixed bed updraft reactor. The reactor also allows some fuel particle
flexibility using chips and pellets. The volatile gas recirculation is done by a blower. It is vital that the outlet
temperature of the reactor is sufficiently high to avoid condensation of tars: 250°C is chosen based on
previous experiences with the reactor [64]. The produced char will be transported via e.g. a screw
conveyer, to a fluid bed char gasifier.

The fluid bed systems similarly utilizes a blower for recirculating volatiles, but it will experience much
higher thermal stresses as the gas temperature is projected to be the same as the bed: 500°C is chosen to
ensure complete tar release [65]. This will likely cause the blower to be water-cooled and more
complex/expensive - and might be applied with preccoling of the gas or even replaced by an ejector if
necessary. The Slow fluid bed system will transport the char via a loop seal at the top of the bed that will
drain the char-rich layer, while the Fast fluid bed system will apply a cyclone for transporting char and bed
material. The systems are initially projected to feature one slow and one fast bed each to simplify the
recirculation of bed material, but will not be investigated further here.

The modeling is carried out in the DNA (Dynamic Network Analysis) software that features zero-
dimensional components [66][67]. Key model data are listed in Table 5.
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—_———— — o

Fuel

50MWth input, 7% moisture (assuming pellet standard / pre-drying)

Pyrolyzer

Heat loss = 1% fuel input LHV, fixed bed pressure loss = 30mbar, fluid bed
pressure loss = 146mbar?, fixed and fluid bed volatiles are assumed to have a

H, content of 20v% and 10v% respectively [68][69]

Partial oxidation

Assumes thermal equilibrium (Gibbs minimization) at outlet temperature —

method described in [5][70].

Gasifier Heat loss = 1% fuel input LHV. Assumes that the water-gas shift reaction is in
equilibrium at the outlet temperature. Carbon conversions are 95% for all
models. The methane content in the gas from the POX is assumed inert
through the gasifier. Similar to the pyrolyzer the pressure loss is 146mbar

Bed material The flow is modeled as a heat flow from the gasifier to the pyrolyzer assuming

recirculation

that the bed material is sand (c,=0.83kJ/(kg*°C)) and that the heat flow can be
estimated via the temperature difference of the beds (outlet temperature). The

mass flow is determined via the recirculation rates in Table 3.

Ejector

Assumed efficiency of 27% and 11bar motive pressure [71] and calculated via
Equation 1 [17]

Heat exchangers

50K pinch point, 10mbar pressure loss

Blowers

40% isentropic efficiency, 95% combined mechanical and electrical efficiency

Table 5 — Main modeling parameters. 2Calculated for a minimum fluidization conditions for a sand (density = 2600kg/m3) bed
height of 0.95m with a distributor loss of 20%[45], voidage fraction of 50% [72] and a temperature of 700°C.
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Hos = VZlen(P3/P2)
R AGESN

Equation 1

The cold gas efficiency and total efficiency is calculated on dry basis via Equation 2 and 3 respectively.
Product gas is denoted PG and electricity consumption We

mPG " LHVPG

Neg = ———p—
4 Meyer * LHVfuel

Equation 2

Mpg - LHVpg — We
mfuel ! LHVfuel

Ntot =

Equation 3

3.1 Pyrolysis

The pyrolysis is modeled via the fuel parameters shown in Table 6. Based on the fuel data, atomic balances
and heating value balance of inlet and outlet flows as well as a general mass and energy balance, an outlet
gas composition can be estimated for a given temperature. The released tars are not modeled in specifics,

but are estimated by methane and n-hexane (CsH14) that will satisfy the beforehand mentioned criteria and
ensure a correct heating value of the gas.

c H (0] N Ash Char yield HHV Reference
[wt%] [wt%] [wt%] [wt%] [wt%] [wt%] [MJ/kgl]
Fast fluid bed pyrolysis
Wood 51.3 5.7 40.5 0.2 2.3 12 19.0
Wood 57.0 33 20.3 0.4 19.0 - 20.9°
char [73]
Straw 45.7 6.0 40.9 14 6.0 20 18.4
Straw 67.2 4.5 27.0 14 30.0° - 20.1°
char
Slow fluid bed pyrolysis
Wood 50.8 6.6 41.3 0 13 20 21.2° Composition:
[74]
Wood 85.1 2.8 5.6 0 6.5 - 33.7° Ash: [75]
char
Straw 42.1 54 46.2° 0 6.3 25 16.1° Composition:
[76]
Char yield:
[77]
Straw 58.7 3.0 16.7 0 21.6 - 21.8 [68]
char®
Fixed bed pyrolysis
Wood 48.1 6.4 44.8 0.1 0.6 25 183 |
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(78]
Wood 90.7 2.1 4.5 0.2 2.5 - 33.6
char
Straw 40.8 5.8 47.5¢ 0.2 5.7 31 16.09

[79]
Straw 71.2 3.0 7.0° 0.3 18.5° - 30.5°
char

Table 6 — Applied pyrolysis data for the modeling. Note that all straw data are for wheat. 2Calculated based on chemical
composition via Equation 4 [80]. PCalculated in DNA via composition and heating value. <Calculated by difference. 9Data
estimated via reference.

HHV = 0.3491C + 1.1783H + 0.1005S5 — 0.10340 — 0.0151N — 0.02114 [M] /kg]

Equation 4

3.2 Partial oxidation adjustment

While the basic Gibbs reactor model will only produce a negligible methane content, experiences from POX
tests proves that there typically is a significant methane content remaining under 1300°C due to slip and tar
decomposition reactions [69]. The outlet methane contents are therefore calculated as linear functions
from concentrations of 1/4 of the pyrolysis methane concentrations of 13.97v% and 5.85v% for fixed and
fluid beds respectively at 900°C to a Ov% concentration at 1300°C — see Equation 5. As an example, a partial
oxidation of volatiles from a fixed pyrolysis will yield 3.49v% CH..

1300°C—-T
1300°C — 900°C

vOl%CH4- =y-0. 25

Equation 5

4 Results and discussion

The main model results are given in Table 7 and detailed flow sheets are given in the Appendix. The cold
gas efficiencies are seen to be generally high and rival competing technologies (see Section 4.2). The
efficiencies are within 3% for each concept (Fixed, Slow, Fast) and POX temperatures are varying <125°C for
wood vs straw and £190°C for air vs oxygen for each system, which displays a relative convenient level of
process stability. It is also seen that the cold gas efficiencies are within 5%-points for each mode across
systems.

The POX temperatures are seen to be high and of all the concepts, only the POX temperature of the Fast
fluid bed was set to the minimum design value. The POX temperature of the other concepts was set based
on the heat required by the downstream endothermic char gasification. As seen in Table A6 (appendix), the
Fast fluid bed POX temperature causes the gasifier outlet temperature to be 70-90°C above the design
value for wood fuels and the ejector steam superheat becomes artificially low (as more heat is available in
the exhaust) for straw fuels, both of which in turn decreases the cold gas efficiency. The Slow fluid and
Fixed bed system POX temperatures are however very high and are by default (by implementing the design
values) 200-250°C higher than needed to accommodate the required reduction of tar. Hence, these
systems show some additional flexibility that enables the use of even less gas cleaning and possibly the use
of alternative applications that requires cleaner gases e.g. combustion engines.

It is also seen that the POX temperature difference between air and oxygen modes of 150-200°C matches
very well with the difference in tar requirements for SOFC and synthesis reactors (1050°C vs 1200°C).
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Some general tendencies regarding the efficiencies can be seen. As a relatively simple measure, the exhaust
temperatures can be evaluated. The temperatures averaged across the systems are 502°C, 404°C and
303°C for the Fast fluid, Slow fluid and Fixed bed system respectively and these are easily coupled to the
average efficiencies. The difference is namely found in the pyrolysis process and the POX temperatures.
While the Fixed bed pyrolysis consumes 4.60MW;, compared to 2.93Wy and 2.12W4, for the Slow and Fast
fluid bed pyrolysis’ respectively, the efficient heat exchange that cools the volatiles to 250°C (compared to
500°C for the fluid beds) enables splitting of the product gas and hence higher superheat of the ejector
steam. The difference between the Fast and Slow fluid bed exhausts is namely related to the constraint
that the POX should reach 1050°C and 1200°C. While the Slow fluid bed achieves these by default, the Fast
fluid bed system needs additional air/oxygen to reach these temperatures and hence it experiences a drop
in cold gas efficiency.

Using woody fuels with a high ash-sintering temperature significantly reduces the steam consumption as
less cooling is needed for the POX — this effect is studied in Section 4.1. These higher flows will lead to
system losses as the steam is added at 250°C and removed from the system (in the product gas) at =300-
500°C. This effect is present in reverse when comparing the oxygen-blown system, as steam is added at
700°C.

Wood Straw
Air Oxygen Air Oxygen | Average
efficiency
Fast fluid bed | Cold gas efficiency [%] 86.0 85.0 83.0 83.2 84.3
Blower consumptions [MW,] 0.80 0.64 0.78 0.61
Total efficiency [%)]? 84.4 83.7 81.4 82.0 829
POX temperature [°C] 1050 1200 1050 1200
Steam consumption 0.60 1.00 0.84 0.92
[kg-steam/kg-fuel(dry)]
Slow fluid bed | Cold gas efficiency [%] 86.6 87.2 84.2 84.9 85.7
Blower consumption [MW,] 0.81 0.70 1.21 1.10
Total efficiency [%] 85.0 85.8 81.8 82.7 83.8
POX temperature [°C] 1236 1413 1291 1454
Steam consumption 1.02 1.22 2.41 2.48
[kg-steam/kg-fuel(dry)]
Fixed bed Cold gas efficiency [%] 86.8 89.3 86.5 87.7 87.5
Blower consumption [MW,] 0.20 0.10 0.20 0.10
Total efficiency [%] 86.4 89.1 86.1 87.5 87.3
POX temperature [°C] 1395 1585 1339 1462
Steam consumption 1.34 1.41 2.04 2.05
[kg-steam/kg-fuel(dry)]

Table 7 — Main results from modeling.

4.1 Parameter studies

This section will investigate some key parameters from the modeling. The main focus will be on values
related to the significant ejector steam consumption. The investigations will deal with the Fixed bed system
as it is the system with the highest efficiency, but similar variations for the other concepts should yield
similar results.
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As the system is projected to use a variety of fuels that features a variety of ash composition, the maximum
allowable temperature in the gasifier might vary — depend on the degree of agglomeration. Other aspects
such as the use of anti-slagging additives or detailed fuel mixing might also raise the critical temperature.
This has been observed in two recent studies on fluid bed combustion straw versus co-combustion of straw
and sewage sludge. Fuel mixing of sludge (10-30wt%) and straw increased the initial deformation
temperature of the fuel ash from 750 °C in the straw fired system to 960-970 °C in the co-fired system,
while the agglomeration tendency was decreased and the defluidization time prolonged [81,82]. This
temperature is of interest as it will result on limited cooling demand from the ejector outlet gas —and
hence reduce the ejector steam consumption. The design gasifier inlet temperature is compared to a +50°C
scenario in Table 8. It is seen that by increasing the temperature, the steam consumptions significantly
decrease by 28% and 45% for wood and straw respectively. This indicates that straw could preferably be co-
fired with other fuels or additives which would increase ash melting and bed agglomeration temperatures.
Recent co-firing studies with straw have indicated that this may be achieved by mixing with fuels rich in
especially sulfur and phosphorus [81,82].

The pressure loss of the fluid bed gasifier is somewhat unknown as the system design has not been finally
specified. The loss is related to several aspects including bed height and gas velocity (fluidization regime)
[72] and both of these should be reduced if a lower pressure loss is desired. A varying pressure loss is given
in Table 8 and is seen to be less important than the maximum inlet temperature. For all cases shown in
Table 8, the efficiencies stays within 1% and POX temperatures within 30°C.

Gasifier max temperature  Gasifier pressure loss Steam consumption
[°C] [mbar] [kg-steam/kg-fuel(dry)]

Wood fuel, air

900 146 1.34
900 250 1.51
900 350 1.74
950 146 0.97
950 350 1.33

Straw fuel, air

780 146 2.04
780 250 3.06
780 350 3.47
830 146 1.13
830 350 1.72

Table 8 — Parameter study of the gasifier max temperature and pressure loss for the Fixed bed system using air and wood/straw

The carbon conversion is set to 95% as a design value and is typically a value that can be changed and
based on the system design. This value can however be significantly lower and are in the range of 80-95%
for most traditional fluid bed gasifiers [45]. While a higher conversion than the design value seems
unrealistic for a fluid bed system, lower rates might be feasible if it can simplify the system and/or provide
a valuable biochar product. Optimizing thermal conversion systems towards co-production of high quality
and high value biochar products may increase the product portfolio and economical robustness of the plant
[83]. Straw scenarios for the Fixed bed system are examined for varying carbon conversions because: 1)
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straw contains significantly more inorganics compared to wood and hence are more interesting from a
inorganic/nutrient perspective; and 2) has higher steam consumptions. From an agricultural perspective,
carbon conversion should be restricted to maximum 80-86% and the carbon rich ash/biochar returned to
the straw production site if the natural balance is to be maintained [84]. This will remedy some of the
negative effects of removing straw from the agricultural system, and such a compromise between energy
efficiency and biochar production can be beneficial in terms of long term soil productivity and the overall
climate change impact of an integrated wheat production and bioenergy system [84].

The carbon conversion has a significant effect on the process parameters as shown in Table 9. Every 5% of
decrease results in a cold gas efficiency loss of 3.5-4.0%, which will either increase the fuel consumption or
reduce the gas product, but possibly increase any profit from biochar sales.

The influence on the POX temperatures and subsequent ejector steam consumption are significant. The
POX is still able to maintain its high tar conversion at 80% carbon conversion and the steam consumption is
reduced by roughly 20-25% for every 5% decrease from the design value.

Carbon conversion POX temperature Steam consumption Cold gas efficiency
[%] [°C] [kg-steam/kg-fuel(dry)] [%]

Straw fuel, air

95 1339 2.04 86.5
90 1279 1.55 82.9
85 1221 1.11 79.2
80 1166 0.70 75.4

Straw fuel, oxygen

95 1462 2.05 87.7
90 1382 1.57 83.9
85 1307 1.12 80.1
80 1237 0.71 76.3

Table 9 — Parameter study of the carbon conversions influence on process parameters for the Fixed bed system using straw and
air/oxygen

As subjects for further modeling studies, two more design alternations could be made.

e Utilizing cooled product gas as the ejector motive fluid would drastically minimize the impact of
dilution and eliminate the steam consumption completely. This could be implemented by e.g. a
water quench and subsequent compression to a few bars. Alternately, wet fuels could be steam
dried and the steam could afterwards be used in the ejector.

e Pneumatically transport of char from the pyrolyzer to the gasifier could be implemented for the
fixed bed design. Using high velocity POX gas to transport the char would reduce the steam
consumption significantly, as the hot gases would cool via endothermic char gasification reactions
and hence reduce the ejector flow. Ashes are not expected to sinter, as they would be
encapsulated in the initial char matrix and hence limit sintering [85,86].

4.2 Evaluation and perspectives
The choice of which of the three systems are the best will naturally depend on the specific business case.
Initially the Fixed bed system looks the most favorable due to its high efficiency and reasonable steam
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consumption. The fluid bed systems do however have an advantage with regards to particle sizes, as they
will not necessarily require chipped, pelletized or briquetted fuel. This is a distinct advantage when
considering the discussed fuel flexibility and corresponding cost reduction. However, as the current market
dictates that wood is the primary fuel for gasifiers, the Fixed bed system is likely the currently best
performing plant. Preferably, the gasifier residues/biochar can be considered a product, which could justify
reducing the carbon conversion and hence a lower steam consumption. While a low pressure loss is
beneficial, a better mixed fluid bed reactor! might be more relevant, as the increased mixing could limit
agglomeration (allow a higher maximum gasifier temperature) and slightly increase carbon conversion. In
order to streamline the equipment dimensioning and processes, the carbon conversion could be slightly
lowered for straw to match wood operation. These conditions would cause steam consumptions in the
range of 1.0-1.4 for wood? and straw? with efficiencies around 84-88% and 76-80% respectively. At these
modified conditions the POX temperature will still be 21200°C across air/oxygen and wood/straw.

In order to assess the feasibility of the proposed systems, a comparison of the Fixed bed system, with the
modified values discussed above to current, relevant gasification technologies are presented in Table 10.
Compared to the Viking TwoStage gasifier, the performance is similar, but the design allows higher process
stability (easier pressure control in gasifier compared to the downdraft reactor) and much higher fuel
flexibility — that can result in reductions of costs up to 50% (Section 1).

Other fluid bed gasifier are seen to achieve a roughly 10% lower cold gas efficiency when using wood, while
also applying much more complex and expensive gas cleaning. When the Fixed bed system applies straw
the cold gas efficiency is similar to the other fluid bed gasifiers.

The LT-CFB gasifier achieves the same efficiency when including the high chemical energy content of the
tars. The LT-CFB is originally designed for co-firing in large steam power plants, but is currently limited
beyond this application because of the tar content. The designed systems in this study will be able to
process straw and utilize them in a variety of applications including combustion engines, gas turbine,
boilers and synthesis.

Process Fuels Gas cleaning? Cold gas Reference
efficiency
(dry)
Fixed bed system | Two-stage fixed and Wood, straw | Might need carbon Wood: This study
with modified fluid bed and more® filter in air-straw 84-88%
design values (chips/pellets) mode Straw:
(POX =1200°C) 76-80%
TwoStage Viking Two-stage Wood (chips) - 87% [7]
gasifier moving/fixed bed
LT-BIG Two-stage coupled Wood Carbon filter 81% [16]
fluid beds
Skive gasifier Turbulent fluid bed Wood Catalytic bed 77%¢ [87]
material, catalytic
reformer, scrubber
FICFB Indirect gasification, Wood Catalytic bed 55-75% [88][89]

1 As stated in Table 5, the design pressure drop of 146mbar is for minimum fluidization
2 Estimating 925°C, 250mbar pressure loss and 90-95% carbon conversion
3 Estimating 780°C, 250mbar pressure loss and 80-85% carbon conversion
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coupled fluid beds material, scrubber
MILENA Indirect gasification, Wood Catalytic bed 78% [47][90]
coupled fluid beds material, scrubber
LT-CFB Coupled fluid beds Wood, straw, - 80%* [49]
wastes etc.

Table 10 — Comparison of the Fixed bed system with modified design values and relevant gasification technologies. ?Particle
filter not included. *Fuel flexibility depends on agglomeration temperatures. “Assuming 40% gas-to-power engine efficiency [91].
9The low-temperature gasifier product gas has a very high tar content that constitutes up to 50% of the chemical energy, which
is included here.

5 Conclusions
This study has presented the findings of a product development study of the TwoStage gasifier. It was

desired to design a plant based on the TwoStage principles that featured upscaling potential, a high level of
fuel flexibility and was compatible with the grid-balancing Polygeneration concept. By investigating multiple
plant configurations using wood/straw fuels and air/oxygen the following conclusions can be made:
e Relatively high level of process stability can be obtained in spite of the varying conditions
e Very high partial oxidation temperatures of >1230°C for two of the concepts will ensure a very low
level of downstream gas cleaning
e Very high cold gas efficiencies of 83-89% across wood/straw and air/oxygen for the three different
systems displays the effectiveness of the overall concept idea
o A selected and modified design achieved a slightly lower cold gas efficiency (84-88%) with wood
and air compared to the TwoStage Viking gasifier, but outperformed competing gasifiers with
roughly 10%-points while having increased flexibility
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Appendix - model data

Fixed bed system

-’ e e = =

Straw: 730°C

Steam

250°C, 11bar

Ejector

Volatiles
250°C Prodgct gas
A
Y
1 __6_
|
|
Updraft @ _:
pyrolysis
700°C ]
P Fluid bed
Char gasifier
700°C
Wood or Wood: 900°C
straw Straw: 780°C
Partiel 3
> .
oxidation

Oxygen-steam

Rhyner U, Kienberger T, Zuber C, Schildhauer TJ, Rabou LPLM, Van der Drift B, et al. Synthetic
Natural Gas from Coal, Dry Biomass, and Power-to-Gas Applications. First edit. John Wiley & sons

Jenbacher type 6 gas engines n.d. https://powergen.gepower.com/products/reciprocating-
engines/jenbacher-type-6.html (accessed March 29, 2017).

Hofbauer H, Rauch R, Loeffler G, Kaiser S, Fercher E, Tremmel H. Six years experience with the FICFB-

Air
700°C 20°C
8
b o e o
Table Al - Fixed bed system product gas compositions and lower heating values
H» CO; Cco CH4 H20 N> LHV et LHVgry

[v%] [v%] [v%] [v%] [v%] [v%] [MJ/kg] [MJ/kg]

Air, wood 27.1 13.2 8.0 0.0 344 17.2 4.482 6.542

24




Air, straw 24.8 12.4 4.3 0.0 51.0 7.4 3.902 7.767

Oxygen, wood 32.2 15.3 8.6 0.0 43.9 0.0 5.783 10.47

Oxygen, straw 26.7 13.2 4.5 0.0 55.6 0.0 4.381 10.16

Table A2 — Data values

Data point ‘ Value ‘ Unit

Air-blown, wood

1 259 [°C]

2 328 [°C]

3 1395 [°C]

4 574 [°C]

5 300 [°C]

6 4.53 [MW]

7 2.57 [MWi]

8 0.76 [MWi]
Oxygen-blown, wood

1 259 [°C]

2 700 [°C]

3 1585 [°C]

4 571 [°C]

5 306 [°C]

6 4.53 [MW]

7 2.68 [MWi]

8 - [MWi]

Air-blown, straw

1 261 [°C]

2 285 [°C]

3 1339 [°C]

4 574 [°C]

5 300 [°C]

6 4.74 [MWip]

7 4.44 [MWin]

8 0.39 [MWq]
Oxygen-blown, straw

1 260 [°C]

2 700 [°C]

3 1462 [°C]

4 564 [°C]

5 305 [°C]

6 4.74 [MWip]

7 4.34 [MWip]

8 - [MWip]
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Slow fluid bed system

Product gas
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[
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Table A3 - Slow fluid bed system product gas compositions and lower heating values
H, CO, co CH4 H20 N, LHV et LHVary
[v%] [v%] [v%] [v%] [v%] [v%] [MJ/kg] [MJ/kg]
Air, wood 28.4 12.4 11.0 0.0 26.5 21.4 4.999 6.567
Air, straw 19.6 11.9 3.1 0.0 53.7 11.7 2.871 5.701
Oxygen, wood 33.6 15.2 10.8 0.0 40.4 0.0 6.318 10.75
Oxygen, straw 21.4 12.9 3.1 0.0 62.5 0.0 3.322 8.666
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Table A4 - Data values

Data point ‘ Value ‘ Unit
Air-blown, wood
1 538 [°C]
2 538 [°C]
3 1236 [°C]
4 538 [°C]
5 371 [°C]
6 2.88 [MWq]
7 1.53 [MWin]
8 1.76 [MWq]
9 0.68 [MWq]
Oxygen-blown, wood
1 538 [°c]
2 - [°C]
3 1413 [°c]
4 538 [°c]
5 461 [°c]
6 2.86 [MWi]
7 1.83 [MWi]
8 - [MWin]
9 0.70 [MWi]
Air-blown, straw
1 545 [°c]
2 578 [°c]
3 1291 [°C]
4 578 [°c]
5 367 [°c]
6 2.98 [MW]
7 5.48 [MWq]
8 1.83 [MWq]
9 1.12 [MWq]
Oxygen-blown, straw
1 545 [°C]
2 - [°C]
3 1454 [°C]
4 573 [°C]
5 415 [°C]
6 2.98 [MWin]
7 5.56 [MWq]
8 - [MWip]
9 1.12 [MWin]
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Fast fluid bed system
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Table A5 - Fast fluid bed system product gas compositions and lower heating values
H, CO, Cco CH4 H20 N> LHV et LHV4ry
[v%] [v%] [v%] [v%] [v%] [v%] [MJ/kg] [MJ/kg]
Air, wood 26.6 11.7 16.3 0.8 18.9 25.3 5.572 6.652
Air, straw 25.4 13.7 9.3 0.6 26.4 24.3 4,428 5.732
Oxygen, wood 32.0 15.5 13.7 0.2 38.6 0.0 6.454 10.40
Oxygen, straw 32.6 17.4 10.1 0.1 394 0.4 5.906 9.364
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Table A6 — Data values

Data point ‘ Value ‘ Unit
Air-blown, wood
1 537 [°C]
2 614 [°C]
3 1050 [°C]
4 614 [°C]
5 411 [°C]
6 2.11 [MWq]
7 1.19 [MWin]
8 2.06 [MWq]
9 0.83 [MWq]
Oxygen-blown, wood
1 536 [°C]
2 - [°C]
3 1200 [°C]
4 435 [°c]
5 557 [°c]
6 2.07 [MWi]
7 1.90 [MW]
8 - [MWin]
9 0.90 [MWi]
Air-blown, straw
1 531 [°c]
2 551 [°c]
3 1050 [°C]
4 306 [°C]
5 454 [°c]
6 2.13 [MW]
7 0.28 [MWin]
8 2.10 [MWq]
9 1.12 [MWin]
Oxygen-blown, straw
1 529 [°C]
2 - [°C]
3 1200 [°C]
4 235 [°C]
5 585 [°C]
6 2.14 [MWq]
7 0.0 [MWq]
8 - [MWip]
9 1.12 [MWin]
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Abstract

The TwoStage biomass gasification process has been developed for many years at the Technical University
of Denmark and efforts are being made to upscale the system to 10-100MW.. By applying the principles of:
1) separate pyrolysis and gasification, 2) high internal tar conversion, and 3) effective heat integration, it is
expected that large-scale systems with very high efficiencies capable of generating gas with very low tar
concentrations can be designed. Four designs are presented and subsequently modeled - two fixed bed and
two fluid bed designs. Build on assumptions based on previous experimental work, the results of the
modeling show very high cold gas efficiencies of 84.7-93.4% with very limited downstream gas cleaning to
obtain a near tar-free gas. This is significantly more efficient than several commercialized medium- and
large-scale biomass gasifiers while also applying simpler gas cleaning.

Keywords: Biomass, Gasification, Plant design, Thermodynamic analysis, Two-stage gasifier

1. Introduction
It is desired to design larger gasification plants in order to impact the transition to a green and sustainable

energy system via lower specific costs and larger capacities. Several larger gasification plants have shown
successful operation, but are associated with relatively complex gas cleaning of tars (if the gas is to be used
in a gas engine or fuel synthesis) and/or lower cold gas efficiencies in comparison to efficient small-scale
systems such as the TwoStage gasifier concept [1][2][3][4].

The TwoStage biomass gasification concept has been developed for many years at the Technical University
of Denmark. It is a staged gasification system with separate pyrolysis and gasification and a partial oxidation
(POX) in between. The process has been heavily investigated and documented at smaller scales up to
=1.5MW4, and has displayed its superiority to other systems within several aspects; especially the low tar
content of <15mg/Nm? [5][6][7][8] and its cold gas efficiency of 93% (wet basis) [5] are key parameters for
the system. The current TwoStage design uses an indirectly heated screw conveyer for pyrolysis, in which
hot product gas or engine exhaust (depending on design) heats up the wood fuel to 600°C through a metal
jacket. Following the pyrolysis, the gases are exposed to a POX with air that increases the temperature to
>1100°C. The hot products are then led through a downdraft char bed resting on a grate in order to gasify
the char. See Figure 1 for an overview of the TwoStage ‘Viking’ gasifier. The gasification concept is amongst
best performing systems available (see e.g. Table 4 or [9]), which is namely due to two design features: 1)
the combination of the separate POX and char bed causes the outlet tar content to be negligibly low and
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simplifies the gas cleaning greatly; 2) by converting tars internally and utilizing the sensible heat from
product gas/engine exhaust, the resulting cold gas efficiency becomes high and is state-of-the-art.
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Figure 1 - Flow diagram of the TwoStage Viking gasifier at the Technical University of Denmark with approximate tar
concentrations [1]

It is desired to upscale the TwoStage gasification process, but its current design might not scale well as the
currently applied reactor technologies are severely challenged both with regards to scaling and fuel
flexibility. The indirect heat transfer in the pyrolysis reactor is relatively inefficient and will either require a
very large heat transfer surface in a single reactor or multiple reactors, which is likely not feasible when
approaching larger scales — it is estimated that the feasible range is <I0OMW, with in the current design
constraints [10]. The downdraft char bed has its limitations with regards to operational control and fuel
flexibility, as build-up of fines can cause the pressure drop to increase steeply and either cause a low
carbon conversion and/or shut down of the gasifier. Thus the downdraft configuration has strict fuel
requirements and is dependent on very well-defined fuel such as wood chips if stable and efficient
operation is to be maintained.

1.1 Previuos TwoStage gasifier designs
The two-stage gasification concept has been designed for upscaling three times prior. Initially, an upscaling

from around 100kW to 1.5MW, was carried out during commercialization of the system — see Figure 2.
The other two upscalings were redesigns of the concept, for which both applied a fluid bed system with
two beds and a POX in between — both are seen in Figure 3. Hansen et al. [11] operated the system in
Figure 3 (left) in which fuel was fed into a bubbling bed pyrolyzer, fluidized by recirculated pyrolysis gas,
which proved to be an effective process without dilution or combustion losses from air addition. The
pyrolysis gasses was then led via a combustion chamber at 1025°C to a gasification reactor where it
fluidizes and gasifies the char in a sand bed [11]. The other system in Figure 3 (right), called Low-Tar
Biomass Integrated Gasifier (LT-BIG), described by Bentzen et al. [10], featured two fluid bed reactors
fluidized by superheated steam, where the pyrolysis gases were led via a POX zone at 1000-1100°C to the
gasification reactor bed surface where it contacted the char in a spout. At the spout, the hot POX products



mix with the char at 850°C. The system did however have a tar concentration of around 1g/Nm3 due to
poor contact [4]. It was however shown that the gasifier could produce a near tar-free product gas of
1mg/Nm? by using a bag filter and an active carbon filter [4], with a modelled cold gas efficiency around
81% [10].
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Figure 2 — Design of the upscaled TwoStage gasifier with screw conveyers for separate steam drying and pyrolysis, and a
downdraft char bed [9].
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Figure 3 - Fluid bed designs of upscaled TwoStage gasifiers. Left: two-stage fluid bed pyrolysis and gasification unit [11]. Right:
LT-BIG gasifier system [10].

This study seeks to address these issues and explore alternatives to the current design via implementation
of novel concepts and thermodynamic analysis. The framework of the designs is:

e Scalability of 210-100MW4 as this is the estimated current limit
e Air-blown operation with wet wood chips (50% moisture) for comparison with the current design
e Low tar content of the product gas of <1g/Nm?2 in order to limit gas cleaning



e Cold gas efficiency of 285% in order to compete with existing gasifier systems and previously
upscalings of the system

Through careful analysis and evaluation, four conceptual upscaled TwoStage gasifier designs have been
made. These are concepts and not polished or finally optimized designs, as this would require knowledge
on specifics such as product gas applications and economics. Hence this paper seeks to lay a developmental
foundation for the next generation of TwoStage gasifiers in larger scales and get insight into
thermodynamic mechanisms related to the presented designs. The paper presents the basis for design,
thermodynamically models of the concepts and evaluation on an energy and exergy basis.

2. Considerations and system designs

2.1 Design basis

The conversion steps of TwoStage gasification concept are: drying, pyrolysis, POX and char gasification.
These steps are utilized as the stepping stone for the development of the upscaled designs, which will

include novel takes on the physical mechanisms, heat integrations and reactor configurations. Based on
various analysis and creative sessions, the following configurations are suggested for the subprocesses.

Drying

Drying requires heat at relatively low temperatures and while it might be found within the gasification plant
(sensible heat in pyrolysis or product gas), the high moisture contents applied for this process makes
integration with exhaust from the product gas application (e.g. engine) more applicable — this is also
applied in current design in Figures 1 and 2. Drying has been shown to effectively integrate with excess heat
downstream from e.g. engine/turbine exhaust or synthesis reactors — as seen in previous modeling work on
the TwoStage gasifier [12][13][14][15]. In order to limit the study, drying will not be discussed in detail and
no reactor suggestions has been made — the suggested configurations for the pyrolysis would however
likely be applicable with lower temperatures.

Pyrolysis

Pyrolysis requires a heat amount corresponding to 4-7% of the input fuel-LHV [16] and is mainly complete
around 600°C, but only a negligible tar content remains in the fuel around 500°C [17]. Due to the
temperature match and coherence, the sensible heat in the product gas should be applied. This can
effectively be done at large scales via direct heat transfer via a heat carrier. It is suggested that this could be
via recirculated pyrolysis gas or by making the process steam-blown —in the latter case, utilization of drying
steam would be an obvious opportunity. If multiple fluid bed systems are applied, the heat requirement
can also be supplied by hot bed material flowing from the gasification to the pyrolysis reactor.

Partial oxidation and char conversion

The POX serves two agendas: secure sensible heat sufficient to convert the char and convert tars. The
necessary amount of air/ temperature in the POX should therefore be partially determined by the char
yield from the pyrolysis unit, which cause larger yields to require higher temperatures and more air. The
temperature should naturally consider the char reactor, which will have outlet condition requirements to
secure sufficient char reactivity and conversion throughout the reactor, and temperature constraints
related to the fuel ashes and materials. Sufficent conversion of char will depend on several factors including



residence time, fuel, reactor etc., but a limit is set at 750°C [18][19] and >5vo0l% steam based on the
research groups experiences and estimates.

Partial oxidation and tar conversion

POX is an effective measure to remove tars and often 95-99% of the tars can be converted under proper
conditions. As seen in Table 1, the tar concentration can be reduced to 1.0-1.2g/Nm? after at the
conditions of the current TwoStage and the LT-BIG design (=1100-1200°C). The table also show that the tar
level is approaching negligible levels at 1300°C and above. If high temperatures effectively, the pyrolysis
gases should be diluted as little as possible.

Temperature Stoichiometric air Tar content Reactor conditions Reference

[°c] ratio [mg/Nm?3,dry]?
900 0.5 115 POX [20]
900 0.34 960 POX [21]
900 - 2844 POX [22]
1050 0.4 ~846° POX [23]
1100 0.34 1000 POX [24]
1100 - 1150 POX [25]
1100 0.5 1200 POX [26]

1100-1200 - 1220 POX [27]

1200-1300 - =100 POX [25]
1000 0 5000 Thermal treatment [20]
1100 0 8000 Thermal treatment [24]
1200 0 385 Thermal treatment [28]
1250 0 50 Thermal treatment [28]

Table 1 - Overview of experimental partial oxidation and thermal treatment studies. 2Based on 2.6nm3/kg gas production from
biomass, as for the TwoStage gasifier [26]. PEstimate.

After the POX, a second conversion step for tars should be implemented, which can be either in the
gasification bed or in a separate reactor. In current TwoStage design, the partially oxidized gases are led
through the char bed, which couples well with partial oxidation as the char can convert heavier tars that
form at the high POX temperatures [26][29][30]. Tar reduction over char is proven for fixed beds where 95-
99% of the tars can be converted at 850°C and 0.3-1.2 s of residence time [26][29]. In fluid beds, char is
relatively unproven, as it exhibits low mechanical strength and suffers from a high attrition rate. But tests
with fluid beds by EI-Rub et al. [29] with char as the only bed material have shown reductions of 70-80%
when naphthalene was employed as a synthetic tar at 900°C. Bubble formation that prevented tar-char
mixing was thought to be the main reason for the relatively low tar conversion.

Two cheap and proven alternatives to char is suggested: dolomite and olivine. Dolomite is a cheap mineral
rock, CaMg(COs), [31] that in fixed bed reactors can convert 95-99% of the tars at 800-900°C at similar
residence times as for char [31][32]. It is also shown by e.g. Vassilatos et al. [33] that naphthalene is
reduced up to 99% at 900°C. As it is for char, attrition is a challenge in fluid beds that therefore requires
continuous feeding of dolomite to the reactor and increased dust cleaning equipment [34].

Oivine is similarly a cheap and widely applied mineral rock, (MgFe),SiO4 [29]. Compared to dolomite, it has
a lower, but still high catalytic activity at >800°C. It has a significantly higher mechanical strength than
dolomite and char, and compares to that of sand [34] and is therefore a preferred catalyst for fluid bed.



Olivine might however not provide high reductions of heavier tars such as naphthalene, as Devi et al. [35]
reported that olivine only reduced naphthalene 50-80% at 900°C and a residence time of 0.3 s.

The conversion steps can hence be schematically summarized into Figure 4.
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Figure 4 — Design basis for system design, shown as process diagram with process temperature ranges. Tar reduction can also be
applied prior to or after the char gasification step.

Reactors
Based on a broad analysis of reactors in the >10MW.,-range, it is suggested to apply these reactors in the
concepts: fixed bed downdraft and updraft, and fluid bed. Only a very short overview is given here.

Fixed beds offer very high gas-solid contact that is favorable for high tar and char conversion. Some of the
drawbacks are limited tolerance to fines and at larger scales: 1) securing decent fuel distribution in the
reactors and; 2) managing a potentially large grate area. While updraft reactors has been upscaled to
hundreds of MW, with coal, pressurization and use of oxygen [36][37], biomass-based systems should
scale in the range of 5-90MW;, being suggested [38]. Downdraft reactors can be very efficient when
coupled with a partial oxidation as tar and char conversion rates are very high at the entry point of the bed
because of the high temperature. The main disadvantage of downdraft beds is their high intolerance to
fines, as these can build up and cause large pressure drops. Updraft reactors are efficient as they has the
advantage of processing the fuel in efficient countercurrent flow and being more tolerant to fines than the
downdraft. At higher inlet temperatures, ash sintering and grate construction has to be considered, as the
combination of physical and thermal stresses can cause mechanical collapse. A maximum inlet temperature
should be set based on limited sintering, expected lifetime and stability — 950°C is suggested as feasible for
this study.

In fluid beds, the fuel is processed in a bed with a large thermal capacity and it offers a very high level of
mixing that a high process control. This enables the bed to process a wide range particle sizes and fuels
[39], and allows scaling up to hundreds of MW, [38]. Wood-based fluid beds operate typically at <900°C as
the bed material can initiate agglomeration at this point [4][39][40][41]. The key drawback, as touched
upon in the tar conversion-section, is the lesser gas-solid contact compared to fixed beds. This is namely
due to the higher velocities and (potentially) bubbles in the beds, that causes char attrition and some
degree of tar slip in the bubble phase [29]. This causes the carbon and tar conversion to be lower than fixed
beds.



2.2 System designs
It was chosen to analyze two fixed and two fluid bed designs to effectively investigate the upscaling

possibilities. Initially, the basic designs and constraints are discussed. Note that a steam dryer will be
implemented, but are not shown here in the gasifier-centric design phase.

The fixed bed designs are shown in Figure 5. Both concept are based on a novel updraft pyrolysis reactor
with gas recirculation that was identified as a promising subproces [11][42]. The countercurrent flow and
recirculation of gas enables: 1) an effective heat exchange between gas and fuel; 2) does not cuase dilution
of the pyrolysis gas and; 3) enables the use of various heat sources. The fuel is fed at the top of the reactor
and is then processed through the reactor to at least 500°C to secure tar release [17]. The produced char is
then transported to the gasifier, possibly with a screw conveyer. At the top of the pyrolysis reactor, it is
vital that the temperature is high enough to suppress tar condensation — 250°C is chosen based on previous
tests [42] that showed stable operation of a similar reactor at that temperature. Should the tars condense
they will either form deposits on the reactor walls or the fuel, and can in turn form aerosols that can
damage downstream equipment. The gaseous components from the reactor are then led through a blower
that should overcome the pressure drop associated with the bed.

The Downdraft concept on Figure 5 (left) is primarily generated as a link to compare the current TwoStage
gasifier design with the other systems, as it does not address the issue of increased fuel flexibility. At the
top of the downdraft char reactor, a POX with preheated air will convert most of the tars and provide the
necessary sensible heat for char conversion. This concept is expected to perform nearly identical to the
current TwoStage gasifier. The Updraft concept on Figure 5 (right) is interesting as it more tolerant to fines.
It does however have its limitations with regards to maximum inlet temperature to the char reactor at the
grate. As a solution, a steam ejector is implemented to recirculate product gas to the hot POX gases before
the gasifier grate via pressurized steam. This will ensure cooling for the grate and provide an increased
steam content that will promote gasification reactions. The ejector does however also carry a penalty as a
relatively ineffective component that has a significant heat demand for steam generation, but this will be
limited as the pressure drop across the gasification reactor will be relatively low. With a high-temperature
POX and subsequent high tar conversion from 950-750°C in the char bed, tar concentration are expected to
be in the same range as the Downdraft concept.
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The designs for the fluid bed concepts are shown in Figure 6. As fluid bed reactors has significant
advantages, it is desired to analyze if the proposed Updraft concept can be designed with fluid bed reactors
and still maintain high efficiency and tar conversion — see Figure 6 (left). Fluid beds do however have a
much higher pressure drop than fixed beds, which will increase blower consumption, as well as the steam
consumption of the ejector. The pyrolysis reactor should operate at 500°C to ensure tar release, but this
means that the gas entering the blower will be similiarly hot. This will stress the blower and will require
specialized equipment?. After the pyrolysis, the gases are led to a POX, and then cooled by recirculated or
other gas to 900°C to avoid agglomeration and sent through a fluid bed char gasifier. A steam source could
prove to be more efficient for POX cooling than an ejector, as the larger pressure drop over the fluid bed
will cause a high ejector steam consumption. The char transport from the pyrolysis reactor to the
gasification reactor will likely be through a loop seal or similar that will transport the top char-rich layer
with a minimum of sand as discussed in e.g. [43] — as a simplification this concept will not include bed
material/heat transport between the reactors and hence assumes that pure char is transported to the
gasifier.

In a more simple fluid bed design (Figure 6, right), the pyrolysis reactor is designed as a steam-blown fluid
bed in order to avoid high-temperature blowers. Due to the increased heat capacity/steam content of the
pyrolysis gases, the POX will be carried out at 900°C and led through a fixed dolomite bed in order to
convert tars effectively and avoid cooling prior to the gasifier. This pyrolysis configuration will however
have a relatively high steam consumption due to the smaller temperature difference from 700-500°C (heat
exchange assumed limited by a 50°C pinch point between product gas at 750°C) and thus circulation of bed
material between gasifier and pyrolyzer might very well be a more effective solution to limit the steam
flow. The amount of bed material circulated should be a compromise between available downstream heat
for steam generation and the heat demand for char gasification. Based on previous tests with POX
[26][23][44][22], the tar concentration is estimated to 2-3g/Nm3 at 900°C, and by assuming a 99% tar
reduction over the dolomite bed a concentration around 20-30mg/Nm? is achived in the product gas.
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Figure 6 — Fluid bed designs. Left: Fluid bed recirculation concept. Right: Steam-blown fluid bed concept. Note that a drying
system is not shown.

1 Examples of high-temperature blowers can be found e.g. [66][67]



3. Modeling

The systems and all there components were modelled using zero-dimensional components in the DNA
software [45][46]. Assumptions for the systems are listed in Table 2. The modeled systems are evaluated on
their cold gas efficiencies, 1.4, and total effiencies, 7;ytq1, as seen in Equation 2 and Equation 3 — where PG

denotes product gas and W is the electricity consumption of blowers.

Fuel Wood chips with 50% moisture

Steam dryer Inlet steam temp. 250°C, outlet steam temp. 120°C, 4wt% of the moisture
remains in liquid state in the fuel (corresponding to a fuel moisture of 3.8wt%,
pressureloss is 30mbar [42]

Pyrolyzer Heat loss = 1% fuel input LHV, fixed bed pressure loss = 30mbar [42], fluid bed
pressure loss = 146mbar?, fixed and fluid bed volatiles are assumed to have a
H, content of 20v% and 10v% respectively [44][47]

Gasifier Heat loss = 1% fuel input LHV. Assumes that the water-gas shift reaction is in
equilibrium at the outlet temperature. Carbon conversions are 99% and 95%
for fixed [18] and fluid bed [19][40] models respectively. The methane content
in the gas from the POX is assumed inert through the gasifier. Similar to the
pyrolyzer the pressure loss is 146mbar?

Bed material The flow is modeled as a heat flow from the gasifier to the pyrolyzer assuming

recirculation that the bed material is sand (c,=0.83kJ/(kg-°C)) and that the heat flow can be
estimated via the temperature difference of the beds (outlet temperature).

Ejector Assumed efficiency of 20% and 11bar motive pressure [48] and calculated via

Equation 1 [49] ( States 1 and 2 are the motive and gas fluid respectively and 3
is the resulting)

Heat exchangers 50K pinch point, 10mbar pressure loss, no heat loss

Blowers 40% isentropic efficiency, 95% combined mechanical and electrical efficiency

Table 2 — Main modeling parameters. 2Calculated for a minimum fluidization conditions for a sand (density = 2600kg/m3) bed
height of 0.95m with a distributor loss of 20%[40], voidage fraction of 50% [43] and a temperature of 700°C.

flos = Vzpzln(Pa/Pz)
T V(P = Py)

Equation 1

Mpg " LHVpg

Neg = 77
4 Meyer LHVfuel
Equation 2

thpg - LHVpg — W
Ntotal =

mfuel ’ LHVfuel
Equation 3

3.1 Steam dryer
To optimize the systems, a steam drying unit is applied to all systems. The steam dryer features a loop of

superheated steam at 250°C that heats the fuel to 120°C and evaporates the moisture using a screw
conveyer, fixed bed, rotary drier or similar. By keeping these temperatures, only a few percentages of the
organic matter will contaminate the steam [50]. The necessary heat for drying is not accounted for in these



designs, as it is expected that sufficient excess heat is available from the downstream gas conversion (e.g.
gas engine or synthesis reactor) — this has been shown feasible up to 70% moisture in similar/related
modeling studies [13][15][51].

3.2 Pyrolyzer

As the conditions are typically different in fixed and fluid beds, with slow and fast pyrolysis respectively, the
pyrolysis model is adjusted to either fixed or fluid bed. The fixed and fluid bed processes are based on tests
in [52] and [53] respectively, and compositions of biomass and char for the given studies are shown in Table
2. The composition of the released volatiles are calculated based on char yield and composition, by using
mass balance for C,H,O,N and by assuming that pyrolysis is a balanced reaction (heating value in = heating
value out).

Tars were not modeled as specific components of the volatiles, but are represented by methane (CH,4) and
n-hexane (CsH14) — other compounds could have been chosen as well, but the study is simplified to these.
The composition of the volatiles is therefore not the real gas composition, but a composition with the right
heating value that satisfies the above mentioned atomic balances.

C H 0] N S Ash Char yield HHV (dry)
[wt%] | [wt%] [wt%] | [wt%] | [wt%] [wt%] [wt%] [MJ/kg]

Fixed bed

Beech 48.1 6.40 44.8 0.08 o* 0.62 25 18.3

wood

Char 90.7 2.10 4.53 0.22 o* 2.45 - 33.6
Fluid bed

Beech 51.3 5.7 40.5 0.21 0 2.29 12 19.0

wood

Char 57.0 3.30 20.3 0.40 0 19.0 - 20.9**

Table 3 — Measured composition of biomass and char for fixed and fluid bed pyrolysis. From [52] and [53]. *Under detection
limit. **Calculated based on chemical composition via Equation 4 [54].

HHV = 0.3491C + 1.1783H + 0.1005S5 — 0.10340 — 0.0151N — 0.02114 [M] /kg]

Equation 4

3.3 Partial oxidation
The POX is simulated via a premixing of reactants and a subsequent gibbs minimization reactor that

produces a gas flow at a specified equilibrium outlet temperature — method described in [14][55]. The
methane content after POX is calculated based on: 1) the methane content from pyrolysis, which is
measured for dry pyrolysis gas to be 13.97vol% and 5.85vol% for slow and fast pyrolysis respectively [47],
and 2) the temperature of the POX. Instead of calculating the methane content after POX directly, the
methane content of the dry gas from pyrolysis is adjusted based on Equation 5. The adjusted methane
content is then assumed inert through the POX. The equation results in a maximum slip of methane of 25%
at a POX temperature of 900°C, and then a liniear reduction of the slip until the temperature reaches
1300°C [28][44]. At a POX temperature of 1300°C and above the methane content after POX is assumed to
be zero.

1300°C—-T

Worya =y 0.25 —o o -
voldcns =y 1300°C — 900°C

10



Equation 5

, ¥ is the methane content after pyrolysis (13.97vol% or 5.85vol%), T is the POX temperature which is
defined between 900 C and 1300°C.

3.4 Gasifier

The char and POX gases are led to the gasification reactor, where the carbon conversion and outlet
equilibrium temperature are given as input. The gas composition is calculated by chemical equilibrium via
the water-gas shift reaction.

3.5 Auxiliary equipment
Pumps needed for pressurization of water for ejector and beds are neglegted, as their power consumption
will be very small.

The particle filters and the dolomite bed (used in the Steam-blown concept) is assumed to be
thermodynamically inert components with no heat flows, pressure drops, mass flow seperation or
reactions taking place in the model. All fluid beds are assumed to be equipped with cyclone separators and
are not shown — it is however assumed that the fluid bed concepts will require additional particle
separation of the product gas following the heat exchangers (either via high-temperature ceramic filters or
low-temperature bag filters).

3.6 Exergy

The exergy is calculated using the DNA software and is based on the method described in Bejan et al. [56].
The exergetic efficiencies for the gasifier system, 1., is described by Equation 6 — PG denotes productgas
and Esteam_dryer is the exergy flow of the steam coming from the dryer. If it is assumed that saturated
steam (instead of 20°C water) is available from the downstream equipment, then an exergetic efficiency,
Nex,evap, €an be formulated via Equation 7 2.

The reference state is Tp= 20°C and po = 1bar. The exergy of the heat flows to or from the fluid, EQ, in the
heat exchangers are estimated via the carnot efficiency at an average temperature T, of the fluid at the
(in- and outlet) and the reference state Ty [57] — see Equation 8.

_ Epg
Tex = o ¥ Epower + Eair + Evater + E
fuel power air water steam,dryer
Equation 6
_ EPG
Nex,evap =

Efuel + Epower + Eair + Esteam,dryer + Esteam,ext

Equation 7

2 This efficiency is added because the Updraft concept needs additional steam (besides that from the dryer) to drive its
ejector. As the concept cannot generate the steam within the boundaries, saturated steam is supplied. The Steam-
blown concept also requires additional steam, but can provide the necessary evaporation heat. This efficiency will
therefore make these two concepts directly comparable, as it will substract the relatively large losses associated with
the evaporation process in the Steam-blown concept, and allow them to compete on equal terms.

11



EQ=Q(1— TO)

Tave

Equation 8

4. Results and discussion

4.1 System performance
The 4 systems were modeled and optimized with regards to cold gas efficiency. The resulting flow sheets

can be seen in Figure 7-10. Product gas compositions and efficiencies are given in Table 4 and Table 5,
respectively.

The highest performance is achieved by the Downdraft and Updraft concepts, which is namely due to their
expected due to their higher carbon conversion, input temperature tolerances and effective updraft
pyrolyzer heat exchange. The updraft heat exchange lowers the recirculated flow significantly, which
combined with the lower pressure drop and temperature results in 4-7 times lower blower consumption
compared to the Fluid bed recirculation concept. The POX temperatures are high for both fixed bed designs
and will for the Downdraft concept result in almost complete conversion of tars prior to the gasifier. If
required, the POX temperatures can be modified by adjusting the steam purge of the dryer. This effect
enables the use of alternative gasification reactor types (e.g. fluid beds) that might not obtain the same tar
conversion, but has other operational advantages. It is seen that the cold gas efficiencies of both fixed bed
concepts are similar to that of the current TwoStage gasifier.

The Updraft concept has a penalty with regards to inlet temperatures of the gasification reactor and the
cooling driven by the ejector is seen to be very energy intense because of a high steam consumption. The
heat required to generate the ejector steam corresponds to approximately a third of the steam dryer heat
consumption. However, the evaporation heat needed by the ejector can be removed in several ways: 1) by
redirecting the drying steam so that it cools the POX gas prior to the ejector, which will allow the product
gas to generate the necessary steam, but reduces the cold gas efficiency by 3.1%; 2) by compressing the
drying steam and using it as the automotive fluid in the ejector, which increases the cold gas efficiency by
1.8%, but also requires 0.7MW. consumption and a specially build compressor 3; 3) by utilizing
downstream, cooled and slightly compressed product gas as the ejector motive fluid. The heat needed for
ejector steam generation is however assumed to be available in the downstream equipment as assumed
for the steam dryer (see Section 3.1), but the chosen scenario should depend on the specific application
applied. The high external heat demand of the Updraft concept could impact the total plant efficiency if the
downstream gas conversion (to electricity or fuel) produces to little waste heat to cover the demand.

3 The compressor is assumed to utilize drying steam at 120°C and a discharge temperature of 350°C at 5.2bar
(example shown in [68]) with an isentropic efficiency of 80%.
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Figure 7 — Model of 50MWy4, (dry basis) Downdraft concept with relevant state values.
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Figure 8 - Model of 50MWy, (dry basis) Updraft concept with relevant state values and energy flows

The Fluid bed recirculation concept is seen to achieve a lower cold gas efficiency than the Updraft concept.

And while no additional heat is needed - as the drying steam is sufficient for cooling the POX gas — the

13



system is especially limited by the pyrolysis unit. The applied temperatures here stresses the blower,
require a large recirculating flow of gas and causes the product gas temperature to be higher than the
750°C that is applied in the other designs — all of which will lead to lower efficiency. Due to the lower char
yield, the POX is significantly cooler than the fixed bed concepts. It is estimated that the tar concentration
will be between the ones used for the Updraft and Steam-blown fluid bed concepts: 1.2-2.0g/Nm3. Hence it
is suggested to utilize olivine in the char gasifier bed in order to reduce the tar content — a conservative
50% tar conversion is projected [35], which will result in 0.6-1.0g/Nm? that can be removed by using e.g.
active carbon filters as shown with LT-BIG concept [4] or a guard bed as proposed with the Steam-blown
concept below. In order to heighten the POX temperature, measures to increase the char yield could be
considered. The efficiency of the concept could be improved by preheating the steam used for quenching:
heating to 380°C by heat exchange with the product gas, increases the cold gas efficiency by 0.5%-points,
but is not chosen in order to lower costs/complexity. The product gas do contain enough energy to provide
the necessary heat for evaporating the quenching steam (=2.3MW4, can be found by cooling to 179°C),
which could cause the concept to utilize fuels with lower moisture contents or by using dry fuels and
removing the steam dryer. It should however be noted that a certain tar level is expected, which could limit
the use of low-temperature heat exchangers.

The Steam-blown fluid bed concept differs from the other concepts, as no gas recirculation or high-
temperature POX is applied. This high steam content causes the heat flows within the systems to be high.
The high steam flow is however beneficial when applying tar catalysts and converting char, but causes
significant losses in the heat exchange. This is especially true for the unmatched temperatures in the
evaporator. In order to minimize the steam flow, the concept is optimized by letting a heat flow run from
the gasifier to the pyrolyzer — which is achived by bed material (sand) circulating between the two reactors
— where the sand temperature is assumed equal to the product gas temperature. The high steam
requirement might be covered entirely by the steam dryer if a fuel with sufficient moisture is used. The
Steam-blown concept achieves the lowest cold gas efficiency, but because of the lack of a high-
temperature blower, the total efficiency is in range of the Fluid bed recirculation concept. If the electricity
consumption in the Fluid bed recirculation concept is converted to chemical energy by assuming a 50%
electric efficiency, the total efficiencies of the two fluid bed concepts are practically equal. The Steam-
blown concept could therefore be relevant to use in a large highly efficient power plant, because of the
more simple design compared with the Fluid bed recirculation concept.
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Downdraft 29.2 0.0 29.0 6.5 30.0 5.0 7.27 7.61
Updraft 28.2 0.7 9.0 13.5 16.2 32.2 5.07 7.20
Fluid bed 26.9 0.9 24.6 8.8 29.5 8.9 6.63 7.16
recirculation
Steam- 25.5 1.0 8.9 13.9 20.2 30.2 4.65 6.33
blown fluid
bed
Table 4 — Gas compositions and LHV’s for the 4 designs.
ncg Ntotal Nex nex,evap
(%] [%] [%] [%]
Downdraft 934 92.1 84.9 84.9
Updraft 92.6* 91.1* 84 .4* 84.4
Fluid bed recirculation 87.9 85.2 81.5 81.5
Steam-blown fluid bed 84.7 83.4 79.6 80.9

Table 5 — Cold gas, total and exergetic efficiencies of the concepts (see definitions in section 3). All concepts assume that low-
temperature heat for drying is availbale from downstream gas conversion (to electricity or fuel) *The updraft concept assumes
that additional low-temperature heat is availbale from downstream gas conversion to satisfy the steam consumption of the
ejector.

4.2 Exergy analysis

An overview of the exergy flows are shown for each concept in Sankey-diagrams in Figure 11 and the
exergy efficiencies were given in Table 5. If the concepts are ranked in terms of exergy efficiency, it can be
seen that the Downdraft concept has the highest efficiency and the Steam-blown fluid bed the lowest. This
is the same order as when ranking the concepts in terms of energy efficiencies. It is however seen, that if
the Steam-blown fluid bed is allowed to use externally generated steam as the Updraft concept, then the
two fluid beds are practically equal (1¢x evap)- This stresses the need to: 1) optimize the water evaporator
heat exchange; or 2) limit the use of steam by adding heat to the pyrolysis unit in alternative ways for the
Steam-blown concept. Comparing the exergetic efficiencies for all the systems, the ash/char fraction from
the gasifier is seen to be the key factor, as the fluid bed concepts have a efficiency penalty of around 3.3%
compared to the fixed beds because of the lower carbon conversion (99% vs 95%). Thus, if char is
considered a valued product the efficiencies are practically equal across the four concepts.
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Figure 11 — Sankey diagram of exergy flows in the concepts. Losses and heat flows under 1% not shown. Note that the visual
scaling of the recirculating volatiles in the Fluid bed recirculation concept (c) has been modified to compress the figure.

The three main losses in all of the concepts are the pyrolyzer, POX and gasifier which are responsible for
89-95% of all losses. The efficiency (inputs to outputs) for all three subprocesses are shown in Figure 12. It
is clear that most of the exergy is destroyed in the POX. While the Downdraft concept provide the lowest
POX efficiency, the fixed beds achieve lower absolute POX losses, due to smaller gas flows (via lower
volatile yield) through the subprocess. This indicates that pyrolysis gases should be diluted as little as
possible prior to the oxidation and that a higher char yield could prove more feasible.

The fluid bed pyrolysis is seen to be slightly more effective than the fixed bed version, likely because of the
larger fuel conversion that the high heating rate causes.

The gasifier losses of the fixed beds are minor compared to the fluid beds, as the realtively small difference
in carbon conversion and reactor types are seen to be the determining. Thus it will be up to the operator
whether the ash/char is considered a product or not when evaluating the gasifier systems.

99,0% 99,1%

m POX efficiency
E Pyrolyzer efficiency
M Gasifier efficiency

Downdraft Updraft Fluid bed recirculation Steam-blown fluid bed

Figure 12 - Exergetic efficiencies of selected subprocesses

4.3 Perspectives
The 4 concepts are designed for medium to large scale (10-100 MW4), for high cold gas efficiency with

limited gas cleaning requirements. The concept efficiencies, expected tar concentrations and complexity of
gas cleaning are given in Table 6 and compared with the Viking gasifier, LT-BIG and relevant medium- and
large-scale state-of-the-art gasifiers. The designed concepts, along with the Viking gasifier, are seen to have
a cold gas efficiencies that are 6-22%-points higher, while only applying little gas cleaning. The Steam-blown
and the recirculation fluid bed concepts outperform the other direct air-blown fluid bed gasifiers: LT-BIG
and Skive — of which the Skive gasifier utilizes extensive gas cleaning, but on the other hand only employs a
single reactor for fuel conversion. The indirect gasifiers MILENA and FICFB produces a nitrogen-free product
gas, but with the penalty of significantly lower efficiency and more complex gas cleaning. The Carbo-V
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process is build on some of the same principles as the TwoStage gasifier by using separate pyrolysis and
gasification and a POX, but lacks the heat integration by not using the hot product gas for heating the
pyrolysis. While the designs does not compare directly to several of the state-of-the-art gasifiers, the
developed designs can be technically feasible for the medium-large-scale market.

Neg Tar content Gas cleaning Reference

Downdraft 93.4% 0.1mg/Nm?3 e Particle filter This study

Updraft 92.6% 0.1mg/Nm?3 e Particle filter This study

Fluid bed recirculation 87.9% 1mg/Nm?3 e Active carbon filter This study
e Particle filter

Steam-blown fluid bed 84.7% 4-6mg/Nm? e Dolomite reactor This study

e Particle filter

TwoStage Viking gasifier 87-90%° 0.1mg/Nm?3 e Particle filter [5][58]
(moving and fixed bed)
LT-BIG (fluid beds) 81% 1mg/Nm3 e Active carbon filter [15]
e Particle filter
Skive gasifier (fluid bed) 77%" Dew point <30°C | e Dolomite bed material | [59]

e Tar reformer
e Particle filter
e Scrubber

MILENA gasifier (fluid 78% 25-63mg/Nm3 e C(Catalytic bed material [60][61]
beds) e Scrubber

e Particle filter
FICFB (fluid beds) 55-75% 20mg/Nm? e (Catalytic bed material [3][62]

e Scrubber
e Particle filter

Carbo-V (moving bed and 49°-71% Below detection | e Scrubber [63]
entrained flow) limit

Table 6 — Comparison of cold gas efficiencies and gas cleaning of the TwoStage gasifier concept to relevant medium- and large-
scale systems. Tar concentrations and dew points are after gas cleaning. 2Experimental data (dry basis). "Based on 19.5MWy, and
6MW, assuming 40% gas-to-power engine efficiency [64].

While the fixed bed concepts achieve the highest performance parameters and the Updraft concept has
some fuel flexibility with regards to particle size, the fluid bed concepts will be much more fuel flexible and
are therefore of special interest for further optimization, as especially medium-scale (and possibly large-
scale) systems will likely require local and low-value biomass to be competitive [65]. Especially if the
ash/char is considered a valued product.
As the gas quality with regards to tars and inorganics is expected to be relatively high when using wood, the
gas is most likely suited for processes that require such a quality, such as chemical synthesis, fuel cell and
gas turbine/combined cycle plants. In order to gain more insight into the market possibilities and
applications it would be ideal to investigate the concepts further. Points of interest are:

e Providing a higher level of detail of the physical design: char transport mechanisms between

reactors; dimensioning of reactors etc.
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e Converting the concepts to oxygen-blown operation to avoid nitrogen dilution which lowers the
cost of liquid fuel synthesis and enables production of synthetic natural gas.

e The technical feasibility of using alternative and cheap fuels with low ash-sintering temperatures
such as straw.

5. Conclusions
Designs of upscaled TwoStage gasifiers with very high tar conversion and efficiencies has been presented,

modeled and evaluated on energy and exergy basis. With relatively simple measures and components, the
4 concepts have shown excellent efficiencies including cold gas efficiencies of 84.7-93.4% and low expected
tar levels using only limited gas cleaning. Especially interesting is the 1) favourable performance of pyrolysis
applied with gas recirculation that allow an effective heat exchange between fuel and product gas, while
minimizing dilution of the pyrolysis gas; and 2) the integration of a steam drying unit that can either
function as a fluidization medium or partial oxdation quench and allow effective heat integration and high-
temperature tar conversion, respectively. The use of partial oxidation is a very effective meaure to reduce
tars and the hot gas is effectively used for the endothermic char conversion, which also reduces the tar
content even further. Several options for integrating the hot product gas in the pyrolysis and partial
oxdidation has been presented, with the use of drying steam or recirculated gas proving to be effective.
The 4 designs are still in an early development phase, but an overview of large-scale state-of-the-art
gasifiers indicates that the high-performing systems can be technically feasible in the medium- and large-
scale market.
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